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Summary

The feasibility of direct DME synthesis from biogas conversion as a small scale 

energy storage system was studied. Anaerobic digestion (AD) of grass silage was 

used as a feedstock for production of biogas and it was found that grass silage has 

high affinity for methane enriched biogas. A mathematical model was developed to 

investigate the effect of operation conditions in reforming of this biogas and it was 

found that flexible H2/CO ratios can be produced by controlling the O2/H2O ratio. 

The syngas produced from the above model was used to develop a mathematical 

model for direct DME synthesis. The water gas shift reaction was studied over 

CuO/ZnO/Al203 (CZA) and 1 % Au/CeZr04 catalysts and it was found that the gold 

based catalysts are superior to the copper based catalysts for low temperature WGS. 

The kinetics of the WGS reaction over fresh gold based catalyst and the deactivation 

kinetics model was then studied. It was found that the best fit of the experimental 

data was the surface redox kinetic model with surface oxidation as rate limiting step 

and water induced deactivation. Methanol synthesis was studied over a series of 

catalysts (CZA, Cu/Ce02, CuO/MnO/ZnO, 1% Au/CeZr04 and 5% Pd/AhC^) at 

different operating conditions: T=200-260 °C, P=20-50 bar, H2/CO molar ratio=2/l, 

GHSV=2640 mlg'V. It was found that CZA showed the highest activity and there 

was no effect of addition of gold. Different solid acid catalysts (NH4ZSM-5, HZSM- 

5 or Y-AI2O3) as a dehydration function were physically mixed with CZA for direct 

DME synthesis from syngas. It was found that the CZA/ HZSM-5 bifunctional 

catalyst with 0.25 acid fraction showed high stability over a period of 212 hr.
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Chapter 1 Introduction

1.1 Climate Change and Global Warming

Rising carbon dioxide (CO2) in the atmosphere is considered by many to be linked to 

climate change. These levels have risen by more than a third since the industrial 

revolution and are currently increasing faster than ever before. These rising levels 

have been mirrored by an increase in global average temperatures over the 20th 

century. It has been estimated that the earth has warmed up by about 0.6°C largely 

due to increased greenhouse gas emissions from human activities and the 1990s were 

the warmest decade since records began. The reasoning behind the link between 

global temperature rise and increasing CO2 level is not circumstantial, it is well 

known that CO2 is a ‘greenhouse gas’ i.e. as CO2 is a good absorber of heat radiation. 

The increased C02 acts like a blanket over the surface, keeping it warmer than it 

would otherwise be. With the increased temperature the amount of water vapour in 

the atmosphere (which is itself a ‘greenhouse vapour ) also increases, providing 

more blanketing and causing it to be even warmer. Water vapour is considered the 

most important greenhouse gases, but its amount in the atmosphere is not changing 

directly because of human activities. Methane (CH4) is considered the second main 

greenhouse gas which is produced from different human activities. It is a challenge 

to use energy which reduces emissions and which has security of energy supply.

An Intergovernmental Panel on Climate Change (IPCC) report on equilibrium 

climate sensitivity refers to the amount of global average surface warming following 

a doubling of carbon dioxide concentrations. The IPCC has released a series of 

reports intended to assess scientific, technical and socio-economic information 

concerning climate change, its potential effects, and options for adaptation and 

mitigation. The IPCC in its 1990 report gave a range of 1.5 to 4.5 °C for the climate 

sensitivity with a best estimate of 2.5 °C; the IPCC 1995 and 2001 reports 

confirmed these values. The 2007 report stated; ‘it is likely to be in the range 2°C to 

4.5°C with a best estimate of about 3°C, and is very unlikely to be less than 1.5°C. 

Values substantially higher than 4.5°C cannot be excluded.’

1.2 Energy Security
The European Commission and the International Energy Agency define energy 

security as the provision of reasonably priced, reliable and environmentally friendly
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Chapter 1 Introduction

energy. According to the Centre for Strategic and International Studies, a secure 

energy system will tend to be characterised by:

• A diverse mix of different energy sources and fuels, with the capability to 

switch between these when necessary;

• Diversity of suppliers of energy, without excessive reliance on imported 

supplies, which have a risk of disruption beyond the host country’s control;

• Diverse routes of imported supply, avoiding excessive reliance on particular 

“supply corridors”;
• Reducing “energy intensity”: the amount of energy required to produce a unit 

of national output;

• Reliable and well-managed physical infrastructure;

• Stable and affordable energy prices;
• Feasible and commercially-viable plans for technological improvement for 

the future.

With growing energy demand and depletion of oil reserves, oil prices will inevitably 

increase. The impact of increasing prices affects a vast range of industries ranging 

from agriculture, and hence food prices, to transport. The EU’s vulnerability has 

been underlined by Russia’s willingness to use oil and gas supplies as political 

instruments against Ukraine, Georgia and Belarus, for example, in 2009 Russia 

stopped exports of gas to Europe via Ukraine which caused heating systems shut 

down in some parts of central Europe because the EU depends on Russia for about a 

quarter of its total gas supplies, some 80% of which is pumped through Ukraine. As a 

consequence the best way to reduce the dependency of crude oil which depends on 

the stability of the exported country is to find a new and alternative energy sources.

1.3 The EU Energy Policy

There has been recognition that climate change and energy security are a concern 

which caused the European Commission to develop several plans and strategies to 

decrease greenhouse gas emissions and reduce the dependency of the EU energy 

market on any source of imported energy. These strategies are aimed at increasing 

the replacement of conventional fuels in transport sectors by renewable energy. 

Currently, EU imports 82% of its oil and 57% of its gas, making it the world's
g

leading importer of these fuels.

3



Chapter 1 Introduction

The White Paper on transport adopted by the commission in September 2001 

expects CO2 emissions from transport to rise by 50 % between 1990 and 2010, to 

around 1,113 million tonnes. The main contributor to this is road transport, which 

accounts for 84% of transport-related CO2 emissions. Therefore this White Paper 

calls for the dependence on oil (currently 98 %) in the transport sector to be reduced 

by using alternative fuels in particular biofuels.

The Green paper published in November 2000 on the European strategy tor 

security of energy supply was aimed at developing a long-term strategy for ensuring 

a supply of energy to all consumers at affordable prices while respecting 

environmental concerns and looking towards sustainable development. This papei 

sets the objective of 20% of conventional fuels to be replaced by alternative fuels by 

2020.

The Biofuels Directive (2003) was aimed at promoting the use of biofuels or other 

renewable fuels to replace diesel or petrol for transport purposes, with a view to 

contributing to objectives such as meeting climate change commitments, 

environmentally friendly security of supply and promoting renewable energy 

sources. This Directive'1 set a target of 5.75% of all petrol and diesel for transports 
purposes calculated on the basis of energy content to be replaced by biofuels by the 

end of 2010.

1.4 The UK Energy Policy
It is of the upmost importance for a government to set a clear energy policy as it 

plays a critical role in all aspects of a nation s economy. It is also clear that any 

energy policy should aim to deliver a secure and low carbon energy system.

Therefore the UK faces two challenges: combating climate change which requires 

reducing greenhouse gases emissions, and securing clean and affordable energy tor 

the long-term. As the gas from North Sea declines and the costs of mining and using 

coal clearly increase, Britain has moved from being a net exporter ot gas in 1997 to a 

net importer in 2004. In the UK this gas is an important energy source to produce 

electricity, in industry and for domestic use. Moreover, current nuclear power
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Chapter 1 Introduction

stations, the UK’s largest source of low-carbon electricity, are approaching the end 

of their lives and are due to close.

The Energy White Paper published in February 2003 on "Our energy future - 

creating a low carbon economy’ sets out a long term strategy for clean energy within 

the UK. This placed emphasis on concentrating efforts on energy efficiency and 

renewable sources, and at that time nuclear replacement was put on hold. It proposed 

an ambitious program including a target that the UK should put itself on a path 

towards a reduction in carbon dioxide emissions ot some 60% from current levels by 

about 2050.

M. Wicks MP in his review of August 2009 on ‘Energy Security: A national 

challenge in a changing world’ proposed an approach to energy security which 

recognises the synergies between reducing energy security concerns and tackling 

climate change. Fie defined energy security broadly in which through this definition 

any policy must aim at achieving:
• Physical security: avoiding involuntary interruptions of supply;

• Price security: providing energy at reasonable prices to consumers; and

• Geopolitical security: ensuring the UK retains independence in its foreign 

policy through avoiding dependence on particular nations.

The UK is the first country in the world to set itself legally binding ‘carbon budgets’. 

The first budget started in 2008, setting the trajectory to UK long-term target of an 

80% reduction in emissions by 2050 based on 1990 levels. The government 

announced the levels of the first three budgets in April 2009, requiring the UK to cut 

emissions by 34% on 1990 levels by 2020. A 34% reduction represents 266.8 million 

tonnes less greenhouse gases in 2020 than in 1990. The UK already achieved in the 

region of a 21% cut since 1990 which is equivalent to cutting emissions entirely from 

four cities the size of London.

1.5 Energy Sources
At the turn of the 19th century, petroleum was plentiful, and most countries in the 

world built its society around this fuel. Flowever it is believed that the world has 

peaked in petroleum production, and that consumption has now outpaced new-found
5



Chapter 1 Introduction

reserves,1 consequently crude oil prices are overall increasing, for example: the price 

of barrel of Brent crude oil increased from around 53 $ in 2009 to around 84 $ in 

2010. Since the first energy crisis in 1973, many scientists began searching for 

alternative energy sources to overcome these problems and thus decrease 

dependency on fossil fuel.

Energy sources are generally split into three categories: fossil fuels, renewable 

sources, and nuclear sources.15 Currently many developed countries are dependant on 

fossil fuels resources such as petroleum, coal and natural gas. It was estimated by the 

Energy Information Administration that in 2006 primary sources of energy consisted 

of petroleum 36.8%, coal 26.6%, and natural gas 22.9%, amounting to an 86% share 

for fossil fuels in primary energy production in the world. Non-fossil sources 
included hydroelectric 6.3%, nuclear 6.0%, and (geothermal, solar, tide, wind, wood, 

waste) amounting 0.9%.

1.5.1 Fossil Fuels
Fossil fuels consist of oil, coal and gas that have been formed by natural resources 

such as anaerobic decomposition of buried dead organisms. Fossil fuels are non

renewable resources because they take millions of years to form, and reserves are 
being depleted much faster than new ones are being formed. These fuels are 

relatively easy to use in order to generate energy and very large amounts of can be 

generated in a single place. Coal powered stations are very cost effective and gas 

powered stations are very efficient. However, the main disadvantage of fossil fuels is 

the associated air pollution and environmental impact. This is because the 

combustion of fossil fuels produces the previously discussed carbon dioxide. Mining 

of coal and drilling for oil often destructs wide area of landscape and moreover, the 

liquid runoff from such process often contaminates ground water.

1.5.2 Nuclear
Nuclear power is generated by harnessing the power of the atom through nuclear 

fission reactions using principally uranium as a fuel, although other heavy atoms are 
also potential sources (Plutonium). Uranium is a metal which mined in various places 

in the world; these areas also tend not to be the major oil producing nations and are 

considered by many western nations to have a more secure supply. Uranium is
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Chapter 1 Introduction

present at an abundance in the Earth's crust which is about 600 times greater than 

gold and about the same as tin. Nuclear fission is an exothermic process which 

produces a large amount of heat. Figure (l.l)1 below illustrates how electrical power 

is generated using such a strategy. Here the energy produced from the nucleat reactoi 

is used to heat water to make steam which drives turbines to generate electricity; 

other versions are also used to transfer the thermal energy to electricity.

Nuclear Heat water ^Steam turns Turbines turn Electrical 
fission “^to make steam1"1^ turbines generatorspower

Figure (1.1): nuclear power generation.

Electricity produced from nuclear power represented 14% of the world's electricity in 

2007 and accounted for about 14% of Britain's electricity. The first commercial large 

scale nuclear power station was opened at Calder Hall in Cumbria in England in 

1956. The United States produces the most nuclear energy, with nuclear power 

providing 19% of the electricity it consumes, while France produces the highest 

percentage of its electrical energy from nuclear reactors ~ 80% as of 2006. In the 

European Union as a whole, nuclear energy provides 30% of its electricity. I here 

are nineteen reactors operating in UK with many due to close over the coming years. 
In 2006 Energy Review reintroduced the prospect of new nuclear power stations in 

the UK. Following a judicial review on February 15, 2007 requested by Greenpeace, 

elements of the 2006 Energy Review were ruled 'seriously flawed', and 'not merely 

inadequate but also misleading'. As a result, plans to build a new generation of 

nuclear power plants were ruled illegal (unlawful) at that time. In 2008, The British 

Government confirmed that it would back a new generation of nuclear power stations 

and may be the first new station would be up and running well before 2020.

The advantages of using nuclear power are as follows: it produces a low amount of 

greenhouse gases so the contribution of nuclear power to global warming is 

relatively little20, the fuel is available and generates a large amount of energy. 

However, it produces low-level and high-level radioactive wastes, some of which 

have extremely long half-lives which mean that these wastes will be a danger lor

7
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many generations. For example, in 1957, nuclear wastes buried at a dump site in 

Russia’s Ural Mountains, near Moscow, suddenly exploded. This caused the death of 

dozens of people. Furthermore, it is not a renewable energy strategy and a lot ol 

money has to be spent on the safety as any fault may cause a disaster. For example, 

in 1986, a disaster hit Russia's Chernobyl nuclear power plant. In this incident, a 

large amount of radiation escaped from the reactor. Therefore, hundreds of thousands 

of people were exposed to the radiation. Several dozen died within a few days. In the 

upcoming years, thousands more may die of cancers induced by the radiation.

1.5.3 Geothermal Power
Geothermal power is the extraction of heat stored in the earth. This energy originates 

from the original formation of the planet, from radioactive decay ot minerals, and 

from solar energy absorbed at the surface. This heat from the earth can be used to 

generate steam, from groundwater or pumped water, to drive turbines, which in turn 

drive electrical stations. Geothermal energy has been used for thousands ol years in 

some countries for heating. The largest geothermal power plants in the world are 

located at Geysers in California, USA, which consists of 22 geothermal power plants. 

In 2007 the geothermal plants in the world had the capacity to supply 0.3% of global 

electricity demand.

Geothermal power is cost effective, reliable, sustainable, and environmentally 

friendly, but there are not many places where geothermal power plants can be built.

Geothermal wells release greenhouse gases trapped deep within the earth, but these
2 |

emissions are much lower per energy unit than those of fossil fuels.

1.5.4 Renewable Resources
Renewable energy is the generation of energy from natural sources such as water 

(hydro, waves, tidal), sun (solar energy), wind, and biomass.

The main advantages of renewable energy are: they are clean and the net greenhouse 

gases emissions are considered negligible, inexhaustible (can be replenished in short 

period of time) and more evenly distributed than fossil and nuclear resources. The 

energy produced from renewable resources is more than three orders of magnitude 

higher than current global energy use. The UK's position in the world makes it one

8



Chapter 1 Introduction

of the best locations for using renewable energy, wind and occasionally some sun. In 

fact, in Europe, UK gets the most suitable weather for renewable energy systems to 

work with a total of around 4.5% of UK electricity coming from all renewable
23sources.

1.5.4.1 Solar power
The total amount of power produced from solar energy (i.e. the energy reaching us 

from the sun) is about 100,000 TW. This power is considerably larger than the 

current world consumption of ~ 15 TW. Currently, ~11% of the world s power is 

supplied from the biomass, while 85% is derived from fossil fuel. Both are 

consequence of photosynthesis, in which plants use solar energy to convert water and 

carbon dioxide to carbohydrates/ A more efficient conversion of solar energy is to 

convert it to electricity. Solar power is the conversion of sunlight to electricity. There 

are two routes used to generate electricity from sunlight, the direct route using 

photovoltaic cells or an indirect route whereby mirrors concentrate solar power and 

the resulting thermal energy used to boil water which is used in a turbine to generate 

electricity or cook food. The largest solar power plant in the world is the Solar 

Energy Generating Systems (SEGS) with capacity ot 354 MW. It consists of nine 

solar power plants in California's Mojave Desert in the United States using 
concentrating solar thermal plants (indirect route) to generate electricity. Recently 

multi-megawatt photovoltaic plants have been built and there are several planned for 

different places in the world of which Rancho Cielo Solar Farm in the United States 

is the largest with an outline capacity of 600 MW. However the UK is behind many 

other countries in Europe and the rest of the World when it comes to using solar 

power technologies. Many architects use solar energy when designing buildings to 

generate heat. They do this by orienting the buildings relative to sun direction which 

thus uses the sun to its maximum benefit.

1.5.4.2 Wind power
Wind power is the conversion of wind energy into a useful form of energy, such as 

electricity, wind mills for mechanical power, wind pumps tor pumping water or 

drainage, or sails to propel ships. The original source of wind energy is the sun 

which heats the air by radiation resulting temperature gradients in the air leading to 

convection and pressure changes. Wind power has been used for thousands of years

9
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all over the world for different purposes. At the end of 2008, about 1.5% ol the 

worldwide electricity usage was produced from wind generators. As of May 2009, 

eighty countries around the world are using wind power on a commercial basis. As 

of May 2009 there are 211 operational wind farms in the UK, with 2,434 turbines 

and 3,391 MW of installed capacity. Within Europe, 40% of all the available wind 

energy blows over the UK, making it an ideal location for small domestic turbines. 

Overall Europe is heavily promoting wind generation, and the UK is no exception by 

aiming for 35% of its electricity to come from wind by 2020. The UK also has new 

regulations from 2016 that will not allow new houses to have natural gas and so 

heating must be provided by renewable sources such as wood or from electricity 

produced by wind or solar power. The advantages of using wind power are that it 

consumes no fuel, produces no greenhouse gases and the wind itself is free. 

However there is a not an insignificant cost in building a wind turbine and given their 

size and cost local opposition to wind farms can be considerable. For example, the 

London Array scheme has 341 turbines rising from the sea about 12 miles (20km) oft 

the Kent and Essex coasts, as well as five offshore substations and four 

meteorological masts costing £1.5bn.

1.5.4.3 Water
There are different forms of power that can be generated from the water resources.

1.5.4.3.1 Hydropower
37

Hydropower is that which is derived from the force or energy of moving water. It 

has been used for hundreds of years all over the world. Hydro-electric power is the 

most common form of generating electricity from water at the moment. It is an 

established technology that accounts for about 20% of the world's electricity 

production, making it by far the largest source of renewable energy. The energy of 

the water is either in the form of potential energy (reservoirs) or kinetic energy (e.g. 

rivers). In both cases electricity is generated by passing the water through large water 

turbines.24 The main advantages of hydropower are that electricity produced by dam 

systems do not produce greenhouse gases and have low operating cost because the 

water is free. However, the capital cost of building the dams is high and by building 

a dam, the nearby area is affected. When considering a new hydroelectric scheme.
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many aspects should be considered displacement of population, sedimentation, 

changes in water quality, impact on fish, and flooding.

1.5.4.3.2 Tidal Power
Tidal power is a special type of hydropower. Tidal power is the only torm of energy 

which derives directly from the relative motions of the Earth-Moon system, and to a 

lesser extent from the Earth—Sun system. The gravitational forces produced by the 

Moon and Sun, in combination with Earth's rotation, are responsible for the 

generation of the tides and thus this is practically inexhaustible and classified as a 

renewable energy source.

The first large scale tidal power plant in the world was built in 1966 at La Ranee in 

France. It generates 240 MW using 24 low-head Kaplan turbines. SeaGen (figure 

(1.2)) in Northern Ireland is the first commercial axial turbine tidal stream generator 

in the world and was built in April 2008. The turbine began to generate at full power 

of just over 1.2 MW in December 2008. In England a proposal for the Severn 

Barrage, if built, has been projected to save 18 million tonnes of coal per year of 

operation which and will substitute 5% of the total electricity in England equivalent 

to 3 nuclear power stations . This project was however rejected as the commission’s 

inquiry stated that a larger Severn barrage would “do serious damage to the estuary 

by wiping out around 80% of the ‘inter-tidal habitat . Like solar, the main 

advantages of using tidal power are that it needs no fuel, no greenhouse gases are 

produced and once it has been built there is no cost. However, the capital cost to 

build the station is high due to the requirement for a large wall (barrage) which also 

affects plants and animals. In addition it only provides power tor around 10 hours 

each day, i.e. when the tide is actually moving in or out .
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Figure (1.2): Sea-Gen axial turbine tidal stream generator in Northern 

Ireland.

1.5.4.3.3 Wave Power
Waves which are formed on the surface water due to the wind are considered to be a 

powerful source of energy. Wave power is the transport of energy by ocean surface 

waves, and the capture of that energy to do useful work, for example for electricity 

generation, water desalination, or the pumping of water. The problem is that it’s not 

easy to harness this energy and convert it into electricity in large amounts. 1 hus. 

wave power stations are rare. The first known patent to utilize energy from ocean 

waves dates back to 1799 and was filed in Paris by Girard and his son. The first 

commercial wave farm in the world was opened in Portugal in 2008 with a total 

installed capacity of 2.25MW. In addition to the general advantages and 

disadvantages discussed above for the particular case of wave energy it is difficult to 

transport the electricity generated from the sea to the land and because it is rarely 

used so the equipment is expensive.

1.5.4.4 Biomass
39Biomass is biological material derived from living, or recently living organisms. 

Biomass is carbon based and is composed of a mixture of organic molecules 

containing hydrogen, usually including atoms of oxygen, often nitrogen and also

12



Chapter 1 Introduction

small quantities of other atoms, including alkali, alkaline earth and heavy 

metals. These metals are often found in functional molecules such as the porphyrins 

which include chlorophyll which contains magnesium. Ifbiomass is used for energy 

production, a wide range of materials can be included, such as wood, food waste, 

energy crops and grass. Biomass offers an abundant source of energy with cheap 

prices. The yield and the energy content depend on the type of biomass and it is the 

only renewable resource that can be directly converted into liquid fuel, thus 

providing a competitively priced fuel for transport, heat and power production. 

Bioenergy will be the most significant renewable energy source in the next few 

decades until solar or wind power production offers an economically attractive large 

scale alternative. Many researchers have worked to develop suitable processes for 

biomass conversion to achieve maximum energy with low cost and there are a 

number of different methods available. Thermal process through combustion and 

gasification can produce heat and electricity, using biomass as a fuel for combustion 

however produces the same air-pollution challenges as other fuels. There is also the 

conversion of biomass through biological processes directly to liquid biofuels (e.g. 

bioethanol) through fermentation or to biogas through anaerobic digestion (AD). AD 

is essentially a low energy natural process whereas biomass to liquids technologies 

requires huge energy input to convert molecules. Anaerobic digestion is the natural 

decomposition of organic matter in the absence of air by bacteria into biogas, which 

consists of methane, carbon dioxide and other trace gases.

Anaerobic digestion has spread widely and is very successful in many developing 

countries because of the nature of the warm climate which is suitable for AD. Biogas 

has been promoted in India and China for more than 50 years. These countiies use 
cheap and simple household-scale biogas digesters designed for 10 - 100 kg of 

biomass feedstock per day. In the UK, this biogas digester concept is unsuitable 

because a typical UK household without any farm animals produces much less, while 

an industrial farm produces much more and the UK climate require insulation and/or 

heating, leading to require great input energy for heat. As a result, UK biogas plants 
are typically larger, with digester volumes of 500 - 5000m3, using several thousand 

tons of biomass input per year. At this scale, a digester will often produce more 

biogas than a single farm requires for cooking or heating purposes. Anaerobic 

digestion will be discussed in detail within chapter 3.
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1.5.4.5 Biogas
Biogas composition varies depending on the origin of the anaerobic digestion process 

and the type of feedstock and table (1.1) shows the average composition of produced 

biogas.43 In the UK, the largest source of biogas is that produced from the digestion 

of organic wastes within landfill sites.

Table (1.1): Average composition of biogas

Matter %
Methane, CH4 50-75

Carbon dioxide, CO2 25-50
Nitrogen, N2 0-10
Hydrogen, H2 0-1

Hydrogen sulphide, H2S 0-3
Oxygen, 02 0-2

As can be seen biogas contains smaller amounts of hydrogen sulphide. This species 

is harmful to the environment and any potential downstream catalytic processes and 

so it must be desulfurized and dried before utilization to prevent damage to the gas 

utilization units. Biogas can easily be used as fuel to generate heat for any heating 

purposes or it can also be used as a fuel to drive heat engines generating mechanical 

or electrical power. Furthermore it can be compressed and used like the natural gas to 

power motor vehicles. In Sweden compressed gas is used as a vehicle fuel and there 

are a number of biogas filling stations for cars and buses. Stockholm is aiming to 

go to 100% biomethane for buses within 5 years, replacing all the bioethanol buses 

that are now running. In the UK, it is estimated that biogas could have the potential 

to replace around 17 percent of vehicle fuel. Alternative strategies include cleaning 

and injecting into the available gas supply grid.

The high quality of the new vehicles that use biomethane as a fuel and the 

relatively poor CO2 performance of on-site electricity generation means that injection 

of biomethane into the gas grid and its use as a vehicle fuel is now attractive as 

shown in the Table (1.2).
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Table (1.2):C02 saving for using biogas as renewable energy.

Summary from 100 mJ/hr of biogas production COi saving/annum in 
tonnes

On site electricity generation with no use for waste heat 1,393
Biomethane injected into gas grid and used to generate 
electricity at combined cycle gas turbine plants

2,294

Road transport use displacing marginal diesel 2,335

Currently within the UK, produced biogas has only been used to generate electricity 

and so far it has not been injected into the gas grid. Countries like Germany, 

Sweden, and Switzerland have defined quality standards for biogas injection into the 

natural gas grid. Germany has the largest biogas production capacity in the world 

where at the end of 2008, around 4,000 farm-scale biogas plants were operated.

The energy value of biogas depends on the methane concentration. Pure methane gas 

has an energy value of around 36MJ/nr. Table (1.3) shows the biogas energy yield 

for 1 m3 with a methane concentration of 64%.

Table (1.3): Energy yield from lmJ biogas.
Energy Value

1 m3 biogas 23 MJ

Electricity only 1.7 kWh (6.12 MJ)

I leat only 2.5 kWh (9 MJ)

CHP of biogas 1.7 kWh (9 MJ) and 2 kWh (7.6 MJ)

The most common use of biogas fuels is in internal combustion gas engines for 

cogeneration or combined heat and power (CHP) in which the heat by-products from 

electricity generation are used directly for domestic or industrial heating, in this way 

the wasteful heat release to the environment is reduced. CHP represents decentralised 

heat and power energy and currently the European Union generates 11% of its 

electricity using cogeneration methods. In UK, the government has set the target to 

source at least 15% of its government electricity use from CHP by 2010.' Currently 

CHP provides a significant proportion of the UK's renewable energy and has the 

advantage of being more stable and controllable than wind power. In South 

Shropshire (UK), a digester using 5,000 tonnes of household food waste per year is
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used to run a 195kW CHP. Within this plant 15 % of the power (electricity) 

produced is needed to run the plant and the rest is sold to the national grid. In 

addition 40% of the heat produced is needed to heat the digester and the excess is 

currently wasted, but the problem with the use of biogas for CHP generation is that 

biogas plants are not normally located in densely populated areas which makes 

piping of heat for home heating less viable. Also biogas can be used as a feedstock 

for CH4 reforming with C02, steam and/or oxygen to produce synthesis gas (syngas),

i.e. a mixture of carbon oxide and hydrogen, which may be employed to produce 

simple petrochemical feedstocks.

1.6 Toward Alternative Sources of Energy
Nowadays Gas-to-Liquid (GTL) processes of Fischer-Tropsch, methanol (MeOH), 

ammonia and dimethyl ether (DME) synthesis have become increasingly important 

and received much attention from both academic and industrial interests. Different 

chemicals can be produced depending on the reaction conditions and the catalyst 

used. Gas to liquids means converting natural gas or other gaseous hydrocarbons or 

methane-rich gases (i.e. biogas) into liquid fuels either via direct conversion or via 

syngas as an intermediate. Conversion of clean synthesis gas to liquid fuels can lead 

to fuels which are sulphur free and have high cetane or octane numbers. Recently,

many researchers have investigated the production of syngas for liquid fuel
, .■ 49,50,51,52production.

The GTL process is composed of three steps:

1. Production of synthesis gas
2. The synthesis gas is fed to other process using the suitable catalyst and conditions 

to produce the desired product

3. Product purification.

1.7 Production of Syngas
Syngas is a mixture of carbon oxides and hydrogen generated by reforming of 

methane or biogas, or gasification of coal. Synthesis gas plays a big role as an 

intermediate for production of liquid fuels. There are three processes for production 

of synthesis gas from methane; steam reforming (SMR), dry reforming (DR) by 

carbon dioxide and partial oxidation (POX) of methane or a combination of these
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processes. These processes are based on one or more chemical reactions that are 

either endothermic or exothermic. Appropriate balancing of these reactions can result 

in processes that require little heat exchange. The conventional process for synthesis 

gas production is steam reforming.

1.7.1 Steam Reforming of Methane
Steam reforming of methane (SMR) from natural gas or biogas consists of two steps. 

The first step of the SMR process involves methane reacting with steam at 700- 

850°C to produce hydrogen (H2) and carbon monoxide (CO). The second step is the 

water gas shift (WGS) reaction, in which the carbon monoxide and steam is 

converted into C02 and H2. The following reactions are possible in the steam

reforming process:

Stepl: CH4+H2O^CO + 3H2 AH0 =206 kJ/mol (1.1)

CH4 + 2H20 <-» C02 + 4H2 AH0 = 165 kJ/mol (1.2)

Step 2: CO + H20 <-> C02 + H2 AH0 =-41 kJ/mol (1.3)

This process is strongly endothermic and thus thermodynamic equilibrium

favoured by high temperature leading to extensive energy consumption. A high 

H2/CO ratio between 3 and 5 is produced which is suitable for hydrogen production 

for ammonia synthesis.

1.7.2 Dry Reforming of Methane
Dry reforming is reforming of methane using C02. This method is particularly suited 

to biogas as it is a mixture of methane and C02, produced from anaerobic digestion 

processes of biomass or landfill. Dry reforming is environmentally friendly as it uses 

the two main green house gases (CH4 and C02) as described in the following 

equation:

CH4+C02 ^2CO + 2H2 AH0 = 247.3 kJ/mol (1.4)

The DR process is also highly endothermic and thus requires a large amount of 

energy to proceed and also involves rapid carbon-deposition, particularly over nickel 

based catalysts.55'56 Tri-reforming is a mixed dry/steam reforming operation
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whereby a small amount of oxygen is also added into the teed. This option can 

reduce carbon formation by coupling the DR with SR. With the addition of small 

amount of water into the feed, the C/H ratio in the feed decreases and the C/O ratio 

decreases resulting in controlled and limited carbon formation.

Dry reforming is suitable for the production low H2/CO ratio of <1 (CO-rich syngas) 

for dimethyl ether synthesis and several researchers have studied DR in order to find
55 58the best catalyst systems for this process.

1.7.3 Partial Oxidation of Methane
Partial oxidation is a non catalytic process represented by (Eq. (1.5)). This process is 
a mildly exothermic process and provides a desired Hi/CO ratio tor Fischer-1 ropsch 

and methanol synthesis.

CH4+1/20, <->CO + 2H2 O-5)

POX was suggested to proceed via either a two-step mechanism in which there is 

first deep oxidation of a part of the CH4 to C02 and H20, then reforming of the 

remaining CH4 with C02 and steam to syngas or a direct partial oxidation mechanism 

(one-step mechanism). The reaction scheme for both routes is shown in Figure 

(1.3)59.

Deep Oxidation 3CH4 + 2H20 + C02

Figure (1.3): Suggested reaction scheme for POX

Therefore it is important to optimize the oxidation conditions to obtain the desired 

H2/CO ratio. POX produces a H2/CO ratio of about 2, which is suitable for methanol 

synthesis.
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1.7.4 Autothermal Reforming
Autothermal reforming (ATR) is the combination of POX and SR or POX and DR 

in one reforming reactor. The advantage of this method is that it makes the 

process more energy efficient by coupling the endothermic SR or DR with the 

exothermic POX reaction. The combination of these reactions can also improve the 

temperature control inside the reactor and reduce hot spot formation, avoiding 

catalyst deactivation by sintering or carbon deposition. Moreover, ATR allows the 

production of syngas with a wider range of H2/CO ratios by optimizing the process 

conditions and or CH^CC^Ch ratio. Many papers concerning

autothermal reforming to manufacture synthesis gas have been published over the 

last 10 years.

Lv et al.63 studied the feasibility of syngas production from direct air and steam 

gasification of biomass to produce H2/CO ratios suitable for methanol and DMT 

synthesis.

1.7.5 Tri-Reforming
Tri-reforming means the combination of SR, DR, and POX processes. Flexible 

H2/CO ratio synthesis gas can be obtained by optimization of the three processes 
(SR, DR, and POX) by changing the CH4:H20:C02:02 ratio. Similar to ATR the 

combination of these three reactions can improve the temperature control inside the 

reactor and reduce hot spot formation etc.. There has been a recent increase in 
research concerning tri-reforming of methane to manufacture synthesis gas.' Lee 

et al.64 studied tri-reforming of methane over Ni/Ce-Zr02 catalyst where they 

optimized the ratio of methane, steam, carbon dioxide and oxygen to obtain the 

desired H2/CO ratio, for dimethyl ether (DME) synthesis. They found that coke 

formation decreased rapidly by increasing steam molar ratio. It was also found that 

carbon deposition depended on the amount oxidant i.e. steam or oxygen.

1.8 Dimethyl Ether
1.8.1 Physical and Combustion Properties of Dimethyl Ether
Dimethyl ether (DME) is the simplest ether with chemical formula of CH3OCH3. It is 

a colorless gas at ambient conditions. Its boiling point at atmospheric pressure is -

25.1 °C but can be easily liquefied at a low pressure of approximately 6 atmosphere
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at 303 K. Thus, DME can be handled as a liquid. Current production of DME is 

10,000 ton/year in Japan and 150,000 ton/year worldwide, its main use is as an 

aerosol spray propellant to substitute chlorofluorocarbons in cosmetics, paints, hair 

spray and similar applications. DME can also be used as intermediate for the 

production of many chemicals such as light olefins, methyl acetate and dimethyl 

sulphate. It can be used as a fuel in diesel engines and works particularly well in such 

engines due to its high cetane number, which is greater than 55 compared to about 

40-55 for diesel fuel. Table (1.4) shows key properties of DME and other relating 

fuels.66'67

Table (1.4): Physical properties and combustion characteristics of DME and 
other fuel

Properties DME Methanol Propane Methane Diesel
fuel

Chemical formula CH3OCH3 CH3OH C3H8 ch4 -

Boiling Point (C) -25.1 64.8 -42.0 -161.5 180 - 370
Liquid density 
(g/cm3 ® 20°C)

0.67 0.79 0.49 0.42 0.84

Liquid viscosity 
(kg/ms (2> 25°C)

0.12-0.15 0.2 2-4

Specific gravity of 
gas (vs. Air)

1.59 0.55 1.52 0.55 ”

Vapor pressure 
(MPa @ 25°C)

0.61 - 0.93 ” “

Explosion limit 
(%)

3.4- 17 5.5-36 2.1 -9.4 5-15 0.6-6.5

Cetane number 55-60 5 5 0 40-55
Net Calorific value 
(kcal/kg)

6900 5040 11100 12000 10200

1.8.2 Environmental and Health Impacts
DME is environmentally benign because it is non toxic to humans, not carcinogenic 

or mutagenic, hence its use as an aerosol spray propellant. It has a low order of 

toxicity compared to LPG and methanol. DME has a short half- life in the 

troposphere; it is easily decomposed to water and carbon dioxide, so it does not cause 

ozone layer depletion. DME has very attractive combustion properties as a clean fuel 

and because it contains no sulfur or nitrogen, it does not generate SOx or NOx 

emissions. Furthermore, it has no direct carbon to carbon bonds therefore it does not 

generate particulate mater (PM) emissions. DME has no noticeable natural odour, so
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it is necessary to add an odour additive for safety reasons in case of a leakage. Ethyl 

mercaptan is used in LPG as an odour additive and has a boiling point near that of 

DME. A blend of 20 ppm is considered adequate for use in DME.

1.8.3 Dimethyl Ether an Alternative Fuel
For DME to be considered as an alternative fuel it should satisfy some requirements. 

The major ones include: environmentally benign; affordable; low exhaust gas; high 

energy efficiency; renewable sources; acceptable well-to wheel greenhouse 

emissions; suitable infrastructure and availability. Compared to the other leading 

alternative fuel candidates (i.e., methane, methanol, ethanol, and Fischer-Tropsch 

fuels), DME appears to have the largest potential impact on society, and should be 

considered as the fuel of choice for eliminating the dependency on petroleum.

Different life cycle assessment (or 'cradle-to-grave analysis') models were developed 

to investigate and evaluate of the environmental impacts for alternative 

transportation fuels. Figure (1.4) represents the life cycle assessment model for 

alternative transportation fuels. The petroleum derived transportation fuels 

considered were gasoline, diesel, and naphtha. This model used natural gas, biomass 

and coal as a feedstock for producing alternative transportation fuels represented in 

Figure (1.4). The vehicle technologies available for processing the alternative fuels

included conventional technologies: CIDI (compression ignition direct injection),
;

SIDI (spark ignition direct injection), hybrid technology, and fuel cell technology.
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Vehicle
Feedstock Processing Fuel Options Technology

Natural Gas 
Biomass 

Coal

| Petroleum ]

>
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Hydrogen 
Methane 
Methanol 
Ethanol 

UME 
FT Diesel 
FT Naptha

Diesel
Gasoline
Naptha

SIDI 

CIDI 

Hybrid 

Fuel Cells

Figure (1.4): Feedstocks, fuels, and vehicle technologies that can be 

implemented in the transportation sector.

DME has multi sources of raw materials (natural gas biomass , coal ,

fossil sources). It is called bio-DME when it is produced from biosources and not 
from fossil sources. Production of DME from biosources allows production cost 

independent of fluctuations of oil price. Therefore these factors make DME known 

currently as the ‘Fuel of the XXI Century’. As shown in figure (1.5) , bio-DME

has the lowest of the well to wheel C02 emissions compared to other automotive 

fuels.
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Gasoline

FT Diesel

DME

Current Diesel

Bio DME
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Relative CD2 Emissions

Figure (1.5): Relative Well to wheel C02 Emissions for various automotive 

fuels.

DME can also be used an as intermediate for gasoline synthesis and is expected to be 

a substitute petroleum for various purposes such as clean fuel for power generation 

an alternative to a liquefied petroleum gases LPG and a substitute to petroleum lor 

diesel engines.

1.8.3.1 Clean Fuel for Electric Power Generation
Power Generation via DME as a new gas turbine fuel has been approved by 

manufacturers such as General Electric, Hitachi and Mitsubishi lor use in their gas 

turbines. DME is an efficient alternative fuel for medium-sized power plants, 

especially in isolated or remote locations where it can be difficult to transport natural 

gas and where the construction of liquefied natural gas (LNG) regasification
81 _82terminals would not be viable.

Basu et al. found that at General Electric the emission properties and key combustor

operating parameters for DME, including dynamic pressures and metal temperatures,
82are comparable to natural gas.

% Heavy Duty ■ % Light Duty
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1.8.3.2 LPG Market
As shown in Table (1.4), the physical properties of DME are similar to the main 

ingredients in LPG (propane and butane). A DME flame is visible with a blue colour 

similar to LPG and it can be added to LPG with proportion up to 20% and used for 

domestic cooking without any modification of cooking equipment. Thus, DME can 

be handled as LPG.

There are few issues for using DME in as LPG alternative (i.e. swelling of polymers 

used for transfer lines). These material compatibility issues require the development 

of low cost elastomers, as DME will likely change the physical properties of 

traditional polymers. Also finding suitable additives to alter the properties of 

lubricants and the viscosity of the DME is a big challenge.

1.8.3.3 Alternative Automotive Fuel
DME is one of the most promising alternative automotive fuel solutions among the 

various ultra clean, renewable, and low-carbon fuels under consideration worldwide. 

DME can be used as fuel in diesel engines, gasoline engines (30% DME/70% LPG), 

and gas turbines. Only modest modifications are required to convert a diesel engine 

to run on DME, and engine and vehicle manufacturers, including Nissan and Volvo, 

have developed heavy vehicles running on diesel engines fuelled with DME.

In 1996, Volvo Truck Corporation and Volvo Bus Corporation developed the 

world’s first DME fuelled heavy vehicle. The purpose of the development project 

was to demonstrate the low emissions capabilities and high efficiency of DME in a 

diesel engine. The target of the company was to install DME engines and tank 

systems in three busses and field-test these in commercial operations in Denmark.

The field test was not fulfilled since the reliability of the fuel system did not meet the
68target set to perform the test and only one bus was made.

The major significant advantages of DME compared with petroleum-derived diesel 

can be summarized as follows:
1) no NOx, SOx or particulate matter (PM) emissions;

2) Lower CO2 emissions

3) Ehgh fuel economy
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4) Thermal efficiency equivalent to diesel engine performance
'N 1

5) Ignition characteristics equivalent to diesel engine performance

6) High well-to-wheel efficiency

Diesel engines running on 100% DME have demonstrated smoke free combustion, 

while engines using a DME/diesel fuel blend have demonstrated significant 

reduction of soot.81 Figure (1.6) 1 compares the road load engine emissions using

diesel and DME.

Figure (1.6): Road load Emissions and Fuel Consumption comparing engine 

emissions using diesel and DME.8"

As shown above there is no smoke produced with DME which means cleaner air. 

When comparing NOx emissions for the two fuels, DME reduce NOx production by 

84 % from diesel. Brake specific fuel consumption (BSFC) is equivalent for the two 

fuels. For hydrocarbons and CO, DME has less emission of hydrocarbons and CO by 

75% and 47%, respectively.

Figure (1.7) below illustrates the Life Cycle Assessment (LCA) which includes the 

emissions of Hydrocarbons (HC), Nitrogen Oxides (NOx), Particulates Matter (PM) 

and Carbon dioxide (CO2) for various fuels when used in Light Duty Vehicles (LDV)
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and in Heavy Duty vehicles (HDV). It is clear that Bio-DME for HDV gives higher 

efficiency and better emission data than the other diesel fuels. As mentioned above 

there are few issues for using DME in diesel engines (i.e. lubrication and losses)

LCA Emissions of NOxLCA Emissions of HHC

LCA Emissions of C02

4COOC --

2GOOC --
1000C -

LCA Emissions of Particulates

Figure (1.7): Life Cycle Assessment (LCA) comparing engine emissions using 

diesel and DME. Data have been obtained from the Swedish Petroleum 

Institute's publication. [Source: “Miljofaktabok for branslen, 1999” from 

reference 23|.
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1.8.4 Methanol and Dimethyl Ether Synthesis
Recently, methanol and dimethyl ether have been identified as the preferred 

alternative clean fuel for diesel engines. Both fuels could be produced from a wide 

range of feedstocks, including coal, natural gas and biomass.

1.8.4.1 Methanol Synthesis
Methanol production from synthesis gas has been used successfully for several 

decades. The first technology for methanol synthesis i.e. high-pressure synthesis, was 

commercialized in 1923. It was based on a ZnO—catalyst that could 

hydrogenate CO to methanol at 240-300 bar and 350-M00 °C. The low-pressure 

methanol synthesis replaced the high-pressure methanol synthesis in the 1960s. The 

low-pressure process was achieved by producing a sulphur-free synthesis gas that 

enabled imperial chemical industries (IC1) to use the more active Cu/ZnO catalyst. 

The low-pressure synthesis route operates between 50 and 100 bar. Copper based 

catalysts have become the main for low-pressure methanol processes; the 1CI process 

uses multi-bed synthesis reactors with feed-gas quench cooling, the Lurgi process 
uses shell and tube synthesis reactors and other technologies. However, methanol 

synthesis is limited by thermodynamics because of its highly exothermic nature. For 
example, at 250 °C and 50 bar, the maximum theoretical CO conversion is around 

25%. So the production of methanol requires high pressure (> 120 bar) to achieve 

acceptable CO conversion, as a result making the process costly. Therefore, low 

temperature synthesis catalyst of methanol is challenging and important to reduce the 

production costs.

The main reactions in methanol synthesis from syngas are the formation of methanol 

from CO hydrogenation (equation (1.6)) and CO2 hydrogenation (equation (1.7)). 

The H20 formed is reacted with CO to form H2 and C02 in the water gas shift 

reaction (equation (1.8)):

CO + 2H2 <-» CHjOH AH° = -90.8 kJ/mol (1.6)

CO, + 3H2 CH.OH + H20 AH° = -49.1 kJ/mol (1.7)

CO + H20 <-» C02 + H AH° = -41.1 kJ/mol (1.8)
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Many researchers have studied the kinetics of methanol synthesis intensively over 
the copper based catalysts to find which reaction is predominent in methanol 

formation, CO hydrogenation (equation (1.6)) or C02 hydrogenation (equation (1.7)). 

Many researchers indicate that methanol synthesis takes place from C02 and not 

from CO hydrogenation and the C02 is the main source of carbon in methanol. 

Skrzypek85 et al. found that using a feed of various H2 and CO ratios with no C02. 

No methanol was formed if steam was completely removed from the feed because 

small amounts of water were shown to initiate methanol synthesis by the water gas 

shift reaction and the optimum concentration of C02 in (H2+C0+C02) mixture is 1- 

4%.86-87

1.8.4.1.1 Copper-based Catalysts
Nowadays, copper-based catalysts are considered the conventional methanol 

synthesis catalyst. Usually the catalyst contains copper in the oxide phase and zinc 

oxide and alumina as a support (CuO/ZnO/Al203), in which the support oxides play 

minor role in the reaction mechanisim. There are different methods used to prepare 

copper based catalysts but the coprecipitation method is the most common as it 
generally leads to a situation where all catalyst components are in intimate contact. It 
is important to note that the catalyst must be reduced before operation to obtain the 

metallic copper phase as an active part. The reduction process is a highly exothermic 

reaction (equation (1.9))88, which affects catalyst lifetime, especially above 300°C 

the copper start sintering, because of the growth of the Cu crystallites and the 

resulting loss of catalytically active area. In order to obtain maximum catalyst 

activity, a proper activation process is used to control the reduction. This is done by 

conducting the reduction in the presence of inert gas using a low concentration of 

hydrogen.88 Copper alone may work as a methanol synthesis catalyst, but the activity 

increases significantly for Cu supported by ZnO, which by itself has only negligible 

methanol synthesis activity. Under normal operating conditions, the catalyst 

CuO/ZnO has a rather long lifetime of a few years.

CuO + H2 <-» Cu + H20 AH? =-80.8kJ/mol (1-9)

Traditionally, zinc oxide is a good hydrogenation catalyst that activates hydrogen by 

heterogeneous splitting, giving rise to ZnH and OH. Furthermore, hydrogen spillover
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has been observed with ZnO acting as a reservoir of hydrogen for the hydrogenation 

of CO over Cu surfaces.91 Burch et al. ’ ' found that hydrogen spillover from Cu to 

ZnO occurs very rapidly from a partially oxidized Cu surface but only to a very small 

extent from a fully reduced copper surface. In addition, the hydrogen atoms were 

trapped at surface defects or at interstitial sites of ZnO. They proposed that ZnO 

might act as a reservoir to provide H atoms for further hydrogenation of adsorbed 

species. There are many different studies which have proposed that the synergy 

between Cu and ZnO requires intimate contact between the two components. 

However, Burch et al.92 proved in their study that synergy between Cu and ZnO is 

not restricted to a catalyst in which the two components are in intimate contact.

Several studies have been done based on in-situ characterization techniques of Cu- 

based methanol synthesis catalysts in order to understand the role of ZnO in the 

catalyst. Topsoe et al. used infrared spectroscopic studies of CO adsorption to 

elucidate the surface structure of Cu/ZnO methanol synthesis catalysts. The relative 

importance of the different effects is still a subject of study and it is possible that 

several effects are relevant simultaneously depending on catalyst preparation and 

reaction environment. Clausen et al. used in situ extended x-ray absorption fine 

structure (EXAFS) measurements. The results showed that the Cu nanoparticles are 
present in the metallic state during methanol synthesis with no sign of Cu species 

and they suggested that a two-dimensional Cu° phase on the ZnO support is present 

under reaction conditions. Kasatkin et al. proposed that ZnO support-induced strain 

in Cu.95 Viitanen et al. suggested that ZnO segregated onto the Cu surface during 

reduction.

Many scientists showed that the transient production of methanol over a Cu/ZnO 

catalyst depends on the pretreatment gas conditions and is explained by observations 

of the gas-dependent shape of Cu nanocrystals supported on ZnO. As shown in 

Figure (1.8)97 the shape of the Cu particles is dependent on the composition of the 

methanol synthesis gas environment. Figures (1.8 a and b) show that an increase of 

the oxidation potential (the syngas contains water) leads to more spherically shaped 

particles. When the water partial pressure is lowered, the more reducing conditions 

lead to the formation of more disk-like particles. During methanol synthesis, the gas
90

environment is more reducing or oxidizing depending on the steam concentration.
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Figures (1.8 c and d) show that the number of oxygen vacancies increased at the 

interface because of changes in the gaseous conditions. The presence of water and 

carbon dioxide in the reaction gas mixture prevents the reduction of zinc oxide to 

metallic zinc.
Oxygen Vacancies ■

Oxidizing Reduced Zn o

d)

Reducing

Figure (1.8):Schematic model for the wetting/nonwetting of the Cu particles on 

the Zn support, surface alloying, and bulk alloy formation: (a) round-shaped 

particle under oxidizing syngas conditions; (b) disk-like particle under more 

reducing conditions; (c) surface Zn—Cu alloying due to stronger reducing 

conditions; (d) brass alloy formation due to severe reducing conditions.

The main role of alumina in Cu0/Zn0/Al203 is to improve thermal stability of the 

catalyst98' 99 by separating copper crystallites so as to hinder sintering. In methanol 

synthesis, zinc oxide (as a base) removes acidic sites on the alumina phase which 

would otherwise convert methanol to DME. Furthermore, ZnO component in the 

catalyst acts as sulphur removal material by reacting with sulphur to form zinc 

sulphide and sulphate, which helps extend the catalyst life. However, the catalyst is 

very sensitive to sulphur poisoning, and the sulphur content in the teed stream needs
89to be reduced to less than 0.5 ppm.
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1.8.4.2 Dimethyl Ether Synthesis
DME is non-toxic, contrary to methanol and is a by-product of high-pressure 
methanol synthesis. Traditionally DME is produced from methanol dehydration 

derived from fossil fuel produced syn-gas and is currently produced by dehydration 

of methanol using mainly natural gas feeds. Figure (1.9) below illustrates that DME 

can be produced from syngas in two distinct ways: the first called the conventional 

two-stage (indirect) process as MGC, Topsoe, Lurgi and TEC company. This process 
produces methanol from syngas in one reactor, then the methanol is catalytically 

dehydrated to DME in the second reactor. The second way known as the direct 

process produces DME in a single stage reactor, using bifunctional catalyst. Various 

recent studies in JFE in Japan, Air Products and Chemicals in USA, Korea, etc. have 

been concerned on study the feasibility of DME production from single stage way. 
The direct process is only at demonstration stage (pilot plant) as JEf in Japan with 

capacity of 100 t/d.

MGC, Topsoe, Lurgi, TEC, (Conventional Indirect Process)

JEF (Direct Process)

MeOH

DME

DME

Reforming
Synthesis gas 

(H2 +CO)
Biomass 

Natural gas 
Coal

Figure (1.9): Dimethyl ether production processes.

If DME produced from methanol dehydration, the cost of DME is controlled by the 

methanol price, in order to produce DME in large scale as a fuel, the production cost 

becomes more important than its purity.

In China, two coal-based DME plants are in operation with a total capacity of 40,000 

t/yr. A rapid expansion of Chinese DME production was planned, to more than 1 

Mt/yr in 2009. 01 In addition, the Japanese Government has committed to encourage 
technical development of DME production and application. In June 2008, Fuel DME 

Production Co., Ltd. (FDME) a joint venture of Mitsubishi Gas Chemical (MGC)

31



Chapter 1 Introduction

and other companies successfully completed a trial operation of the Fuel DME 

Promotion Plant (Niigata City, Japan) with a capacity of 80,000 t/y. In January 2009,

FDME is scheduled to make its first delivery to a customer. These plants are

operated using indirect process however the actual conditions have not been reported 

to date.

1.8.4.2.1 New Dimethyl ether synthesis process development
Recently, it was noted that one step DME could be produced from different raw 

materials. There are the two main processes the "fixed bed reactor process" (Haldor 

Topsoe A/S of Denmark) and the "slurry bed reactor process" (JFE, Air Products and 

Chemicals, Inc. of the U.S.). Haldor Topsoe and some other direct DME syntheses 

follow reaction (ii). JFE direct DME synthesis follows reaction (i). Table (1.5) below 

summarizes the three processes.

3CO + 3H2 <-» CH3OCH3 + C02 AH“ = -246 kJ/mol of DME (i)

2CO + 4H2 <-> CH3OCH3 + H20 AH; = -205 kJ/mol of DME (ii)
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Table (1.5) Comparison of DME direct synthesis processes.

Developer JFE Holdings
Air Products and

Chemicals
Haldor
Topsoe

Raw material 
H2/CO ratio
Type of reactor

Natural gas/coal
1.0

Slurry phase

Coal
0.7

Slurry phase

Natural gas
2.0

Fixed bed

Synthesis 
conditions 
Temperature (°C) 
Pressure (Mpa) 
Reaction formula

250-280
3-7

Formula (i)

250-280
5-10

Formula (ii)

210-290
7-8

Formula (ii)

One-pass 
conversion rate
(%)
DME / (DME + 
methanol) (%)

50

90

33

30-80

18

60-70

Project history

1989-: 1 kg/d beaker
1995-: 50 kg/d bench plant 
1997-: 5 t/d large bench 
plant
2002-: 100 t/d pilot plant

1986-: beaker
1991-: 4 t/d pilot 
plant

1993-: 50 kg/d
bench plant

Recently, Y.Ohno et al. reported that JFE has completed the development of direct 

DME synthesis process and C02 recycle type autothermal reforming (ATR). DME is 

synthesized from synthesis gas of lE/CO—1 in slurry phase reactor, which was 

produced by the ATR from natural gas with by-produced CO2. This ratio is suitable 

for synthesis gas from gasification of coal (H2/CO=0.5-1.0) or biomass (FE/CO—l) 

and they reported that JFE has developed its own efficient catalyst system.

1.8.4.2.2 One Step Synthesis
The Syngas -to- DME (STD) process was developed by Haldor-Topsoe over a hybrid 

catalyst with the two functions, metallic and acid. The STD reaction system allows 

greater productivity in a single reactor system because of the synergy among the 

three reactions. However, its downstream separation is more complex and costly as 

compared to the two-step process in which the main disadvantage of DME synthesis 

from syngas is the separation process of high purity DME from unreacted syngas and
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produced CO2. From the thermodynamical point of view, this process is more 

favorable than two steps process, because the efficiency of methanol synthesis is 

limited by equilibrium conversion.

Recently, several researchers studied the synthesis of DME in a single reaction step 

to identify the optimum conditions for this process. There are mainly two overall 

routes for the conversion of FI2, CO and CO2 to DME: reaction (i) and (ii). In 

reaction (i) three reactions take place, methanol synthesis reaction equation (1.7), 

dehydration reaction equation (1.9) and water-gas shift reaction equation (1.8). When 

the shift reaction does not take place, reaction equation (1.6) and equation (1.9) are 

combined to form reaction (ii).'

3CO + 3H2 <-» CH3OCH3 + C02 AH" = -246 kJ/mol of DME (i)
2CO + 4H2 CH3OCH3 + H20 AH" = -205 kJ/mol of DME (ii)

Methanol synthesis reaction from CO

CO + 2H, <-» CH3OH AH" =-90.8kJ/mol (E6)
Methanol synthesis reaction from C02

C02+3H2 <^CH,0H + H20 AH: =-49.1 kJ/mol (L7)
Water shift reaction
CO + H2O^C02+H2 AH: =-41.1 kJ/mol (L8)
Methanol dehydration reaction

2CH3OH <^CH30CH3+H20 AH: =-21.255 kJ/mol (19)

Reaction (i) has some other process advantages compared with reaction (ii). In the 

overall reaction (i), water produced from methanol synthesis in equation (1.7) is 

directly consumed by water gas shift reaction; therefore, the water does not poison 

and deactivate the catalyst. Furthermore, the by-product of reaction (i) is CO2. 

Separation or distillation of DME from CO2 is much more efficient and not as energy 

consuming compared with separation from water (in the case ol reaction (ii)). Since 

both reaction (i) and (ii) generate two molecules of products from six molecules of 

syngas, the higher reaction pressure gives higher syngas conversion. Ogawa et al. 

compared the DME synthesis reaction (i) with reaction (ii) syngas conversion. They 

found that reaction (i) gives much higher syngas conversion under all temperature 

conditions.
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1.8.4.2.3 Direct DME synthesis catalysts
In STD, methanol is the main intermediary and the water gas shift reaction is a 

strong competitor to the principal reaction. Catalysts for the STD process are usually 

composed of a methanol synthesis catalyst which usually contains zinc, copper, and 

aluminum oxides and a solid acid catalyst for methanol dehydration, which the most 

common solid acids applied in STD process, are Y-AI2O3 and HZSM-5. Sousa- 

Aguiar et al.79 studied the influence of the acid and metallic sites on the selectivity of 

the STD process. As shown in figure (1.10) the high acidic sites favour the formation 

of DME, while an increase in the concentration of metallic sites promotes conversion 

to methanol. The formation of C02 follows that of DME, which means that water 

formed by the dehydration reacts with CO to form C02.

gi 1>M I

| | WOH IIXI-

 ̂ I 1

Sin»ng Medium Aluminas Vteili.mol
V'»d \eid Catalyst
Cat. Cal.

Figure (1.10): Influence of the catalyst composition (concentration of acid sites 
vs. metallic sites) in the formation of DME by direct synthesis.

Therefore, the main focus of most published scientific literature has been on catalyst 

development. The property of the catalyst for the STD process will be discussed in 

detail in chapter 6.

1.8.5 Combined syngas production and DME synthesis
Combined syngas production and DME synthesis means production of the proper 

syngas ratio for direct DME synthesis in one integrated process. In view of 

developing a catalyst system that will enable the optimum synthesis ol methanol and 

DME, an engineering approach is needed for analyzing and comparing alternatives
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from the early stages of development. In this study, process synthesis is the route 

adopted to achieve this goal. The main challenges for the production of DME from 

biosources (biomass) are in general related to the dilficulties with processing solid 

biomass and converting to biogas for syngas production.

There is much recent literature concerning the synthesis of DME from syngas, which 

is produced from different raw materials (natural gas, methane, biomass and coal) at 

different operating conditions. Jia et al. studied an integrated syngas production by 

air partial oxidation of methane and direct DME synthesis. Wang et al. studied an 

integrated syngas production by air-steam gasification of pine sawdust direct 

synthesis and direct DME synthesis. Yoo et al. developed a tubular fixed-bed 

reactor for the direct synthesis of DME from syngas obtained by coal gasification.

For methane reforming at industrial conditions (high temperatures and pressures), 

hot-spot formation due to exothermic oxidation reactions can lead to severe catalyst 

deactivation. Process safety mainly concerns the possible occurrence ot explosions 

and runaways at high operating pressures, due to homogeneous gas-phase 
reactions. The same also applies to DME synthesis in a single step, the problem 

here is to match the optimum ratio of hydrogenation ability and dehydration ability 

of the catalyst. In order to gain insight into these phenomena and to obtain suitable 

conditions for DME production from biogas through synthesis gas, detailed reactor 

modelling is required for the ATR and DME reactor and the preliminary design lor 

biogas-DME process studied in details in chapter 4.

1.9 Feasibility Study of DME as Small Scale Energy Storage System
The objective here is to enable the conceptualisation and evaluate different process 

flowsheets which include the reaction, separation, and heat integration subsystems 

such that the operating costs in terms of energy input are minimized. This approach 

can also be used to study the feasibility of DME production from biogas for small 

scale energy storage applications.

At this preliminary stage of design, conceptual flowsheeting for the process is 

essential l05. Each flowsheet is described in terms of the types of equipment (reactor, 

heat exchanger, and separator) in it and how they are interconnected.
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Natural gas is clean and available around the world and it is a good substitute for oil, 

but difficulties occur when transporting it from the producing locations. The 

challenge is to find the best way to distribute natural gas to markets and customers. 
Liquid fuels are cheaper to transport and distribute to markets. These fuels can be 

used as standalone fuel or blended with existing crude oil or product streams. 
Methane conversion to liquid products not only adds value, but is capable of 

producing products that could be sold or blended into refinery stock as superior 

products with less pollutants. DME is easily liquefied under light pressure. It can be 

distributed and stored by using similar methods of storage and handling as LPG 

fuels, which means that DME is cheaper in storage than ENG.

Conversion of methane and carbon dioxide, from cheap and abundant carbon- 

containmg resources (biogas), into useful products with high calorific value is an 

important area of catalytic processes. Methane reforming with carbon dioxide is an 

important process because it produces synthesis gas with low H2/CO ratio, which can 
be used for production of liquid hydrocarbons such as Fischer-Tropsch and dimethyl 

ether synthesis. This reaction has also very important environmental benefits because 
both methane and carbon dioxide are greenhouse gases which may be converted into 

valuable feedstock. In the production of DME from biogas, analysis of different 
alternatives will be carried out. The energy efficiency of DME production will be 

strongly affected by technology developments. For example, the separation process 
to reach the final product, is an energy consuming and reduces the energy efficiency 
for the whole process. The simulation program Aspen Plus was used to construct the 

process model and simulations which were performed to investigate different 

conditions for an integrated cyclohexane dehydrogenation system with DME 

synthesis. The process model for the integrated system consisted of Dry reformer, 
compressor, heat exchangers, absorber, flash drum, distillation, etc., Several 

simulations were performed varying the biogas composition, the separation process 
for the products, the amount of heat recovered from DME reactor and the recycle of 

unreacted gases. Proposed flow sheets for DME synthesis are shown in figure (A.l) 

to figure (A.20) of Appendix A.

The results from the simulations are displayed in table (1.6) which shows the main 

factors that affect the DME synthesis process and how it reflect on the efficiency of
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the process as energy storage system. Alwin and Krosnick indicated that different 

tasks lead to significantly different latent structures among the variables. The 

simulation results ranked according to their DME yield and the energy efficiency. 

From table (1.6), it can be seen that option 8 is ranked first out of the 20 options with 

76% energy efficiency, followed by option 9, option 14, option 17, etc..

Table (1.6): Simulation results and their rank

ch4
conversi

on

CO
conversi

on

DME
yield

DME
purity

Energy
efficiency

DME
yield*E.E.

rank
DME
yield*
E.E.

Option 1 95.19 8.05 10.63 2.82 59 627.17 20

Option 2 95.19 74.83 49.54 24.04 31.45 1558.033 11

Option 3 95.19 8.05 10.63 2.82 88.67 942.5621 18

Option 4 95.19 74.83 49.54 24.04 44.57 2207.9978 6

Option 5 95.19 69.5 41.92 70.84 37 1551.04 13

Option 6 98.67 71.6 42.92 74.28 36.2 1553.704 12

Option 7 95.19 71.78 44.68 79.7 25.21 1126.3828 17

Option 8 95.19 74.58 48.16 23.67 76 3660.16 1

Option 9 95.19 74.58 48.16 27.75 64 3082.24 2

Option 10 99.71 55.42 27.62 23.76 49.3 1361.666 15

Option 11 92.35 87.45 59.73 18.03 25.35 1514.1555 14
Option 12 92.74 71.75 52.86 95.71 38.53 2036.6958 8

Option 13 99 35.49 61.67 95.44 41.27 2545.1209 5

Option 14 49.9 68.18 45.1 14.26 60 2706 3

Option 15 49.9 68.18 45.1 17.15 46.8 2110.68 7

Option 16 21.68 52.97 35.07 11.03 23.53 825.1971 19

Option 17 33.28 62.17 41.14 9.5 63.3 2604.162 4

Option 18 33.28 62.17 41.14 10.42 43.9 1806.046 10

Option 19 13.9 44.33 29.35 6.64 39.2 1150.52 16

Option 20 90.7 74.75 47.92 95.6 38.01 1821.4392 9

For small scale operation in terms of economics there is a significant advantage to be 

gained by using pre-compressed biogas feed. In option 4 the energy efficiency 

increased from 31% (option 2, uncompressed biogas) to 44.57% (pre-compressed 

biogas)
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It can be seen that two stage DME synthesis (option 1 and option 3) achieved 20th 

and 18th order, respectively. This can be attributed to the equilibrium limitations of 

MeOH synthesis. In one step DME synthesis (option 4), the DME yield is increased 

by 366 % over the two stage DME synthesis.

From option 5 and 6 it is clear that in terms of energy efficiency there is no 

difference of recycling the unreacted gas to reformer or to DME reactor, but in terms 

of capital cost it is better to recycle the gases to DME reactor. Because if the gases 

are recycled to reformer, the reformer and DME volume reactors will increase and 

therefore the capital cost will increase, but in DME case only the DME reactor 

volume is increased.

The difference between option 7 and option 4 is that the resultant stream from the 

DME reactor is passed through multiple purification units to obtain the final product 

(DME) and recycle of the unreacted gases. From this, we can see that the separation 

process is energy consuming in which the efficiency decreased from 44.57 A to 

25.21%.

One step DME synthesis is a highly exothermic reaction because combined MeOH 
synthesis and DME synthesis in the same reactor increase the equilibrium conversion 

and produces more heat. The energy efficiency of this process (option 4) is 44.57 %; 

this efficiency is achieved without any separation process for the product stream. The 

low value of efficiency is referred to the heat losses from the DME reactor in which 

the produced heat from DME reactor cannot be used as a useful heat for reformer 

reactor in which in thermodynamic the heat should transfer from the high 

temperature to the low temperature. In order to use and recover this waste heat a 

(catalytic) chemical heat pump can be used to transfer this heat to lower reaction 

temperature system.

Many studies have been concerned on improving the effectiveness of energy usage 

through catalytic chemical heat pump by taking the advantage of heat from reversible 

catalytic reactions. For example, the hydrogenation/dehydrogenation of
isopropanol-acetone system or cyclohexane- benzene system 4. In this work, a 

chemical heat pump is proposed and investigated using the cyclohexane
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dehydrogenation reaction absorbing heat at (270 °C) and the DME reactor releasing 

heat at (280 °C) (from option 8 to option 20). The operating principles of the 

proposed heat pump represented in the following reactions:

3CO+3H2=DME+Q

C6H12=C6H6+3H2-Q

The difference between option 12 and option 9 is that in option 12 the resultant 

streams from the DME reactor and cyclohexane reactor are passed through several 

purification units before reaching the final product (DME and benzene). However, in 

option 9 DME is easy separated from C02 because DME is soluble in both 

cyclohexane and benzene and the mixture of these products could be used as a 

feedstock for a refinery. From this, we can see that the separation process is energy 

consuming in which the efficiency decreased from 64% in option 9 to 38.58%.

In option 12, 45% of the heat produced from the DME reactor is used in cyclohexane 
dehydrogenation reactor, in order to use all the heat we increased the amount of 

cyclohexane from 1 kmol/hr to 2 kmol/hr (option 13). In this case, the energy 
efficiency increased from 38.58% in option 12 to 41.27%. It is clear that in terms of 

energy efficiency, there is no big difference between these two options. Moreover, in 

terms of capital cost, increasing the feed flow rate of cyclohexane means an increase 

in the volume of evaporator, reactor and separation units and therefore increase the 

capital cost.

If we use a different composition of the biogas feed (C02 to CH4 ratio), 1, 0.5 and 

0.333, option 8, option 14 and option 17, respectively, the DME yield is 48.1%, 

45.1% and 41.14%, respectively. It is clear that as the C02 to CH4 ratio decreases the 

DME yield decreased.

As a result, it can be concluded that it is feasible to produce DME with integration 

with chemical heat pump system as a small scale energy storage system.
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1.10 Research Objectives
Currently great attention is paid to DME because of its attractive properties as a 

potential clean fuel for diesel engines. Until now, industrial DME is produced from 

MeOEl dehydration in a two stage process. As discussed before single stage DME 

synthesis from biosources is a big challenge particularly when considering the 

development of a catalyst system that will enable the production of DME at a small 

scale for energy storage applications. This represents the main aim of this study. In 

order to achieve this, the following approach was used:

• Producing biogas from biomass feedstock such as grass silage through AD.

• Development of a mathematical model for methane reforming and DME 

synthesis using the gas composition identified before.

• Preliminary' design of reformer using the biogas produced from AD.

• Preliminary design of combined syngas and DME production.

• Investigation of the factors affecting methanol synthesis.

• Investigation of the kinetics of the water gas shift reaction and the etfect of gold 

based catalysts on methanol synthesis.
• Investigation of the stability of CuO/ZnO/Al203 catalyst for methanol synthesis.

• Investigation of the factors affecting direct DME synthesis.

• Investigation of the energy efficiency of direct DME synthesis from biogas.

• Construction of a process model for DME synthesis and to evaluate the impact of 

integrating cyclohexane dehydrogenation system with DME synthesis for heat 

recovery.
• Investigation of methods for maximizing energy efficiency for DME synthesis as 

energy storage system.

1.11 References
1. Malcolm Wicks MP, Energy Security: A national challenge in a changing 

world, August 2009.
2. Sir John Houghton, Global Warming: The Complete Briefing, Fourth Edition

(2009).
3. IPCC First Assessment Report 1990 (FAR).

41



Chapter 1 Introduction

4. 1PCC Second Assessment Report: Climate Change 1995 (SAR).

5. IPCC Third Assessment Report: Climate Change 2001 (TAR).
6. IPCC Fourth Assessment Report: Climate Change 2007 (AR4), Summary for 

Policymakers.
7. Sascha Mtiller-Kraenner, Energy Security, Verlag Antje Kunstmann GmbH, 

Munchen, 2007.
g http://en.wikipedia.org/wiki/Energv policy of the European Union , visited 

Jan 2010.
9. White-paper, COM, European transport policy for 2010: time to decide,

2001.

10. Green-paper, COM, Towards a European strategy for the security of energy 

supply, 2000.
11. Directive 2003/30/EC of the European Parliament and of the Council of 8 

May 2003 on the promotion of the use of biofuels or other renewable fuels 

for transport. Official Journal of the European Parliament L May 2003; 

123(42).
12. Energy White Paper of February 2003 on Our energy future - creating a low 

carbon economy.
13. Low Carbon Transition Plan Carbon Budgets Fact Sheet, 15 July 2009.

http://www.decc.gov.uk/en/content/cms/news/pn081/pn081 .aspx , visited Jan

2010.

14. T. A. Semelsberger, R. L. Borup, H. L. Greene, “Dimethyl ether (DME) as an 

alternative fuel,” Journal of Power Sources 156 (2006) 497.
15. A. Demirbas, Present and Future Transportation Fuels, Energy Sources, Part 

A, 30(2008) 1473.
16. http://en.wikipedia.org/wiki/Fossil fuel, visited Jan 2010.
17. http://www.darvill.clara.net/altenerg/nuclear.htm#renewable , visited Jan

2010.

18. http://en.wikipedia.org/wiki/Nuclear power, visited Jan 2010.
19. http://www.bbc.co.uk/climate/adaptation/nuclear power.shtml , visited Jan

2010.

20. http://timeforchange.org/pros-and-cons-of-nuclear-power-and-sustainability ,

visited Jan 2010.
21. http://en.wikipedia.org/wiki/Geothermal power , visited Jan 2010.

42



Chapter 1 Introduction

22. http://www.darvill.clara.net/altenerg/geothermal.htm , visited Jan 2010.

23. httD://www.hhc.co.uk/climate/adaptation/wind power.shtml , visited Jan 

2010.

24. J. Andrews, N. Jelley, Energy science: principles, technologies, and impacts, 

Oxford university press, 2007.
25. http://en.wikipedia.org/wiki/Solar power, visited Jan 2010.

26. http://en.wikipedia.org/wiki/SEGS , visited Jan 2010.
27. http://en.wikipedia.org/wiki/Rancho Cielo Solar Farm , visited Jan 2010.

28. httn://www.bbc.co.uk/climate/adaptation/solar power.shtml , visited Jan

2010.

29. http://en.wikioedia.org/wiki/Wind power , visited Jan 2010.
30. http://www.energvsavingtrust.org.uk/Generate-your-own-energy/Wind:

turbines , visited Jan 2010.
31. Bio-methane fuelled vehicles — John Baldwin CNG Services, C laverton 

Conference: 24th Nov 08. http://www.claverton-energv.com/bio-methane! 

fuelled-vehicles-iohn-baldwin-cng-services.html, visited Jan 2010.

32. http://en.wikipedia.org/wiki/Hvdropower , visited Jan 2010.
33. http://www.hhc.co.uk/climate/adaptation/water.shtml, visited Jan 2010.

34. http://en.wikipedia.org/wiki/Tidal power , visited Jan 2010.
35. http://www.darvill.clara.net/altenerg/tidal.htm , visited Jan 2010.

36. http://en.wikipedia.org/wiki/Wave power , visited Jan 2010.
37. http://www.darvill.clara.net/altenerg/wave.htm , visited Jan 2010.
38. 78 http://www.childrensuniversitv.manchester.ac.uk/interactives/science/ener

gy/discovermore/advantages.pdf, visited Jan 2010.
39. http://www.biomassenergycentre.org.uk (Biomass energy center). , visited 

Jan 2010.
40. J. Blin, G. Voile, P. Girard, T. Bridgwater, Dietrich Meier, Biodegradability 

of biomass pyrolysis oils: Comparison to conventional petroleum fuels and 

alternatives fuels in current use. Fuel 86 (2007) 2679.
41. V. N. Gunaseelan, Anaerobic digestion of biomass for methane production, a 

review. Biomass and Bioenergy 13(1/2) (1997) 83.

43



Chapter 1 Introduction

42. Biogas use in developing countries and the UK, Centre for Alternative

Technology, Machynlleth, Powys,

http://www.cat.org.uk/information/pdf/Biogas.pdf

43. http://en.wikipedia.org/wiki/Biogas , visited Jan 2010.
44. 44.http://www.renewableenergvworld.com/rea/news/article/2009/08/biomass-

biogas-advances-in-the-uk , visited Jan 2010.

45. 45.http://www.face-
online.org.uk/resources/factsheets/discovering/anerobic%20digestion%20and

%20biogas.doc , visited Jan 2010.
46. P. Weiland, Biogas production: current state and perspectives, Appl 

Microbiol Biotechnol (2009).
47. National Non-Food Crops Centre (NNFCC) Renewable Fuels and Energy 

Factsheet, November 2009.
48. http://en.wikipedia.Org/wiki/Cogeneration#cite note-0 , visited Jan 2010.

49. T. Wang, J. Wang, Y. Jin, Slurry Reactors for Gas-to-Liquid Processes: A 

Review, Ind. Eng. Chem. Res. 46 (2007) 5824.
50. J. R. Rostrup-Nielsen, Syngas in perspective. Catalysis Today 71 (2002) 243
51. T. R. Keshav, S. Basu, Gas-to-liquid technologies: India's perspective. Fuel 

Processing Technology 88 (2007) 493.
52. P. K. Bakkerud, Update on synthesis gas production for GTE, Catalysis 

Today 106 (2005) 30.
53. Q. Jing, H.Lou, J. Fei, Z.Hou, X. Zheng, Syngas production from reforming 

of methane with CG2 and 02 over Ni/SrO-Si02 catalysts in a fluidized bed 

reactor, International Journal of Hydrogen Energy 29 (2004) 1245.

54. V. R. Choudhary, K. C. Mondal, C02 reforming of methane combined with 

steam reforming or partial oxidation of methane to syngas over NdCo03 

perovskite-type mixed metal-oxide catalyst. Applied Energy 83 (2006) 1024.

55. V. R. Choudhary, K. C. Mondal, and T. V. Choudhary, C02 Reforming of 

Methane to Syngas over CoOx/MgO Supported on Low Surface Area 

Macroporous Catalyst Carrier: Influence of Co Loading and Process 

Conditions, Ind. Eng. Chem. Res. 45 (2006) 4597.
56. S. Liu, G. Xiong, H. Dong, W. Yang, Effect of carbon dioxide on the reaction 

performance of partial oxidation of methane over a LiLaNi0/y-Al203 catalyst 

Applied Catalysis A: General 202 (2000) 141.

44



Chapter 1 Introduction

57. A. Effendi, Z.-G. Zhang, K. Hellgardt, K. Honda, T. Yoshida, Steam 

reforming of a clean model biogas over Mi/A^Ch in fluidized- and fixed-bed 

reactors, Catalysis Today 77 (2002) 181.
58. X. E. Verykios, Catalytic dry reforming of natural gas for the production of 

chemicals and hydrogen. Int J Hydrogen Energy 28 (2003) 1045

59. D. Qin, J. Lapszewicz, X. Jiang, Comparison of Partial Oxidation and Steam- 

C02 Mixed Reforming of CH4 to Syngas on MgO-Supported Metals, Journals 

of Catalysis 159 (1996) 140
60. Q. S. Jing, X.M. Zheng, Combined catalytic partial oxidation and C02 

reforming of methane over Zr02-modified Ni/Si02 catalysts using fluidized- 

bed reactor. Energy 31(2006) 2184.
61. M.E.E. Abashar, Coupling of steam and dry reforming of methane in catalytic 

fluidized bed membrane reactors. International Journal of Hydrogen Energy 

29 (2004) 799.
62. M. M.V.M. Souza, M. Schmal, Autothermal reforming of methane over 

Pt/Zr02/Al203 catalysts. Applied Catalysis A: General, 281 (2005) 19.

63. P. Lv, Z. Yuan, C. Wu, L. Ma, Y. Chen, N. Tsubaki, Bio-syngas production 

from biomass catalytic gasification. Energy Conversion and Management 48 

(2007)1132.
64. S.-H. Lee, W. Cho, W.-S. Ju, B.-H. Cho, Y.-Ch. Lee, Y.-S. Baek, Tri

reforming of CH4 using C02 for production of synthesis gas to dimethyl 

ether. Catalysis Today, 87 (2003) 133.
65. C. Song, W. Pan, Tri-reforming of methane: a novel concept for catalytic 

production of industrially useful synthesis gas with desired H2/CO ratios. 

Catalysis Today 98 (2004) 463.
66. T. Ogawa, N. Inoue, T. Shikada, Y. Ohno, Direct Dimethyl Ether Synthesis, 

J. Nat. Gas Chem., 12 (2003) 219.
67. O. Yotaro, Y. Masahiro, S. Tsutomu, I. Osamu, O. Takashi, I. Norio, New 

Direct Synthesis Technology for DME (Dimethyl Ether) and Its Application 

Technology, JFE technical report No. 8 (Oct. 2006).

68. The Bio-DME Project, Non-confidential version (April 2002).

69. M. Jia, W. Li, H. Xu, S. Hou, Q. Ge, An integrated air-POM syngas/dimethyl 

ether process from natural gas. Applied Catalysis A: General, 233 (2002) 7.

45



Chapter 1
Introduction

70. Y. Ohno, H. Yagi, N. Inoue, K. Okuyama, S. Aoki, Slurry Phase DME Direct 

Synthesis Technology, Natural Gas Conversion Symposium (2007).
71. W. Cho , T. Song , A. Mitsos, J. T. McKinnon, G. H. Ko, J. E. lolsma, D. 

Denholm , T. Park, Optimal design and operation of a natural gas tn- 

reforming reactor for DME Synthesis, Catalysis loday 139 (2009) 261.
72. T. Wang, J. Chang, Y. Fu, Q. Zhang, Y. Li, An integrated biomass-derived 

syngas/dimethyl ether process, Korean J. Chem. Eng., 24(1) (2007) 181.
73. Y. Lv, T. Wang, C. Wu, L. Ma, Y. Zhou, Scale study of direct synthesis of 

dimethyl ether from biomass synthesis gas, Biotechnology Advances 27 

(2009) 551.
74. J. Hu, Y. Wang, C. Cao, D. C. Elliott, D. J. Stevens, J. F. White, Conversion 

of Biomass Syngas to DME Using MicroChannel Reactor, Ind. Eng. Chem. 

Res., 44 (2005) 1722.
75. J.-W. Bae, H. S. Potdar, S.-H. Kang, K.-W. Jun, Coproduction of Methanol 

and Dimethyl Ether from Biomass-Derived Syngas on a Cu-ZnO-ABOa/y- 

AI2O3 Hybrid Catalyst, Energy & Fuels 22 ( 2008) 223.
76. Y.D. Yoo, S. J. Lee, Y.Yun, Synthesis of dimethyl ether from syngas 

obtained by coal gasification, Korean J. Chem. Eng., 24(2) (2007) 350.
77. H. Yuanyuan, Z. Haitao, Y. Weiyong, F. Dingye, Modeling and Simulation 

of Production Process on Dimethyl Ether Synthesized from Coal-based 

Syngas by One-step Method, Chinese Journal of Chemical Engineering, 17( 1) 

(2009) 108.
78. Y. Ohno, M. Omiya, Coal conversion into dimethyl ether as an innovative 

clean fuel, 12th ICCS-November (2003).
79. E. F. Sousa-Aguiar, L. G. Appel, C. Mota, Natural gas chemical 

transformations: The path to refining in the future. Catalysis Today 101 

(2005) 3.
80. J. McCandless, DME as an Automotive Fuel: Technical, Economic and 

Social Perspectives Energy Frontiers Conference, 2001.

R1 http://www.aboutdme.ora, visited March 2007.
82. A. Basu, J.M. Wainwright, DME as a Power Genaration Fuel: Performance in

Gas Turbines, Petrotech Conference (2001).
83. Jean-Paul Lange, Methanol synthesis: a short review of technology 

improvements, Catalysis Today 64 (2001) 3.

46



Chapter 1 Introduction

84. K.M. Vanden Busshe, G. F. Froment, A steady-state kinetic model for 

methanol synthesis and the water gas shift reaction on a commercial 

Cu/ZnO/Al203 catalyst. Journal of Catalyst 161(1996) 1.
85. J. Skrzypek, M. Lachowska, H. Moroz, kinetics of methanol synthesis over 

commercial copper/zinc oxide/alumina catalysts, chemical engineering 

science 46 (11) (1991) 2809.
86. K. Klier, V. Chatikavanij, R. G. Herman, G. W. Simmons, J. Catal. 74 (1982) 

343.
87. M.Sahibzada, I. S. Metcalfe, D. Chadwick, Methanol Synthesis from 

CO/CO2/H2 over Cu/Zn0/Al203 at Differential and Finite Conversions, 

Journal of catalysis 174 (1998) 111.
88. M. V. Twigg, Catalyst handbook, Manson Publishing Ltd, second edition, 

1996.
89. Harold H. Rung, Deactivation of methanol synthesis catalysts - a review, 

Catal. Today 11 (1992)443.
90. P. C. K. Vesborg, I. Chorkendorff, I. Knudsen , O. Balmes , J. Nerlov, A.M. 

Molenbroek, B. S. Clausen, S. Helveg, Transient behavior of Cu/ZnO-based 

methanol synthesis catalysts, Journal of Catalysis 262 (2009) 65.

91. X.-M. Liu, G. Q. Lu, Z.-F. Van, J. Beltramini, Recent Advances in Catalysts 

for Methanol Synthesis via Hydrogenation of CO and CO2, Ind. Eng. Chem. 

Res. 42 (2003)6518.
92. R. Burch, S.E. Golunski, M.S. Spencer, The Role of Copper and Zinc Oxide 

in Methanol Synthesis Catalysts. J. Chem. Soc., Faraday Trans. 86 (1990) 

2683.
93. N.-Y. Topsoe and H. Topsoe, On the nature of surface structural changes in 

Cu/ZnO methanol synthesis catalysts. Top. Catal. 8 (1999) 267.
94. B.S. Clausen, H. Topsoe, In Situ high pressure, high temperature XAFS 

studies of Cu-based catalysts during methanol synthesis, Catal. Today 9 (1/2) 

(1991)189.
95. I. Kasatkin, P. Knurr, A. Kniep, B. Trunschke and T. Ressler, Role of Lattice 

Strain and Defects in Copper Particles on the Activity of Cu/ZnO/AbOs 

Catalysts for Methanol Synthesis, Angew. Chem. 119 (38) (2007) 7465.

96. M.M. Viitanen, W.P.A. Jansen, R.G.v. Welzenis, H.H. Brongersma, D.S. 

Brands, E.K. Poels and A. Bliek, Cu/ZnO and Cu/ZnO/Si02 Catalysts

47



Chapter 1 Introduction

Studied by Low-Energy Ion Scattering, J. Phys. Chem. B Condens. Phase 103 

(29) (1999) 6025.
97. J.D. Grunwaldt, A.M. Molenbroek, N.Y. Topsoe, H. Topsoe and B.S. 

Clausen, In Situ Investigations of Structural Changes in Cu/ZnO Catalysts, J. 

Catal. 194 (2000)452.
98. X. Guo, L. LI, S. Liu, G. Bao, W. Hou, Preparation of CuO/ZnO/AliOs 

catalysts for methanol synthesis using parallel-slurry-mixing method, J Fuel 

Chem. Technol. 35(3) (2007) 329.
99. J. H. Flores, G. Solorzano, M. I. Pais da Silva, Effect of aluminum on the 

morphological and textural properties of CuO—ZnO/H-Femerite, Applied 

Surface Science 254 (2008) 6461.
100. M.S. Spencer, The role of zinc oxide in Cu/ZnO catalysts for 

methanol synthesis and the water-gas shift reaction, Topics in Catalysis 8 

(1999) 259.
101. D. Gielen, F. Unander, Alternative Fuels: An Energy Technology 

Perspective, International Energy Agency, ETO/2005/01, March 2005.
102. Fuel DME promotion plant is ready to make its first delivery in

January 2009.
103. http://www.jfe-holdings.co.jp/en/dme/02-seizo.html, visited March

2007.
104. R. H. de Smet, M. H. J. M. de Croon, R. J. Berger, G. B. Marin, J. C. 

Schouten, Design of adiabatic fixed-bed reactors for the partial oxidation of 

methane to synthesis gas. Application to production ol methanol and 

hydrogen-for-fuel-cells, Chemical Engineering Science 56 (2001) 4849.

105. A. N. Mpela, A process synthesis approach to low-pressure 

methanol/dimethyl ether co-production from syngas over gold-based 

catalysts, PhD Thesis, 2008.
106. N. Kariya, A. Fukuoka, T. Utagawa b, M. Sakuramoto, Y. Goto, M. 

Ichikawa, Efficient hydrogen production using cyclohexane and decalin by 

pulse-spray mode reactor with Pt catalysts, Applied Catalysis A. General 247 

(2003) 247.
107. L. I. Alia, A.-G. A. Alia, S. M. Aboul-Fotouha, A. K. Aboul-Gheit, 

Dehydrogenation of cyclohexane on catalysts containing noble metals and

48



Chapter 1 Introduction

their combinations with platinum on alumina support. Applied Catalysis A: 

General 177(1999) 99.
108. S. Satyapal, R. J. Hall, C. C. Evans, Dehydrogenation of Isopropanol 

for Utilization of Waste Heat: A Chemical Heat Pump for Heat and/or 

Hydrogen Storage and Transport, IEEE (1996) 775.
109. F. Karaca, O. Kincay, E. Bolat, Economic analysis and comparison of 

chemical heat pump systems, Applied Thermal Engineering 22 (2002) 1789.
110. M. Granovskii, I. Dincer, M. A. Rosen, I. Pioro, Exergy analysis of a 

system using a chemical heat pump to link a supercritical water-cooled 

nuclear reactor and a thermochemical water splitting cycle, 
http://www.icenes2007.org/icenes Droceedings/manuscripts.pdf/Session%20

11/EXERGY.pdf, visited Jan 2010.
111. N. Meng, S. Shinoda, Y. Sailo, Improvements on thermal efficiency 

of chemical heat pump involving the reaction couple of 2-propanol 

dehydrogenation and acetone hydrogenation, Int. J. Hydrogen Energy, 22(4) 

(1997) 361.
112. I. KlinSoda, P. Piumsomboon, Isopropanol-acetone-hydrogen 

chemical heat pump: A demonstration unit, Energy Conversion and 

Management 48 (2007) 1200.
113. M. Granovskii, I. Dincer, M. A. Rosen, I. Pioro, Thermodynamic 

Analysis of the Use a Chemical Heat Pump to Link a Supercritical Water- 
Cooled Nuclear Reactor and a Thermochemical Water-Splitting Cycle for 

Hydrogen Production, Journal of Power and Energy Systems 2(2) (2008) 

756.
114. V.N. Parmon, Catalytic technologies for energy production and 

recovery in the Future, Catalysis Today 35 (1997) 153.

49



Chapter 2 

Experimental



Chapter 2 Experimental

2.1 Experimental and Materials for Biogas Production

2.1.1 Materials

2.1.1.1 Inoculum
The inoculum used to inoculate the BMP (Biochemical Methane Potential) reactors 

and armfield digesters was from a mesophilic anaerobic digester from the Agri-food 

and Biosciences Institute (AFBI) treating cow manure. Prior to inoculation into the 

equipment, the inoculum was first sieved through a 1mm mesh to remove any 

entrained solids or particulates. The sieved inoculum was analysed using the standard 

methods to determine the Volatile solids (VS) Total suspended solids (TSS) Soluble 

and chemical oxygen demand (COD).

2.1.1.2 Grass Silage
The grass silage was obtained from an agricultural college from the Republic of 

Ireland. Upon receiving the effluent the liquid was sieved through a 1mm mesh to 

remove any entrained solids or detritus. The total volume of idtered effluent was 

collected into a drum container and vigorously mixed to be homogenised. At this 

stage a sample was taken to determine the COD, pH, volatile fatty acid (VFA) and 

alkalinity. The pH at this stage was quite low so IN NaOH was added to bring it up 

to pH 7 and then immediately frozen and kept at -20 °C in the freezer to prevent 
degradation. Before analysis and feeding to the reactor, the samples were allowed to 

defrost overnight.

2.1.2 Experimental Setup
2.1.2.1 Biochemical Methane Potential (BMP)
Figure (2.1) shows the BMP setup and Figure (2.2) shows schematic diagram of 

BMP reactor. As shown in the figure, four units were set up, one containing 

inoculum alone (sludge) (Rl), one with cellulose as a reference (R2), one containing 

silage with substrate to inoculum (S/I) ratio of 1 and one containing silage with (S/I) 

ratio of 1.5 (R4). In the test runs it was not practical to run triplicate sludge blanks 

due to equipment restrictions. The BMP tests were carried out once due to equipment 

availability, usually the blank assay is carried out in triplicate. Each assay was 

performed in a 1 1 reactor. A blank assay (only inoculum) is used to determine 

methane production resulting from inoculum itself and control assay (cellulose) as a 

reference to test the quality of the inoculum by comparing the results with other
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studies. The same amount of inoculum was added to each reactor. The inoculum was 

kept homogenous by continuous mixing. An appropriate amount of cellulose was 
added to R2 with inoculum to cellulose VS-ratio of 2:1, silage to inoculum ratio of 

1:1 (COD silage to inoculum) in R3 and silage to inoculum ratio of 1.5:1 (COD 

silage to inoculum) in R4. All reactors were filled with distilled water up to 1.5 kg 

weight and 3g/l of NaHC03 was added as a buffer. 1.5 ml of trace minerals was 

added to each reactor to improve the anaerobic reactors performance.

Figure (2.1): BMP a) batch reactors in water bath and b) biogas collectors
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Finally, the tops were placed on the reactors and the headspace flushed with nitrogen 

to remove 02 to enhance the anaerobic conditions in the reactors and then closed and 

connected to the gas collectors. These assays were continuously stirred and 

immersed in a temperature controlled water bath at 38 °C. The gases were piped 

from the reactors to the gas collectors as shown in the figure. This gas was then 

periodically tapped off for analysis using the gas analyser. The gas production 

volume and composition were recorded on a daily basis. At the same time the 

temperature and pressure were noted so the gas volumes were adjusted to standard 

temperature and pressure (STP: 0 °C and 1 bar) for comparison with other studies. 

The batch reactors were incubated until there was no further gas produced. Methane 

potentials were calculated as nf CTf/kg COD added in case of silage substrate and 

m3 CH4/kg VS added in case of cellulose substrate with CH4 of the inoculum 

subtracted. Once a week, a 5ml sample of each reactor was taken to analyse for, TS, 

VS, COD, pH and alkalinity.

Biogas
Sampling •+

BMP
Reactor

Biogas
Collector

Water Bath

Figure (2.2): Schematic Diagram of BMP Reactor

2.1.2.2 Armfield Digesters Unit 

2.1.2.2.1 Armfield Equipment
Figure (2.3) gives a schematic representation for the laboratory-scale armfield 

digesters. The unit has two 5 1 upward-flow packed bed reactors with feed rate and 

temperature control facilities to allow continuous operation at up to 7 1/d. A packed
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section of 4.3 1 capacity in each reactor promotes good mixing of the feed with the 

biomass charge. The reactors may be operated in series or in parallel. The flow rates 

to the vessels are set and controlled by calibrated peristaltic pumps. 1 he temperature 

of each reactor is controlled by an electric heating mat wrapped around the external 

wall. The temperature distribution within each reactor is maintained at ±0.5 °C. 

Reactor temperatures may be separately set at any desired value within a range 

ambient to 55 °C.

Gas Collection No2Gas Collection No 1

Reactor No 1

Dram—► Drain

Syphon Break

From 40 Litre 
Feed Tank 
(not supplied)

II To 40Litre
——1 Product Tank

(not supplied)

(g$) Gas Sampling Point

(tS) Liquid Sampling point

DrainDrain Excess
Feed Temp 

Pump No2 Control
Feed Temp 

ControlPump No 1

Flow diagram - W8 Anaerobic Digester

Figure (2.3): Schematic diagram for armtield digesters

The biogas produced from the reactors is collected in the gas collection tanks using a 

water displacement system which has been designed to impart a small and constant 

back pressure to the reactor vessels. Water displaced by the gas overflows from the 

base of the vessel into the trough of the plinth and then to drain. '

Figure (2.4) shows the armfield digesters unit that was used in our experiments. The 

reactors were operated in parallel. The influent silage was fed to first reactor (Rl) 

with recirculation of the effluent as it is seen in Figure (2.5). The second reactor (R2) 

was fed with silage influent only. In this part for each reactor three organic loading 
rate (OLR) were studied: 0.851 kgCODnT3day1.42 kgCODnvMay'1 and 1.77 

kgCODm^day'1.
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Figure (2.4): Armfield Digesters R1 & R2

0.5 l/day 0.5 l/day

COD1:8510 mg/I 

COD2:14220 mg/I 

COD3:17720 mg/I

COD1:8510 mg/I 

COD2:14220 mg/I 

CODS: 17720 mg/I

V
■>

R2

V

Figure (2.5): Schematic diagram of Armfield Digesters R1 & R2
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2.1.2.2.2 Artnfield Initial Setup
The equipment was assembled and a synthetic feed was added to promote the growth 

of the inoculum at the temperature of the experiment. This synthetic feed was 

primarily composed of glucose and other nutrients. It was fed to the reactors at a low 

feed rate, about 0.3 1/d at the start and then it was increased by 0.2 1/day. When the 

flow rate reached to 1.5 1/d, the feed was fed for another couple of days without 

further increase. This was to acclimatise the bacteria to the new conditions within the 

digesters and to increase the biomass in the reactor. The composition of the feed and 

trace metals added are shown in Table (2.1) and Table (2.2).

Table (2.1): Composition of synthetic feed.

Glucose Feed Concentration

Glucose/Sucrose 8.0 (g/1)

NH4HCO3 0.4 (g/1)

KH2PO4 0.4 (g/1)

NaHCOj 0.4 (g/1)

Trace Metal Solution A 1.0 (ml)

Trace Metal Solution B 1.0 (ml)

Table (2.2): Composition of trace metals.

Trace Metal A

MgS04.7H20 5.0 (g/1)

Trace Metal B

FeCl3 5.0 (g/1)

CaCl2 5.0 (g/1)

KC1 5.0 (g/1)

C0CI2 1.0 (g/1)

NiCl2 1.0 (g/1)
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2.1.3 Analysis Techniques and Calculations
2.1.3.1 Soluble Volatile Fatty Acid and Chemical Oxygen Demand
Soluble volatile fatty acid (VFA) and chemical oxygen demand (COD) were 

measured by Hach DR2700 Spectrophotometer (Figure (2.6)) according to method 

8196 and method 8000 in the Hach procedures manual, respectively.

Figure (2.6): Hach DR2700 Spectrophotometer 

2.1.3.2 pH and Buffering Capacity
The pH was measured with a Hanna Instruments HI 8424 microcomputer pH meter. 

Buffering capacity represents the process resistant to pH changes and is often 

referred to alkalinity. The alkalinity of the samples was measured with Mettler DL21 

Titrator. The machine was first calibrated by using two buffer solutions at pH 4, and 

pH 7. Once this was complete the sample to be tested was placed in a beaker and a 

small volume of distilled water added to bring it up to 20ml. NaCOa solution was 

added to the sample under continuous stirring until the reading was stable.
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2.1.3.3 Determination of Solids
2.1.3.3.1 Determination of Total Suspended Solids
Total suspended solids (TSS) was analysed according to standard methods for the 

examination of water and wastewater (APHA) method 2540D for total suspended 

solids. The suspended solids of the samples taken were detennined by filtration 

through a borosilicate filter. The filters were taking from a desiccator and allowed to 

attain moisture equilibrium with the air near the mass balance. The mass of the filters 

were then recorded prior to the filtration of the sample. The filter was then placed on 

top of the Buchner filter which was connected to a vacuum line. The sample volume 

was selected so that the dry residue on the filter will be in the optimum range of the 

determination which is between 5 mg and 50 mg. This volume was then recorded. 

The volume of sample was then filtered and the measuring cylinder and sides of the 

filter rinsed with approximately 20 ml of distilled water. The vacuum was released 

when the filter paper was almost dry. The filter paper was then carefully removed 

with forceps. The filter paper was then placed on a paper towel and left in an oven at 
HOC for two hours. After this period of time the filter paper was removed from the 

oven and allowed to attain equilibrium with the air surrounding the balance before 

being weighed as before. The suspended solids was calculated using the following

expression

1000 x(b-a)
p =-------- v--------

Where p = is the content of the suspended solids, in milligrams per litre mg/1

h = \s the weight of the filter after oven drying in milligrams, g 

a = is the initial weight of the filter, in milligrams, g 

F= is the volume of the sample in millilitres, ml

2.1.3.3.2 Determination of Volatile Solids
Volatile solids (VS) was analysed according to standard methods for the examination 
of water and wastewater (APHA) method 2540E for TSS. After the test tor 
suspended solids was completed the filter papers were placed in pre-weighed 

crucibles. These crucibles were then placed into another oven which had been pre

heated to 550°C. The sample was then left for a period of two hours before being re-
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weighed using a mass balance and the weight of crucible and ash recorded. The 

volatile solids and total solids were then calculated using the following equations:

Volatile Solids = (A-B) x 1000 / sample volume in ml 

Fixed Solids = (B-C) x 1000 / sample volume in ml

Where:
A = Weight (mg) of solids + dish before ignition at 550°C 

B = Weight (mg) of solids + dish after ignition at 550°C 

C = Weight (mg) of empty dish

The loss of sample mass upon ignition represents the volatile solids. The remaining 

sample after ignition represents the fixed solids.

2.2 Catalyst Preparation
2.2.1 Preparation of Ceo.5Zro.5O4 Support
Cerium-zirconium mixed oxide (Ceo.5Zro.5O4) w^s prepared via a sol—gel method. 

Nitrate precursors, Ce(N03)3.6H20 and Zr0(N03)2. xH20, were supplied by Aldrich. 

Appropriate amounts of each nitrate (to give Ce:Zr ratio of 1:1) were mixed in 

deionized water and aqueous ammonia was added drop wise until a pH value of 9 

was obtained under continuous mixing and constant temperature. After precipitation, 

the precipitate was aged at the same temperature for 1 h under continuous stirring. 

The gel thus obtained was filtered and dried at 100 °C overnight. Ihe final support 

was then obtained by calcining the powder at 500 °C for 4 hours.

To study the effect of preparation temperature, two different temperatures were used, 

namely 70 °C and room temperature. Depending on the preparation temperature, the 

samples were labelled as CeZr70 or CeZr25, respectively.

2.2.2 Preparation of 1 % Au/CeZr04
1% Au/CeZr04 was prepared via the deposition precipitation (DP) method. Different 

supports of CeZrCft (supplied by Johnson Matthey Pic (JM), CeZr70 and CeZr25) 

were used to prepare gold catalysts. A desired amount of an aqueous solution oi 

HAuCft and an aqueous solution of Na2C03 (0.05 M) were added drop wise to a
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beaker which contained CeZr04 slurried in deionized water under continuous mixing 

at 60 °C. The pH was adjusted to 8.0 during precipitation by controlling the flow 

rates of two liquids. The pH was monitored throughout by the fitraLab 856 pi 1 Stat 

Titration Workstation (Radiometer analytical). The Na2C03 solution was pumped in 

at a variable rate to maintain the pH close to 8.0 throughout the gold addition. After 

precipitation, the precipitate was aged at the same temperature for a further 1 hour 

under continuous stirring. The catalyst sample was recovered by filtration, 

thoroughly washed to remove soluble chloride and vacuum dried at room 

temperature for 6 hours.

2.2.3 Methanol Synthesis Catalyst Preparation

2.2.3.1 Material
The chemicals used in the present study were all analytical grades and supplied by 

Aldrich, UK. These were copper nitrate [Cu(N03)2-2.5H20], zinc nitrate 

[Zn(N03)2'6H20], aluminum nitrate [Al(N03)3-9H20], copper acetate 

[Cu(CH3C00)2-H20], cerium nitrate [Ce (N03)2‘6H20j, sodium carbonate 

[Na2C03], potassium carbonate [ K2CO3] and 10 wt.% ceria nanoparticles dispersed 

in water.

2.2.3.2 10 wt% Cu/Ce02 Catalyst (Co-Precipitation by Na2C03)
Copper supported on cerium oxide (10 wt% Cu/CeC^) was prepared by 

coprecipitation method. An aqueous one molal solution of Na2C03 was added drop 

wise to a beaker which contained an aqueous mixture of CufC^COO^-^O and 

Ce(N03)3-6H20 under vigorous stirring (500 rpm) at 70 °C. The pH value of the 

resulting mixture was 6. After precipitation, the precipitate was aged at the same 

temperature for 2 h under continuous stirring. The precipitate was then filtered and 

washed several times with deionized water to remove residual sodium ions and then 

the solid obtained was dried at 120 °C for 12 h and calcined at 350 C for 12 h. The 

temperature was raised to 350 °C from ambient temperature with a ramp of 

5 °C/min. For simplicity this catalyst is designated and labelled as PBlCuCe350.
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2.2.3.3 10 wt% Cu/Ce02 Catalyst (Co-Precipitation by Na2C03 Controlling the 

pH)
Copper supported on cerium oxide (10 wt% Cu/Ce02) was prepared by co

precipitation method. An aqueous mixture of Cu(CH3C00)2-H20 and 

Ce(N03)3'6H20 and an aqueous one molal solution of Na2C03 were added drop wise 

to a beaker which contained deionized water, under continuous mixing (400 rpm) at 

70 °C. The pH was adjusted to seven during precipitation by controlling the flow 

rates of two liquids. After precipitation, the precipitate was aged at the same 

temperature for 2 h under continuous stirring. The precipitate was then filtered and 

washed several times with deionized water to remove residual sodium ions and then 

the solid obtained was dried at 120 °C for 12 hrs and calcined at 350 °C for 12 hrs 

and 400 °C for 2 hrs. The temperature was raised to 350 °C from ambient 

temperature with a ramp of 5 °C/min. Depending on calcination temperature; the 

samples were labelled as PB2CuCe350 and PB2CuCe400.

2.2.3.4 10 wt% Cu/Ce02 Catalyst (Deposition-Precipitation)
10 wt% Cu/CeC>2 was prepared by deposition-precipitation (DP) method. An 

aqueous solution of Cu(N03)2.3H20 and K2CO3 was added drop wise to a beaker 

which contained ceria suspended in water, under continuous mixing (400 rpm) at 

60 °C. The pH was adjusted to seven during precipitation by controlling the flow 

rates of two liquids. After precipitation, the precipitate was aged at the same 

temperature for 2 h under continuous stirring. The precipitate was then filtered and 

washed several times with deionized water to remove residual potassium ions and 

then the solid obtained was dried at 120 °C for 12 h and calcined at 350 °C for 12 h. 

The temperature was raised to 350 °C from ambient temperature with a ramp of 

5 °C/min. Depending on the calcination temperature; the samples were labelled as 

DPCuCe350 and DPCuCe400.

2.2.3.5 Cu0/Zn0/Al203 Catalyst (Co-Precipitation by Na2C03)
The CuO/ZnO/A^Os catalyst was prepared by a conventional co-precipitation 

method with a wt% ratio of Cu0:Zn0:Al203=6:3:l. The mixed solutions of copper, 

zinc and aluminum nitrate and an aqueous solution of Na2C03 were added drop wise 

to a beaker which contained deionized water, under continuous mixing (300 rpm) at 

70 °C. The pH was adjusted to seven during precipitation by controlling the flow
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rates of two liquids. After precipitation, the precipitate was aged at the same 

temperature under continuous stirring. The precipitate was then filtered and washed 

several times with deionized water to remove residual sodium ions and then the solid 

obtained was dried at 120 °C for 12 h and calcined at 500 °C for 6 h. For simplicity 

this catalyst is designated and labelled as CZA.

In all catalysts prepared above the pH was monitored throughout by the TitraLab 856 

pH Stat Titration Workstation (Radiometer analytical).

2.2.4 Solid Acid Catalyst
The Y-AI2O3 acid function has been prepared by crushing of Y-AI2O3 pellets supplied 

by Johnson Matthey Pic. HZSM-5 zeolite acid function was prepared by calcining a 

commercial NH4-ZSM-5 zeolite (Johnson Matthey Pic.) with (SiCVAhOs^SO, 23) at 

500 °C for 4 hrs. For simplicity these catalysts are designated and labelled as 

NH4ZSM-5(80), NH4ZSM-5(23), HZSM-5(80) and HZSM-5(23).

2.2.5 Admixed Catalyst for Direct DME Synthesis
The admixed catalyst was prepared by kneading the mixture of the dry metallic 

function and the acid function powders in an agate mortar to torm homogenous 

mixture, the resultant powder was pressed to tablets and then crushed and sieved to 

the particles of 0.25-0.425 mm (in diameter) in order to avoid pore diffusional 

limitations with assumption that each particle (pellet) contained both CZA catalyst 

and solid acid catalyst.

2.3 Kinetic Study of Water Gas Shift Reaction
Kinetic measurements were carried out in a 6 mm i.d. isothermal quartz tube 

microreactor placed in ceramic tube furnace controlled by eurotherm2604 controller. 

The reactor was loaded with 75 milligram of powdered 1% Au/CeZr04 catalyst in 

between two glass wool plugs in the middle. The bed temperature was measured 

with K-type thermocouples. The gas flow rates were controlled by mass flow 

controllers (Aera). The liquid deionized water was delivered using a high 

performance liquid chromatography pump and then passed through a hot zone at 130 

°C in order to generate steam; this steam was then blended with the other gas to 

create the required mixture with a total flow rate 50 cm / mm.
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The catalyst was activated ‘in situ’ by heating the bed to 90 °C under He with a ramp 

rate of 1 °C min'1. Then, the WGS mixture was fed to the reactor and samples 

collected every 25 mins. The temperature was increased continuously until it reached 

required temperature and then remained at that temperature.

On-line analysis of the reactants and products was performed using a Perkin Elmer 

Auto System XL ARNEL gas chromatograph equipped with a thermal conductivity 

detector (TCD). A HayeSep DB column was used (30" x 1/8" SS packed with 

HayeSep DB 100/120 mesh), which separates CO, H2, CO2 and H2O components. 

No side reactions were observed during experimental runs. The optimal conditions 

for the oven to separate these components were: initial temperature, 85 C (5 min), 

ramp, 15 °C min’1; final temperature, 175°C (10 min). The collection and data 

analysis were done using TotalChrom software.

2.4 Catalyst Activity for MeOH and DME Synthesis
The equipment setup used in this study is represented in Figure (2.7). The Methanol 

and DME synthesis were carried out in an isothermal fixed bed reactor made of 

stainless steel with an inner diameter of 6 mm placed in ceramic tube tumace 

controlled by eurotherm2604 controller. Typically 250 mg of the catalyst in the form 

of pellets (0.25-425 mm) was placed in the centre of silicon carbide (SiC) packing 

bed (Figure (2.8)) to keep the temperature uniform through the bed and to 

prevent the movement of the catalyst because of high pressure. The middle of the 

catalyst bed temperature was measured with K-type thermocouples. The pressure ol 

the reactor was controlled by means of back pressure regulator and the syngas flow 

rate was controlled by a mass flow controller (Bromchorst UK Ltd). Before the 

reaction the catalyst was activated in situ with (5% H2/He) at 250 °C for 6 hrs under 

atmospheric pressure. After that the catalyst was exposed to the syngas mixture 
(BOC gases) contained (62% H2, 31% CO, 4% C02 and 3% Ar)6. The activity tests 

were carried out in the following conditions: a temperature range from 200 to 260 

°C, a pressure from 20 to 50 bar and a space velocity of syngas mixture of 2640 ml.h 

Vg 'cat. It was required that the lines after the reactor were heated electrically to 

temperature greater than the dew point of the outlet gas mixture to avoid 

condensation. On-line analysis of the reactants and products were measured using 

Perkin Elmer; Clams 500 Amel valved gas chromatograph, equipped with a thermal
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conductivity detector (TCD) and Auto-Ignite Flame Ionisation Detector (FID). A 

Hayesep D column was used (3m x 1/8" SS packed with HayeSep D 80/120 mesh) 

for the separation of CO, CO2, DME, MeOH, CH4, C2H4, C2H6, ethanol, propanol, 

and butanol. The samples were taken every 34 min.

Silicon
carbide

Thermocouple

15 cm

Furnace

Catalyst 33 cm

Figure (2.7): Micro Fixed bed reactor in MeOH and DME Rig

The CO conversion (Xc6) has been calculated based on the flow rate of CO in the 

feed (Fco.in) and in the outlet stream (Fco.out)'-

Xco =

^‘('Ojn 'O.oul

O.m

The selectivity to DME (Some) is determined as the ratio (expressed in mole%) 

between the content of carbon in the product DME and the sum of carbon contents 

corresponding to all the products formed that are present in the reactor outlet stream:

64



Chapter 2 Experimental

2F„ ______________ DMI-:_______________
DME r? -j- p' +2F +'V n FrC02 + rMeOH ^ Ar DMt. i

or it can be calculated as the ratio (expressed in mole%) between the content of 

carbon in the product DME and the sum of carbon contents corresponding to the 

organic products formed that are present in the reactor outlet stream:

2F^ DME_________
dme p +2F +Y n F

rMeOH + Z-r DME^Zui Ci1 i

where FDMe, FCo2 and Fmmh are the molar flow rates of DME, C02 and MeOH in the 

outlet stream, respectively, na is the number of carbon atoms for each of the 

hydrocarbons (byproducts) and F, is the molar flow rate of these hydrocarbons.
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2.5 Mass Spectrometry
A mass spectrometer is an instrument that measures the masses of individual 

molecules that have been converted into ions so that they can be moved by external 

electric and magnetic fields.* The typical mass spectrometer consists of three main 

functions: the ion source, which converts the gas to ions by impacting the neutral 

molecule by electron beam, the mass analyzer, which sorts the ions based on their 

mass to charge ratio (m/z); and ion detector, which ion flux is converted to a 

proportional electrical current and thus provides electrical signals data as a function 
of m/z and converts this information into a mass spectrum. The mam components of 

the mass spectrometer are shown in Figure (2.9)

Gas Phase Ions Ion Sorting Ion Detection

O

Figure (2.9): Components of mass spectrometer.

Because ions are very reactive and short-lived, their formation and manipulation 

must be conducted in a vacuum. The operating pressure under which ions may be 

handled is roughly 10'5 to KT8 torr, which is less than a billionth of atmospheric
9pressure.

The most widely used analyzers are magnetic sectors, quadrupole mass filters, 

quadrupole ion traps, Fourier transform ion cyclotron resonance spectrometers, and

67



Chapter 2
Experimental

time-of-flight mass analyzers. The mass spectrometer, which is in use in Cen I ACat 

laboratory, is a Hiden™ HPR-20 (Figure (2.10)).

It comes equipped with a heated quartz inlet capillary that samples gaseous feeds at 

10 sscm and a quadrupole analyser and SEM detector. The system is operated by 

MASsoft software. Typically, masses 28, 29, 44, 45, 84 a.m.u measured were 

followed at a 100 ms sampling time with the emission multiplier set at 2300 V.

Figure (2.10): Picture of Hiden HPR 20 used for the experiments in this work 

2.6 Gas Chromatography
Gas chromatography (GC) is an analytical technique used for separating and 
analyzing compounds that can be vaporised without decomposition." Typical uses 

for GC are analyzing, separating or purification of compounds. The principle of GC 

is that carries out the separation of the compounds in a mixture between a liquid 

stationary phase and a gas moving phase. Gas Chromatography (GC) is also similar 

to fractional distillation which separates the components of a vaporised sample by 

fractionation based on the boiling point of the component. The fractionation is 

brought about by a partition between the mobile gaseous phase and either a liquid or 
a solid stationary phase held in a column. In contrast to most other types of 

chromatography, the mobile phase does not interact with molecules of the sample 

and its only function is to transport the sample species through the column. The basic 

principle is based on the fact that the larger the affinity of the sample for the 

stationary phase, the longer the retention time.
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Typically, the sample in a GC is injected by a micro-syringe through a rubber

septum, which is heated at the head of the column. The sample port is usually about
- ■

50°C higher than the boiling point of the least volatile component of the sample. A 
different injection system is employed for sampling, which is more accurate and 

reproducible than the manual injection that is the rotary sample valve system with 

sample loop. With such a device, errors can be reduced significantly. 1 he sampling 

loop is filled by injection of an excess of a sample. Rotation of the valve by 45 0 then 

introduces the reproducible volume ACB into the mobile phase. Figure (2.11) shows 

this valving system.

EluentEluent to 

column
Eluent

SampleSampleSample
out

Sample

Eluent and 
sample to 
column

Figure (2.11): Rotary sample valve with sample loop.

A number of detectors are used in gas chromatography. The most common are the 

thermal conductivity detector (TCD) and the flame ionization detector (FID). Both 

are sensitive to a wide range of components, and both work over a wide range of 

concentrations. While TCD is essentially universal and can be used to detect any 

component other than the carrier gas (as long as their thermal conductivities are 

different from that of the carrier gas, at detector temperature), FID is sensitive 

primarily to hydrocarbons, and are more sensitive to them than fCD.

In this work, in the experiments conducted to study WGS reaction kinetics, Perkin 

Elmer; Auto System XL ARNEL gas chromatograph, equipped with a thermal 

conductivity detector (TCD) and a chromatography column called HayesepDB is
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used. This gives the ability to measure CO, C02 and H20 concentrations. Figures 

(2.12) and (2.13) show a picture and a schematic of GC, respectively.

Figure (2,12): Picture of GC used in this work

Flow
controller

Recorder

Column Detector

Column oven

Carrier gas

Figure (2.13): GC schematic diagram.

In methanol and DME synthesis, the on-line analysis of the reactants and products 

were measured using Perkin Elmer; Clarus 500 Amel valved gas chromatograph, 

equipped with a thermal conductivity detector (TCD) and Auto-Ignite Flame 

Ionisation Detector (FID). Hayesep D column was used (3m x 1/8 SS packed with 

HayeSep D 80/120 mesh) for the separation of CO, C02, DME, MeOFI, CH4, C2H4, 

C2H6, ethanol, propanol, and butanol. The samples were taken every 34 min.
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2.7 Brunauer-Emmett-Teller (BET) Specific Surface Area Measurements
The BET method is an analysis technique used to estimate the specific surface area 

of a material. It comes from the theory published by Stephen Brunauer, Paul Emmett 

and Edward Teller, in which the theory is an extension of the Langmuir theory. The 

Langmuir theory makes the assumption for mono-molecular adsorption, whilst the 

BET theory is assigned to multilayer adsorption. The theory has three main 

hypotheses:

1) gas molecules physisorb on a solid in layers and layers only;

2) there is no interaction between each adsorption layer;

3) the Langmuir theory can be applied to each layer.

The resulting BET isotherm equation is expressed as equation 2.1:

P _ 1 ^{C-X)P
vaM-P) VmC+ VmC P0

(2.1)

where:
Vads is the amount of gas adsorbed 
Vm is the monolayer gas quantity 

P is the equilibrium pressure 

P0 is the saturation pressure 

C is a constant (see equation 2.2)

C = exp
RT

where:
£■; is the heat of adsorption for the first layer
El is the heat of adsorption for the second and subsequent layers

(2.2)

In order to calculate the surface area the following two equations are used:

s‘-v-*v;
(2.3)
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Where:
Sa: is the area of the nitrogen molecule and Na/Va is Avogadro s number per unit 

volume of gas
SSA: is the specific surface area 

W : is the weight of catalyst

The surface area of the catalysts and/or supports where measured using a 

Micromeritics ASAP 2010 system (Figures (2.14)).'

Figure (2.14): Picture of Micromeritics ASAP 2010

The procedure of analysis involves adding approximately 100 mg of catalyst sample 

into a specially designed sample tube. Initially the catalyst was degassed under a 
suitable vacuum for 3 hours, which removes all the adsorbed gases on the surface of 

the sample. The tube was then backfilled with helium gas to prevent air from leaking 

into the tube and contaminating the sample. This dry sample was then weighed and 

the mass of catalyst noted. The dry sample in the tube was then transferred to the
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analysis port; however firstly an isothermal jacket was placed over the sample in 

order to provide a steady temperature inside the tube.

After degassing the sample, nitrogen was introduced to the sample. The sample tube 

was then immersed in liquid nitrogen. The sample was then exposed to certain 

pressure of gaseous nitrogen. The quantity of adsorbed nitrogen was determined by 

the difference in recorded pressure. This process was repeated for varying nitrogen 

partial pressures.

2.8 X-ray Diffraction
X-ray diffraction is a non-destructive technique that reveals detailed information 
about the chemical composition and crystallographic structure of natural and 

manufactured materials.

A crystal lattice is a regular three-dimensional distribution (cubic, rhombic, etc.) of 

atoms in space. These are arranged so that they form a series ot parallel planes 
separated from one another by a distance d. which varies according to the nature of 

the material. For any crystal, planes exist in a number of different orientations - each 

with its own specific ^-spacing.

Interaction of X-rays with the sample creates secondary diffracted beams ol X-rays 
with the angle (20) related to interplanar spacings in the crystalline powder according 

to a mathematical relation called Bragg’s Law. The maximum intensity of the 

diffraction maximum is also related to the strength of those diffractions in the 
specimen. X-ray data are recorded in terms of intensity as a function of 20.'

nX = 2d sin#

Where n is an integer which represents the order of the diffraction 

A. is the wavelength of the X-rays
d is the distance between two atomic planes in the crystalline phase 

0 is the diffraction angle
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By varying the angle theta, the Bragg's Law conditions are satisfied by different d 
spacing in polycrystalline materials. Plotting the angular positions and intensities of 

the resultant diffracted peaks of radiation produces a pattern, which is characteristic 

of the sample. Where a mixture of different phases is present, the resultant 

diffractogram shows a combination of the individual patterns.

Figure (2.15): PANalytical XRD instrument

X-ray diffraction experiments for all the catalysts used in the present study were 

carried out using a PANalytical X’Pert Pro X-ray diffractometer (Figure (2.15)). This 

diffractometer is equipped with a CuKa X-ray source with wavelength of 1.5405 A. 
A typical experiment entailed using the spinner module (15 rpm) to rotate the 

sample. The diffractograms were collected from 10° to 89°, with a step size of 

0.0167 ° and a scan speed of 0.2089 ° s'1. The X-ray detector was set at 40 kV and 40 

mA. Once the scan had finished, the main peaks were selected and compared to 

diffraction patterns in the software library. The pattern with the highest percentage 

match is usually the pattern which the sample was matched against.

2.9 Temperature Program Desorption (TPD)
This technique is known as temperature programmed desorption. As the temperature 

rises and a particular species is able to desorb from the surface, the pressure will rise. As 

the temperature rises still further the amount of the species on the surface will reduce 

causing the pressure to drop.
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The TPD experiments are also used to study adsorption properties with respect to the 

specific gases. The TPD begins with a gas or mixture of gases adsorbed onto a cold 

crystal surface (often a metal crystal). This surface is then heated at a controlled rate 

(programmed rate). The adsorbates will then react as they are heated and the reaction 

products desorb from the surface. A mass spectrometer or TCD detector is used to 

monitor the desorption products. The results of the experiment are the desorption rate 

of each product species versus the temperature of the surface, the TPD spectrum.

In our studies, the acidity of the samples was measured by NH3-TPD. It was 

performed using 50 mg of the catalyst after pretreatment at 500 °C for 90 mm in a 
10% 02/He or 5% H2/Ar flow. The sample was saturated with NH3 for 30 min at 150 

°C. After saturation, the sample was purged with He for 45 min to remove physically 

adsorbed NH3 on the surface of the catalyst. The temperature of the sample was then 

raised from 150 to 700 °C using a TCD detector.

2.10 Temperature Program Reduction (TPR)
The reducibility of the catalysts was investigated using T PR technique. All the TPR 

experiments were performed on a Micromeritics Autochem 2910 apparatus and the 

H2 uptake was monitored by a TCD from -50 to 700 °C under flowing 5% H2/Ar. 

Before TPR analysis, all the samples were pretreated at 500 °C under flowing 10% 

02/He, and then the temperature was decreased to -50°C under flowing Ar before 

starting the TPR experiment.

2.11 Inductively Couple Plasma Optical Emission Spectroscopy (ICP-OES)
Inductively coupled plasma atomic emission spectroscopy (ICP-OES) was used to 

determine the actual amount of metals in the calcined catalyst. The samples were 

dissolved in hydrochloric acid before analysis without any visible residues.

The elemental composition of the catalysts was determined by ICP-OES. In ICP- 

OES, plasma is used a high temperature (5000-10000 K) energy source. These 

temperatures are high enough to ionize and excite most analyst atoms. Upon 
decaying to its ground state, light is emitted because the excited ion only emits light 

of certain wavelength, so specific spectral lines are produced for each element. A
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calibration curve of spectral intensity and concentration can be used to determine the 

qualitative amount of metal loading in the catalyst.

The procedure used in this study to determine the metal content (Cu, Zn, A1 and Au) 

in all catalysts as follows: The sodium peroxide diffusion method was used to 

determine the amount of metal in the catalysts. A known amount of the catalyst 

sample (~ 20 mg) was placed in a Zr crucible and to this 1 g of sodium peroxide 

pellets were added. The crucible was then heated over a Bunsen burner in a fume 

hood until a clear solution was formed. The resulting solution was transferred to a 1 

L beaker and the pH of solution was adjusted to 6-7 by slow addition of concentrated 

HC1. Then the solution was made up to 100 cm3 in a volumetric flask by distilled 

water. The solution was analyzed by ICP Optical Emission Spectroscopy (Optima 

4300 DV, Perkin-Elmer) shown in Figure (2.16) to determine the metal concentration 

in the sample.

Figure (2.16): ICP-Optical Emission Spectroscopy (Optima 4300 DV, Perkin- 
Elmer)
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3.1 Introduction
Anaerobic digestion (AD) is a biological process in which microorganisms break 

down organic matter (substrate) in the absence of oxygen into methane and carbon 

dioxide (biogas). At present AD technology is considered to be relatively mature 

however a number of advances are being made with this area in relation to 

maximising biogas production and control of such stratums. Many organic materials 

can be decomposed with AD, including food wastes, agricultural waste, grass, 
industrial effluents sludge, animal wastes and sewage. AD is used widely in the 

wastewater treatment for the removal of organic wastes and industrial effluents, 

particularly in the food industry. The first modern biodigester was build in Bombay 

in 1859 and then in 1895 the idea was brought to England to produce biogas as a part 

of sewage treatment works/ In the UK, AD has until recently been limited to small on- 
farm digesters. However, AD is widely used across Europe and other parts in the world. 
Germany has become the largest biogas producing country in the world through AD. 
Many researchers have studied AD to produce biomethane from different feedstocks 

and using different digester types. The production of biogas through anaerobic 

digestion offers significant advantages over other conventional forms of bioenergy 
production. It has been evaluated as one of the most energy-efficient and 

environmentally beneficial technology for bioenergy production.' AD may imply 

numerous environmental advantages over other forms of waste treatment including.

• It is a low odor effluent.
• Less biomass sludge is produced in comparison with aerobic treatment.

• High degree of compliance with many national waste strategies implemented 
to reduce the amount of biodegradable waste entering landfill.4

• Source of carbon neutral energy by producing biogas,

• Renewable electricity and heat by combined heat and power in the same 

station can be produced and reducing greenhouse gas emissions, since AD 

operates in a closed system.

Biogas is a multisource feedstock, the most important factor in choosing the 

feedstock is net gross energy yield per hectare, which is defined by feedstock yield 

per hectare and then converted to methane. Energy crops (i.e. plants grown for the 

purpose of producing biofuel (energy) at low cost), crop residues and grasses are 
considered one option for methane production through AD. Grasslands play an
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important role in the global agriculture covering 69% of the world’s agricultural area 
or 26% of the total land area' and over 90% of Irish agricultural land. Recently, 

many studies are concerned using grass/grass silage as a source for renewable energy 

through biogas production. If grass is to be used as feedstock for AD for energy 

production, it should be converted to silage (i.e. forage biomass harvested in summer 

and stored anaerobically in a silage clamp under plastic sheeting, or in a silo). 

Despite its use in agriculture as a cattle feed, grass or grass silage is not a mature 
process for AD purposes and thus needs further investigation to optimize the 

operating conditions for maximum methane yield with low operating costs. 
Lehtomaki et al.' looked at AD of grass silage in batch leach bed processes for 

methane production. In another paper, Lehtomaki et al. also classified that grasses 

have the highest methane potential among potential crops for biogas production in 
northern countries as Finland. Pakarinen et al. studied the effect of storage of a 

mixture of grasses on methane yield. A British project studied the feasibility of using 

ryegrass as energy crop for conversion of methane produced to electricity; the study 
proved that the maximum feasible methane yield was 3800 m3 ha 'y which when 

converted to electricity would produce 11 .TMWe.h.ha'.y1. This value could be 

improved by the introduction of another feedstock to co-digest with ryegrass, for 

example slurry already imported for grass fertilisation. The main products of AD of 

grass are CH4:55 %, C02: 45% and traces of other contaminants (FLS, H2and N2).

The Biofuels Directive sets a target of 5.75% of all petrol and diesel used for 

transport purposes (calculated on the basis of energy content) to be replaced by 

biofuels by the end of 2010. Biogas produced through AD can be considered as a 

biofuel with high caloric value, typically 1 m3 of biogas at 55% methane has an 
energy value of 21 MJ6. One of the main uses of biogas is for electricity generation 

in which this electricity is considered a stable supply to the grid Currently, most of 

the electricity in Northern Ireland is generated from fossil fuels. However, it has been

estimated that if all the slurry from housed livestock was used for AD, approximately
87% of Northern Ireland’s electricity demand could be generated.

One of the main applications of biogas also is when used as a fuel. Smyth et al. 

compared the net energy of the grass to biomethane system with other energy crops 
and they found that grass has higher gross energy than rapeseed biodiesel and wheat
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ethanol systems. Research in Ireland by Murphy and Power outlined the advantages 
of using grasslands for producing energy in Ireland and they compared the land 

required for different crops to fuel required to feed an urban Irish bus, they found 

that the biogas from grass silage in terms of land required was 18 times more 
efficient than rapeseed (biodiesel). Gerin et al. studied the energy and C02 balance 

of grass and maize as energy crops for AD.

The main challenges in conversion of biomass to energy are difficulties associated 

with processing of biomass. There are different ways to convert biomass to energy; 
the best way through these methods is conversion of biomass to biogas through AD. 

Biological process of AD consists of four stages: the first stage is the hydrolysis of 

complex (high molecular) organic compounds as cellulose, proteins, carbohydrates 

and fats to low molecular compounds: sugars, fatty acids, amino acids by hydrolytic 

bacteria, this stage can be the rate limiting step of AD. The second stage is 
acidogenesis of the products of first stage by acidogenic bacteria. Principal products 
of this stage are H2, C02 and short chain volatile organic acids. I he third stage is 

hydrogenation of C02 to acetate and dehydrogenation of short chain fatty acids by 

acetogenic bacteria. The final stage is methanogensis where the acetate and H2 are 

converted to methane by methangens. If all these processes take place in the same 

reactor a pH between 6.5 and 8 is normally adequate, because methanogensis is 

sensitive to low and high pH. AD stages are represented in Figure (3.1).
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Figure (3.1): Anaerobic digestion stages.

There are many factors that affect the performance the AD process: pH, temperature, 

hydraulic retention time (HRT) and organic loading rate (OLR). AD processes can be 

classified according to operating temperature. There are two main processes of AD: 

mesophilic digester, where the digester is heated to 35 °C and thermophilic digester 

where the digester is worked at 55 °C. Traditionally, AD plants have operated under 

mesophilic conditions because thermophilic digesters require greater input energy for 

heat and are very sensitive to any changes in the conditions. This also increases the 

risk of failure, however they do produce more biogas.

Anaerobic digesters can be classified into three main groups:

• Single stage continuously fed systems, where all the biological reactions take 

place in one sealed reactor.
• Two stage continuously fed reactor where these digester are optimized to 

bring maximum control of each biological stage by separating the hydrolysis 

and acidification stages from acetogenesis and methanogesis stages.

• Batch reactors, where the reactors are filled once with the feedstock and left 

for a period of time that allow biodegradation of the substrate. The simplest 

example for the batch reactor is system commonly used to measure the 

biochemical methane potential (BMP).

The BMP is a procedure used to determine the ultimate (maximum) CH4 yield of 

organic substrates during a period of time. Several batch protocols are used to 

measure the methane potential. The basic approach is to incubate small amounts of 

the feedstock with an inoculum in a small container for a period of time. The BMP
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assay process was first established in 1979 by Owen et al. as a simple and inexpensive 

procedure to measure biodegradability and toxicity of substrates subjected to anaerobic 

digestion. The estimate of the ultimate methane production is considered a key parameter 

for assessing design and implementation for the full scale design of anaerobic digestion

18processes.

The BMP assay has proved to be a relatively simple and reliable method for 

comparison of extent and rate of conversion to methane. To ensure CH4 production 

is not limited by substrate or inoculum availability multiple substrate to inoculum 

ratios should be tested. The substrate to inoculum ratio should not affect the final 

volume of methane produced but should control the rate at which methane is produced.

20 In the case of liquid substrates as grass silage the loading of the chemical oxygen 

demand (COD) to inoculum volatile solids (VS) should not exceed 3g CODg\ S ,

3.1.1 Objectives
The main objectives of this chapter are:
- to determine the BMP for grass silage at different inoculum to substrate ratio.
- to investigate the effect of continuous recycling of biomass on the performance of

the digester.
- to study the effect of the organic loading rate (OLR) on biogas production, methane 

yield and COD removal %.
- to study the effect of recirculation of biomass to the reactor.

3.2 Inoculum and Silage Properties
Table (3.3) shows the substrate and inoculum properties used in BMP and armfield 

digesters. These properties were analysed using the analysis methods explained in 

section 2.1.3. It is clear from the table that grass silage has a low pH which can be 

attributed to the high concentration of VFA’s in the silage of above 800 mg/1. The 

increased VFA content could be as a result of the fermentation of the grass in order 

to form silage. The VFA’s in the silage are then used directly in the acetogenesis 

stage to produce acetic acid, which is then used by the methanogens to produce

methane.
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Table (3.1): Substrate and inoculum properties

Substance
Suspended
Solids(mg/l)

Volatile Solids 
(mg/1)

COD
(mg/1) pH

Sludge
(inoculum)

23400 17890 350000 8.01

Silage 12170 10370 227500 3.88

3.3 BMP
The BMP tests were carried out in four units, one containing inoculum alone (sludge) 

(Rl), one with cellulose as a reference (R2), one containing silage with (S/1) ratio of 

1 and one containing silage with (S/I) ratio of 1.5 (R4). The experimental setup was 
described in section 2.1.2T. Figure (3.1) illustrates daily biogas production for all 

reactors over a period of 40 days. Biochemical methane potential (BMP) experiments 

for silage were conducted for different initial COD of grass silage to VS of inoculum 

ratio. For all of the reactors there is a sharp increase in the amount of biogas 

produced during the first 3-5 days of the experiment. This is then followed by a sharp 

decrease following the near complete consumption of the different substrates in the 

reactors. It can be seen that the maximum amount of biogas was produced for all 

reactors during the initial stages of the experiment. This was due to the increased 

availability of the biomass at the initial stages, leading to subsequent growth of the 

anaerobic organisms. After 4 days the rate of biogas production began to decrease 
due to a reduction in nutrient content. It continued to fall to low levels at day 10 

where it remained constant for the rest of the experiment for all reactors. The weekly 

samples show that there was only a slight increase in pH from pH 7.3 - 8.01 over the 

course of the experiment for all reactors. This indicates that the reaction conditions 

were stable. This is also an indication that the anaerobic processes within these 

reactors were not under inhibitory effects.
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Figure (3.1): Daily Biogas Production @ STP

Figure (3.2) shows methane concentration in biogas samples as observed over the 

experiment period. It can be seen that for all reactors there are a sharp increase for 

methane concentration over the first 5 days for all reactors and then remains nearly 

constant for R1 and R3. A slight decrease for R2 and R4 was observed tor remaining 

period. The methane concentration for Rl, R2, R3 and R4 at the end of period is 

69%, 62%, 83% and 72%, respectively. This can be attributed to that at the 

beginning of the experiment there was as a result of the growth in the different 

bacteria required to convert the high concentration of substrate available. The 

bacteria would have readily hydrolysed the compounds which break down quickly. 

This would have provided biomass for respiration for the methanogens. This would 

have allowed for increased growth in the methanogenic cultures. After this substrate 

was consumed and the availability of the feed for the methanogens would have been 

greatly reduced. The biomass remaining would be composed ol tougher plant 

components which are not quickly hydrolysed. This would have left the methanogens 

with less respiration material and causing reduced methane production.
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Figure (3.2): Methane Concentration in the Biogas

Figure (3.3) shows the cumulative biogas production of all reactors at standard 

temperature and pressure (STP) (STP: 0 °C and 1 atm) so we can compare with other 

literature. It can be seen that the silage produced a maximum biogas volume of 11.53 

litres at (S/I) ratio of 1, 8.9 litres at (S/I) ratio of 1.5, 7.6 litres for cellulose and 3.15 

litres for blank sample. The gas production in the blank R1 was the lowest, 3.15 

litres, as expected but did produce some methane during the latter stages ol the 

experiment. The purpose of the blank was to determine the amount of methane that 

could be generated as a result of AD of the biomass contained in the sludge itself. 

The majority of the methane produced in these test units was during the initial stages 

of the experiment. This was due to the increased availability of the biomass at the 

initial stages, leading to subsequent growth of the anaerobic organisms. After 10 

days the rate of biogas production began to decrease due to reduction in nutrient 
content. It continued to fall to low levels at day 15 where it remained reasonably 

constant for the rest of the experiment.
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Figure (3.3): Cumulative biogas production @STP

Figure (3.4) shows the methane yield of R2, R3 and R4 at standard temperature and 

pressure. Methane yield was calculated by subtracting the amount ot methane 

produced by the blank reactor (sludge only) from methane production of each reactor 
(R2, R3 and R4) and dividing the difference by the COD in the Silage led to the 

reactor (R3 and R4) or by the VS in the cellulose fed to the reactor (R2). 

Gunaseelan25 reported in his review that BMP of grasses (Napier grass, energy cane, 

Alemangrass-6A, turf grass, wheat straw, paddy straw, millet straw, oats crop, maize 
crop, com stover and sorghum) exhibited CH4 yields as high as 0.3 m kg VS added 

without pre-treatment. From figure (3.4), it is clear that the silage produced a 
maximum yield of 0.385 m3 kg1 COD at (S/I) ratio of 1, whereas it was 0.197 m3 kg’ 

'COD at (S/I) ratio of 1.5. The results above indicate that as the (S/I) increased the 

methane yield decreased, because as the amount of inoculum increased in the reactor 
it increases the availability of the nutrients needed to complete digestion. Several 

researchers have studied the effect of (I/S) ratio on the methane yield. 

Gunaseelan26 studied the effect of inoculum to substrate ratio on methane yield from 

Parthenium as a substrate. He found that as the I/S ratio increased the methane yield 

increased and with large inoculum size the batch digestion can be completed. In the
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standard BMP procedure the optimum I/S ratio is approximately 1 , which is in

agreement with our results. It can be seen also that the methane yield of the control at 
STP is 0.35 m3 kg'1 VS cellulose similar to that found by Gunaseelan (0.404 m3 kg' 

1 VS cellulose) and Hansen et al. ' (0.379 m3 kg'1 VS cellulose), which means that 

the BMP system is under the anaerobic conditions and works properly.
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Figure (3.4): Cumulative methane yield @ STP 

3.4 Armfield Digesters
The continuous anaerobic digestion process was carried out in W8 armfield 

digesters. The details of the setup and the equipment were described in section 

2.1.2.2.1. At the beginning to run the armfield digesters with the required feed, the 

bacteria in the anaerobic reactor should be acclimatised to the new conditions within 

the digesters. The details of initial set up were described in section 2.1.2.2.2.
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3.4.1 Armfield Daily Duties
On a daily basis, the biogas volume and composition produced were recorded. The 

volume of the effluent, volume of water displaced, and the volume of the feed 

remaining were also recorded to know the actual amount of the feed fed to the 

reactor. A 50 ml sample of the effluent was taken every day from each reactor to 
determine COD, VFA, pH, alkalinity, TSS and VS using the analysis methods 

described in sections 2.1.3.1, 2.1.3.2 and 2.I.3.3. From this information the internal 

conditions of the reactors could be tracked and any change in alkalinity or pH 

monitored and adjusted accordingly with sodium carbonate solution.

The feed was prepared daily from the defrosted concentrated solutions stored in the 

freezer. After the initial acclimatisation period, both reactors were fed with silage 

feed. For each reactor three organic loading rates (OLR) were prepared. 0.851 
kgCODmW, 1-42 kgCODm-May1 and 1.77 kgCODnfW to investigate the 

performance of the process and the changes in methane production. Both reactors 
worked at an OLR of 0.851 kgCOD m'3 day' between days 1 and 16, at an OLR of 

1.42 kgCOD m'3day'' between days 17 and 23 and at 1.77 kgCODm day between

days 24 and 33.

3.4.2 pH of the Digesters
In these experiments both reactors were running without adjustment the pH inside 

the reactor and Figure (3.5) shows the pH of the effluent from both reactors. The pH 

of the effluent from R1 and R2 ranges from 7.4-S.4 and from 8-8.5, respectively. 

These values could be an indication that the digesters were working within the 

optimum interval for methane formation, which means that the reactors are not under

inhibitory conditions.
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Figure (3.5): pH of the effluent from R1 and R2 

3.4.3 Alkalinity and VFA
Figure (3.6) shows the relationship between VFA and alkalinity. It is clear that both 

reactors were operating with a good buffering capacity (the low VFA less than 200 
mg/L compared to alkalinity of 2000 to 3600 mg/L). The fluctuation of VFA and 

alkalinity during the time, did not affect the methanogenic activity as the methane 
concentration in the gas did not drop which demonstrates that the acetogens and 

methanogens were able to cope with the fluctuations of the VFA and alkalinity 

within the reactor. This indicates that the conditions within R1 and R2 were stable 

and that the possibility of methanogen inhibition was low. The VFA for the effluent 

for both reactor ranges from 53-250 mg/L, the low VFA in the effluent means that 

almost all the VFA formed in the acidogination stage converted to methane and

carbon dioxide.
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Figure (3.6): Relationship of Volatile Acids to Alkalinity of R1 and R2

3.4.4 Results of the Armfield Digesters
Table (3.2) shows the armfield digester results, it can be seen that as the OLR 

increased from 0.851 to 1.77 kgCOD/m3/day, the methane yield decreased for R2 

from 0.751 to 0.52 m3/kg COD and increased for R1 from 0.463 to 0.66m /kg COD. 
The decline of methane yield in R2 can be explained by the results of BMP, in which 

as the S/I ratio increased the potential for methane production decreased. 

Recirculation of the effluent from R1 improved the methane production yield; this 

may be attributed to that during the recycling the amount of the inoculum keeps 

constant inside the reactor and stimulated the overall degradation and contact 

between the bacteria and their food. This enables the bacteria to more readily access 

the substances they are feeding off and increases the speed of gas yields.
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Table (3.2): Results of Armfield digesters
COD for Silage Feed (mg/I)

Property 8510 14220 17720

Rl(with
recycle)

R2(without
recycle)

Rl(with
recycle)

R2(without
recycle)

Rl(with
recycle)

R2(without
recycle)

OLR(kg 0.851 0.851 1.422 1.422 1.772 1.772

COD/m3/day)

HRT (days) 0.65 10 0.65 10 0.65 10

COD Removal % 88.1 86.1 97.82 98 3 96.05 97

Methane yield 0.463 0.751 0.53 0.54 0.66 0,52

(m3/kgCOD)

CH4(%) 70 77 71 73 76 70

C02(%) 7 22 14 22 19 22

02(%) 3.5 0.8 2 0.6 0.4 0.3

H2S(ppm) 4.5 » 99 » 320 279

H2(ppm) 5.8 » 128 » 30 »

»: means the value cannot be read in the measuring device (out of range).

For R2, there is no big difference of methane yield, biogas composition and C OD 
removal when the OLR increased from 1.42 to 1.77 kg COD/m3/day, which means 

that increasing the OLR didn’t decrease the COD removal efficiency so the digester 

is still working under good conditions with high COD. For an OLR of 1.42 kg 

COD/m3/day both reactors produced the same amount of methane yield but with 

different C02 concentration. The COD removal for both reactors is nearly the same 
at the same OLR. For Rl, the COD removal is 88.1, 97.8 and 96.05% and for R2 is 
86.1, 98.3 and 97 % at OLR of 0.851, 1.42 and 1.77 kg COD/m3/day, respectively. It 

is difficult in this case to draw a definite conclusion from these similarities between 
the two reactors. This could be attributed to good distribution or spread of the 

organic loading through the bed that all of the available biomass in the substrate was 

being consumed. It can be also observed from the table that the biogas in Rl contains 
a low concentration of H2S (4.5 ppm), this is could be attributed to recirculation ol 

effluent at low OLR feed decrease the H2S concentration or to the presence of 02 in 

the digester (3.5 %)(leakage in the feed pipes). From ref 3 and 30, the simplest way
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of desulphurization of biogas by injection of small amount of oxygen or air (2 to 6% 

in the biogas).

Figure (3.7): Daily biogas concentration of armfield reactor without recycle (R2)
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Figure (3.8): Daily biogas concentration of armfield reactor with recycle (Rl)
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Figure (3.7) and figure (3.8) show the daily biogas production of the armfield reactor 
without and with recycle, respectively. Both reactors worked at an OLR of 0.851 

kgCOD m~3 day'1 between days 1 and 16, at an OLR of 1.42 kgCOD m day 

between days 17 and 23 and at 1.77 kgCODm^day'1 between days 24 and 33. These 

figures show also that the main component in the biogas is methane with 

concentration range from 70 and 76 after the adaptation period for both reactors, this 

means that the grass silage substrate can produce a high methane content in the 

biogas (CH4 rich biogas). This can be attributed to the presence of the VFA’s initially 

in the silage, negates the need for the hydrolysis and acidogenesis stages. This would 

indicate that the feed can be more readily converted into methane and increase the

speed at which production occurs.

The other components of the biogas are carbon dioxide, hydrogen, oxygen, hydrogen 

sulphide and other gases as nitrogen and ammonia. For low OLR of R1 there is a 
significant quantity of other gases in the biogas produced, which can be attributed to 
N2 or NH3 gases. It can be seen that as the OLR of R1 increased the concentration of 

C02 increased and the other gases concentration decreased, whereas for R2 there are 
no big difference of the gas composition at different OLR. Low concentration of C02 

in the biogas for R1 at low OLR may be attributed to the ammonia formed by the 

acidogenic (fermentative) bacteria which was not converted by acetogens to produce 

acetic acid as well as carbon dioxide and hydrogen.

3.5 Conclusions
AD of grass silage was investigated in a batch and continuous reactor. The methane 

concentration in the biogas in both reactors types showed that grass silage has high 

affinity to produce methane between 70-80%.

Investigation of the effect of inoculum to substrate ratio on methane yield from grass 
silage using BMP (batch) anaerobic digester under mesophilic conditions, showed 

that the optimum I/S ratio is approximately 1 with maximum methane yield of 0.385

m3 kg'1 COD.

The effect of recirculation of effluent was investigated in the armfield digesters 
under mesophilic conditions using different OLR of grass silage feed. The results
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showed that as the OLR increased, the methane yield decreased for the reactor with 

no recycle and increased for the reactor with recycle. It can be concluded that the 

recirculation of the effluent improved the methane production yield in which it 

enables the bacteria to more readily access the substances they are feeding off and 

increases the speed of gas yields which means it stimulates the overall degradation 

and contact between the bacteria and their food.

It can be concluded that the grass silage produces (CH4 rich biogas) which can be 

used as a feedstock for integrated process of direct production of DME from syngas 

through biogas.
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Chapter 4 Reactor Modeling

4.1 Introduction
As the demand of renewable energy increases, so does research into clean 

technologies for synthesis gas as this is considered a good intermediate lor 

production of clean fuels such as hydrogen or liquid based fuels. The choice of 

optimum operating conditions for the autothermal reforming of methane (MATR) at 

industrial scale requires considerable attention particularly due to the exothermic 

oxidation reactions which can lead to hot-spot formation, which in turn cause catalyst 

deactivation. One of the possible solutions to remove hot spots is the addition of 

C02, as C02 reforming is a highly endothermic reaction which absorbs the produced 

heat from oxidation. In this case the use of biogas, produced through anaerobic 

digestion, is a good feedstock for methane reforming. Other considerations must also 

be made for single step DME synthesis, the problem here is to match the optimum 

ratio of hydrogenation and dehydration characteristics of the catalyst with the 

optimum operating conditions for this highly exothermic reaction. In order to solve 

these problems and obtain suitable conditions for DME production irom biogas 

through synthesis gas on an industrial scale, detailed reactor modelling is required for 

the MATR and DME reactor.

Several studies have been performed on the modelling of methane autothermal
reactors (MATR), Abashar' developed a mathematical model for the simulation of

-

steam and CO2 reforming in fluidized bed membrane reactor. De Smet et al. 

developed a simulator to solve a steady-state one-dimensional heterogeneous fixed 

bed reactor for indirect formation of synthesis gas via total oxidation followed by 

steam reforming and water gas shift.

DME as a multisource product has a wide range of possible feeds. For a combined 

synthesis process different operating conditions can be used. There are a number of 

operating conditions which affect the whole process such as: the source of syngas, 

the reactor configuration, feed composition, the type of catalyst etc.. Many of these 

can be considered in the design of a combined synthesis process. Recently, much 

research has focused on the catalyst development and the process of direct DME 

synthesis, but in order to provide basic data for designing the reactor for plant or 

industry, a preliminary design of the reactor is necessary. Lu et al. simulated DME 

synthesis from syngas in a fluidized bed reactor using a two-phase model. They
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studied the influences of different factors, such as pressure, temperature, H2/CO ratio 

in feed gas and space velocity. They found that the optimum H2/CO ratio in the feed 

gas is about 1.4 and enhancement of pressure and space velocity improves DME 

productivity remarkably. There exists an optimum temperature value between 280 

and 290 °C, as high temperature may lead to excessive deactivation of the catalysts. 

Lee et al. and Song et al. developed a simulation of a shell and tube type fixed bed 

reactor for single-step DME synthesis from syngas. They examined behaviour of the 

reactor at various conditions for the case of a mixture of pellets and a hybrid catalyst. 

They found that employing a hybrid catalyst yielded higher productivity compared 

with using a mixture of catalyst pellets. However, careful cooling of the reactor was 

needed as more reaction heat is released near the reactor entrance.

Direct DME synthesis is a highly exothermic process. Here again it is important to 

control the reaction temperature because of the synergic effect of combined MeOH 

synthesis and DME synthesis in the same reactor which increases the equilibrium 

conversion and as a result produces more reaction heat. Previous researchers have 

proposed different reactor technologies for direct DME synthesis from syngas: fixed- 

bed, slurry and fluidized bed reactors. The traditional fixed bed reactor is not 

appropriate for this process due to its limited heat removal capacity. Thus the slurry 
phase reactor has many merits for syngas conversion to synfuel In the slurry phase 

reactor, the solvent, which has a large heat capacity, absorbs the heat of the reaction; 

the temperature within the reactor vessel is more uniform and it is easier to control its 

temperature in order to achieve higher conversion with a longer catalyst life

Hu et al. studied the capability of a microchannel reactor for syngas to DME (S FD) 

process from biomass syngas. They found that the performance ot the hybrid 

bifunctional catalyst was much higher than that in conventional reactors, because of 

improved heat and mass transfer. They found also that the catalyst deactivation rate 

in the microchannel reactor was slower than in a tubular fixed-bed reactor.

Lu et al. established a laboratory fluidized-bed reactor to compare with a fixed bed 

and slurry reactor for the STD process. They found that both CO conversion and 

DME productivity were higher than those of fixed bed or slurry reactor.
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An et al.4 used catalytic distillation to achieve methanol dehydration over acidic ion 

exchanged resin catalysts and zeolite catalysts. The feasibility of using catalytic 

distillation for the STD process can be determined by a dew point calculation on the 

product composition. From a dew point calculation of the outlet stream (DME, 

MeOH, CO, C02, H2 and H20) from DME reactor at 50 bar, the dew point is 70 °C 

which is significantly less than reaction temperature (260 °C). Hence, catalytic 

distillation is not suitable for STD process.

Lu et al.3 used Cu-Zn0-Al203/HZSM-5 catalyst manufactured by coprecipitation 

deposition method. They study the activity of Cu-Zn0-Al203 /HZSM-5 at different 

temperatures. They found that the optimum ratio of the two components is about 5.0 

for Cu-Zn0-Al203/HZSM-5 catalyst.

In this work, we will consider DME synthesis from biogas through synthesis gas and 

MATR using fixed bed reactor. In the DME reactor, we will study the effect of heat 

removal by coolant fluid on the performance of the fixed bed reactor.

4.2 Objectives
The objectives of this chapter are to:

study the effect of operating conditions and the teed composition on 

reforming of biogas produced from grass silage through anaerobic digestion 

(AD).
develop a mathematical model for MATR.

- develop a mathematical model of the integrated syngas and DME process 

which can be used to provide conditions for subsequent chapters.

4.3. Model Development 

4.3.1 Model Assumptions
For the simulation of a fixed-bed reactor for syngas production and DME synthesis 

the following assumptions will be used:

• A steady-state one-dimensional heterogeneous reactor model.

• Spherical catalyst pellets.
• The catalyst particle is assumed to be isothermal. This is an assumption that 

can often be justified, since heat transfer within the particle occurs primarily
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by conduction through the solid parts, while mass transfer occurs only in the
10pores.

• The main transport resistance inside the catalyst pellet is due to mass transfer, 

even in the case of highly exothermic reactions, the temperature in the 

catalyst pellet is equal to the temperature at the surface of the catalyst pellet 

and only mass balance is considered by solving the pellet-scale continuity

equations at each point along the fixed-bed reactor

• Intra-particle concentration gradients are expressed in terms of constant 

effectiveness factors for the reactions involved, to reduce the required 

computational time.

• The reaction rate is small compared to the external heat and mass transfer 

rates, so the surface concentration and temperature both approach those in the 

bulk gas phase (i.e. a one-dimensional heterogeneous model where only the 

intraparticle resistances have to be considered).

• The transport mechanism in the axial direction is considered to be of the plug 

flow type.

• The ideal gas law applies to the gas-phase.

4.3.2 Model Equations
When resistance to mass and heat transfer inside the catalyst particle is important, the 

reaction rate is not uniform throughout the particle, therefore the mass and heat 

gradients in the fluid (gas) and solid phase have to be considered.

4.3.2.1 Fluid Phase
In the heterogeneous model, the mass and heat balances in the fluid phase with plug 

flow are calculated by the following equations:

Coolant

Figure (4.1): Fixed bed reactor with heat exchanger
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Continuity equation for component i:

dF ( nD; ^ ^
-r= a—dz y A J

■where
Fi : flow rate of component i in bulk phase
pb : bed density
Di : Reactor Diameter

: Coeffiecient of component i in reaction j 

rj) : effictiveness factor

Energy equation with heat exchanger:
/

1dL-

dz P<,cpus V 1

(4.1)

(4.2)

Pressure drop equation:

dp, _ fP,<
dz

= -/- (4.3)

The friction factor if) for packed reactor can be calculated from Ergun equation

/
\-£

£
1.75 +

150(1-^)
V Re

(4.4)

The initial conditions for the above balance equations (energy, momentum, and i 

species balances) are:

F, = Fi o, T = T0, p = p0 at z = 0 
where
f’ n is the feed flow rate of component i 

a = surface area of reactor per unit volume 

Ta: Temperature of cooling fluid 

U: overall heat transfer coefficient 

us: gas velocity in bulk phase

to

U

estimate the overall heat transfer coefficient, U,

1 fD°) + ^lnh, UJ IaJ

the following equation are used:

(4.5)
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To estimate the heat transfer coefficient on the tube side we used the correlation 

developed by Kunii and Levenspiel

~h.

+
K + 2kl / dp + awCp KpKo hpackel )

rk°Ps{\-s)Cps
=1-13

k = k^ew ^gas

V
k f

s +
(1-t)

V v
f f

^ + 1/3
 ̂solid J )

k°, = k gas E +
(l-^)

^ + 2/3
V V

gas

v solid /

(4.6)

where
s = void fraction

k° : effective thermal conductivity of a fixed bed with a stagnant gas

k”w : effective thermal conductivity of a thin layer of bed near the wall surface

kyas = thermal conductivity of the gas

ksolid = thermal conductivity of the solid
km = thermal conductivity of tube
h, = heat transfer coefficient inside the tube
hn = heat transfer coefficient in the shell side

43.2.2 Solid Phase
Intrinsic (actual) reaction rate can be different from the global reaction rate because 

of pore diffusion in the catalyst pellet particularly when the diameter of the catalyst 

pellet is several millimeters. The ratio between the intrinsic rate and global rate can 

be expressed by the effectiveness factor in the following equation:

104



Chapter 4 Reactor Modeling

actual rate of reaction ________________
77 =----------------------------- —----------------------------------------------------------------------------------------------- -------------------------------------------------------------------- i

rate of reaction would occur if entire surface exposed to the external pellet conditions

The overall effectiveness factor can be obtained by integrating the actual rate over 

the volume of catalyst particle.

(4.7)

Where P,H are the partial pressures in the bulk fluid outside the particle and Pi are 

the local partial pressures within the catalyst particle.

In order to calculate the effectiveness factor of each reaction we must consider the 

differential equation describing diffusion and reaction of component i in the catalyst 

pellet. Mass and heat balance within the catalyst pellet is given by:

Dej},' + D
2 dC, 
r dr j

(4.8)

d2T , 2 dT
-yr + ^dr r dr

PpHr^/j

j

(4.9)

and the following boundary conditions:

dC, _ dT 
dr dr

= 0 P r-K II o

)=-D dC‘ P II

/z(r -Tb)1- A dT l_ ‘O dr at r = dpl2
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where
DeJ) ( : effective diffusion of component i 
/L „ : effective thermal conductivity of particle

When the external mass transfer rates are fast compared to the reaction rate, the 

surface concentration approaches the concentration in the bulk gas phase1

c; = cf

The corresponding effective diffusion coefficients are calculated based on the 

molecular and Knudsen diffusion coefficients, corrected for the pellet porosity and 

tortuosity.

s = void fraction (pellet porosity) 
r = tortuosity

(4.10)

4.4 Reaction Kinetics
4.4.1 Intrinsic Kinetics for DME Synthesis
In one step DME synthesis, all the following reactions take place:

C02 + 3H2 <-> CH3OH + H20 AF1” = -49.1 kJ/mol (1.7)

co + h2o<^co2 +h2 AH? =-41.1 kJ/mol (1.8)

2CH3OH <^CH30CH3+h2o AH? =-21.255 kJ/mol (1.9)

Many kinetic models for MeOH synthesis and MeOH dehydration have been 

proposed by previous researchers; Bussche and Froment developed a steady-state

kinetic model for methanol synthesis and the water gas shift reaction on a 

commercial Cu/ZnO/AfCb catalyst. Villa et al. derived the kinetics of low-pressure 

methanol synthesis Agny and Takoudis developed a two parameter kinetic model
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for methanol synthesis over a commercial Cu/ZnO/A^Oa at temperatures. Bercic 

and Levee1 developed a kinetic equation for dehydration of methanol on y-alumina.

Recently, many kinetic models for one step DME synthesis from syngas on 

bifunctional catalyst have been proposed; Ng et al. proposed a kinetic model for 

methanol and DME synthesis process over a dual catalyst composed of a commercial 

CuO/ZnO/AliOa (methanol function) and a y-alumina (dehydration) catalyst. They 

developed this model based on a previous methanol synthesis model proposed by 

Bussche and Froment and a methanol dehydration model by Bercic and Levee . Lu 

et al. established a new mechanism and kinetic model for DME synthesis from 

syngas over a commercial CuO/ZnO/A^Os and a HZSM-5 dehydration catalyst. 

Aguayo et al. proposed a kinetic model for the synthesis of dimethyl ether from 

(H2+CO) and (H2+CO2). This model includes the kinetics of methanol synthesis, 
DME dehydration, the water gas shift reaction, and hydrocarbon formation over 

CuO-ZnO-AbCVy-AhCL bifunctional catalyst.

Here in order to investigate the influence of the kinetic model and catalyst type on 

the simulation results, two intrinsic kinetic models are considered: (i) the kinetic 

model proposed by Ng et al. over CuO-ZnO-A^Cb/y-AhCft bifunctional catalyst, 

and (ii) the kinetic model proposed by Lu et al. over a CuO-ZnO-ALCV HZSM-5 

bifunctional catalyst. These models will be referred to as the Ng and Lu models, 

respectively. The details of the kinetic equations used are presented below.

Ng model:
MeOH synthesis from CO2 (equation 1.7):

(4.11)

Reverse Water gas shift reaction (equation 1.8):

„ P20, “ ^eqm,2 (^CO ^ ^C02 )) (4.12)
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MeOH dehydration (equation 1.9):

1 MeOH dehydration = KKlH,OH

(CCH,OH CHSjCr>MK / Keqml )

(i+2^KCHiOH cCHj)H + kHiQc h^q y (4.13)

= 1.65exp(36696//?r),

K2 =3610,

K, = 0.37exp(l7197/ RT\

K, = 7.14x 10“n exp(l24119/RT\ 

K5=\.09x]O10 exp(-94765/RT), 

K ch/)h = 0.00079 exp(70500//?r), 

k6 = 3.7 xl010exp(-105000/^r), 

KHi() =0.084exp(41100/JR7’), 

3066
log Keqm,\ -10.592,

log
2073

K
+ 2.029,

eqm,2

log Keqm,3
10194
T

-13.91,

Lu model:

MeOH synthesis from CO2 (equation 1.7):

Pco, Pu, (I ” P\v Pm ! P-pj Pco2 Ph2 )_ jy' ^vy2 112q -
(1 + KC02 PCOi + KcoPco + K h2 P}i2)

(4.14)

MeOH dehydration (equation 1.9):

r2 = K2
^ P 2 P ^rM rD

V PW P-!\2 J
(4.15)
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Water gas shift reaction (equation 1.8):

r3 = K,
p - p P / K PrW rCO^ 1 H7 ' -'v/>,3i CC

^ + Kco, Pco2 + Kco Pco +
(4.16)

Where

= 35.45 exp(-l.7069 xl04/i?/r),

K2 = 8.2894x 104 exp(-5.294x\04 /R/t\

K3 = 7.3976exp(- 2.0436 x \04 / R/t),

KH2 = 0.249exp(3.4394x \04 / R/t),

Kc02 = 1.02x 1 O'7 exp(6.74x\04 /R/t\

Kco = 7.99x10 7 exp(5.81xl04//?/r),

InKpl =4213/7’-5.7521nr-1.707xl0 3r + 2.682xl0“6r2 -7.232x 10"10r3 +17.6, 

InKP2 =4019/7’ -3.707InT1 -2.783x 10*3r + 3.8x 10”7T2 -6.561 x 104 /T3 -26.64, 

log Kpi = 2167 / T - .5194 log T +1.037 x 1 O'3 T - 2.331 x 10"7 T2 - 1.2777,

4,4.2 Intrinsic Kinetics for Methane Reforming
The following reaction equations are possible in the process of MA I R depending on 

the reaction conditions, feed composition and the type of catalyst:

CH4 +H20++C0 + 3H2 AH0 = 206 kJ/mol (1.1)

CH4 +2H20 <-> C02 +4H2 AH0 = 165 kJ/mol (1.2)

co + h,o+>co2 +h2 AH0 = -41 kJ/mol (1.3)

CH4 +C02 <-» 2CO + 2H2 AH0 = 247.3 kJ/mol (1.4)

CH4 +20 2 ++C02 + 2H20 AH0 = -803 kJ/mol (1.5)

The literature contains large numbers of kinetic models of methane-steam reactions 

and different rate expressions are available. Xu and Froment have developed more
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general and realistic intrinsic rate equations for the steam reforming oi methane 

using an integral flow reactor and a commercial catalyst (Haldor Topose Ni/Mg 

AI2O4). This model is referred as XF model. The XF reforming model was obtained 

using relatively low temperatures, 500<Ts<575 °C, and pressures between 3 and 15

bar. Rate expressions for a reaction network using the XF model consists of the 

following three reactions:

r, =

,vi,2.5
Hi V

P P -
rCHi * 1 H20

P3 PrH1 ra
k7

1 + KcoPca + PH2 Ph2 + PcHt +
Kh2 Ph2o

p prcori
p prn2 ra

H,0 K
c =

2 /

1 + KcoPcO + ^H2 Ph2 + P-CH, Pcha +
P-H-, Ph20

(4.17).

(4.18)

^3
,35

p4 p
p p2 rH2rCQ2
rCHt rH20 £

r, =

i + KcoPcO + KHl Ph2 + P-CH, PcH, +
Kh2 Ph2o

h2 y

(4.19)

two of these reactions are independent.

Verykios developed a kinetic model for catalytic dry reforming of methane over 

Ni/La203. The corresponding rate expression is:

r4 =
Pco2

k/t^PcH, Pc02 +^4PcH4 + ^5^-4^002
(4.20)

The intrinsic kinetics of methane oxidation have been studied extensively in the 

literature on noble metal catalysts and a few studies were done using Ni catalysts. De 

Smet et al. used the rate equation for total oxidation of methane found by frimm 

and Lam on supported Pt catalysts and they adjusted the corresponding adsorption 

coefficient for Ni catalysts. The corresponding rate equation is:
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r5 =
k P PKlarCH4rG2

(l + K OX p 
CH4rCH, + K°XP,o,x o

k P PIS-lbrCH4r02

1 i T/- OX p 
1 ^ IVCH4rCHi

(4.21)

values of kinetic parameters in the above kinetic expressions shown in Table (4.1).

Table (4.1): Kinetic parameters

ki, K, A(i) B(i), kJ/mol

k, (mol.bar0 5)/( gcatalyst .hr) 4.225xl015 240.1

Ay (mol)/( bar. gcatalyst .hr) 1.955xl0& 67.13

ks (mol.bar0 i)/( gcatalyst .hr) 1.02xl015 243.9

k4 (mol/g. sec)(bar) 1 9.396xlOi 35.75

k5 (mol/g s) 1.926xlOJ 62.355

ki a (mol bar'2)/(gcatalyst hr) 2.9196xlOb ” 86

kib (mol bar‘2)/(gcatalyst hr) 2.4552x10b 86

K, (bar2) 4.707x10'^ 224

k2 1.142x1 O'2 -37.3

/Cj(bar2) 5.375xl0lu 186.7

K4 (bar'1) 5.17xlO'J 72.331

KCo (bar"1) 8.23x1 O'5 -70.65

A'//2(baf1) 6.12xl0'v -82.9

Kau (bar ') 6.64x1 O'4 -38.28

Kmo 1.77xl03 88.68

K°X02 (bar"1) 7.87xl0'; -92.8

KoxcH4(baf') 1.26x1 O'1 -27.3

For reaction rate and adsorption constants the Arrhenius equation is used:

kt,K, = T(k,)expf-^p-

ln order to investigate reforming of methane and partial oxidation ot methane to 

produce synthesis gas we have considered the following intrinsic reforming kinetics, 

(i) reforming model proposed by Xu and Froment for steam reforming and gas shift
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reaction, and (ii) the kinetic model derived by X.E. Verykios tor carbon dioxide 

reforming. The kinetics of methane oxidation was taken from de Smet et al.

4.4.3 Coke Formation
One of the main problems of methane reforming is coke formation which leads to 

loss of catalyst activity that occurs via pore blockage, encapsulation of the metal 

crystals, collapse of the catalyst support, or physical blockage of the tube in fixed 

bed reformers. Carbon deposition on the catalyst/support structure involves the 

decomposition of methane and the disproportionation of carbon monoxide:

CH4 C + 2H2 AH0 = 75 kJ/mol (4.22)

2CO C + C02 AH0 = -172 kJ/mol (4.23)

The amount of coke formed depends on the CH4/CO2 feed ratio, the operating 

temperature and pressure. Thermodynamic analysis of the above coke reactions using 

the following equilibrium constant expressions:

Kw = exp
58886.79 + 270.55T + .031 IT2 - 3xl0'6r3 +

RT

291405.7 \
- 54.5987’ ln(T) 

T j

K2c= exp
-188030.19+ 402.82r-0.00524T2 +

828509.9 - 32.0267’ln(r)J

RT

In addition, two parameters were defined with respect to the partial pressures ot 

reactants in the dry reforming system

a =

P =

From the above relations if a<K,c and p<K2c then coke formation would be 

thermodynamically favoured which means that reactions (4.22) and (4.23) had not
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yet reached thermodynamic equilibrium from the side that promotes coke iormation. 

This indicates that the operating conditions should be optimized to minimize coke 

formation.

The parameters a and fl are calculated from the partial pressures ol H2, CH4, CO, and 

CO2 by solving the mass equations in the bulk phase.

4.5 Methodology
DME synthesis is a 6-component system (CO; COo; Eb; EbO; CH4O and DME) in 

which the components participate in one or more chemical reactions as described 

previously (equations 1.7 to 1.9).

In order to solve the simulation for a fixed bed reactor, a Matlab program was used 

as follows:

1- Set initial conditions for Fco, FC(h, FHi, FHi0, FCHt0, FDME,T and P .

2- Start an initial value problem algorithm for integrating the following equations, 

which can be summarized as
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— = F(y), where ^ = \fco, FCOi, FHi, FHi0, FCH)0, Fdme,T, p] and 
dz

nD

J2 112
\

Pb —r-Y.ycoj'n jtyYjiy)

( nD2
pb --r- Z (yYj (j)

F(y) =

'' nD2
Pb—rY.y^JvJ{y)rJ{y)

nDpb—r'LymojTijiyYjiy)

nD,Pb -7- Yj ycmojVj (y)rj O)

Pb 7^'Ey™EjT?J(y)rj(y)
■ 1

1
pg(y)cp(y)us(y)

ph5](- A//; )nJ {y)rl (y)-aU(T — Ta)
V J

, pgiyYliy)
-/——:------------

where y,^ l{yYJ (>0 for each reaction

These equations were solved using the ode45 function in Matlab.

(1) Evaluation of F{y):

- Evaluate all of the partial pressures from flow rate variables and total pressure

- evaluate all of the reaction rates using the current temperature;
- evaluate the effective diffusion coefficients at the current temperature and pressure;

- evaluate the velocity, density and heat capacity at the temperature and partial 

pressures;
- solve the boundary value problem for the concentration profiles within the catalyst 

particle and integrate these to get the effectiveness factors for the three reactions,

- apply correlations to estimate the friction factor and heat transfer coefficient at the 

current temperature and flow rates, and

- substitute all of these into the above expressions to evaluate F{y).
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(2) Effectiveness Factor
The effectiveness factor for each reaction can be calculated by an approximate 

numerical solution to the one-dimensional boundary value problem in equation (4.8), 

by replacement of the continuous dependent variables P, with their values at a set of 

np discrete points that span the radius of the pellet (r = 0 to r =dp/2). Then the 

derivatives in the equations and boundary conditions will be replaced with finite 

difference approximations involving the values at the np discrete points.

Consider the / point, which has position in the pellet r and at which the partial

pressure is P, = P ^.The derivatives appearing in the equations can then be expressed

in terms of finite difference approximations involving the partial pressures and 

position at points / -1, /, and / +1.
If the points are equally spaced so that r - rt ^ r! - rl_, = the simplest

nd . . • i • • u

approximation to the 2 derivative of one of the concentrations at point / is given by 

applying the central difference approximation

d2Pi
dr2

P.j+ 1 ■ 2P,,I + Pi,l-l (4.24)

This term is substituted in equation (4.8)

Deff,, {Pi,i+i - 2PU + pu-i) = RTPr X r./.jh2 (4-25)

and we have a total of np-2 of these sets of equations, for / = 2 to np-\. In this way 

the derivatives convert to a set of algebraic equations. These algebraic equations can 

be solved using Newton’s method. Due to the complexity of the expressions for the 

reaction rates, it is preferable to evaluate the Jacobian numerically rather than to 

derive analytical expressions for its elements.

At the first point (l=\,r = rp) the boundary conditions are

P = PriA 1 /,0
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At the other boundary, the first derivatives can be approximated (which are set equal 

to zero in the boundary condition) by a finite difference using points P-\, and P. 

That gives

^=P^tL = 0 @ r = 0
dr 2h

The above equations, with their boundary conditions, must be solved at each axial 

position. The reaction rates in the above equations are evaluated at the local partial 

pressures within the catalyst pellet.

When the above equations are solved, the effectiveness factor can be evaluated using 

approximate numerical solution for the integration such as trapezoidal rule which

b-a
r (T,P,) is divided into n strips each of equal width h = —

an

as follows

dj =

V-' | rj (T, P, )dV 

r,(T\P,h)
(2.26)

Where

f r (T, P, )dV = £ {a + (k- \)h) + rj {a + kh))
k=\ 2

The same procedure is followed for methane reforming reactor.

4.6 Results and Discussion

4.6.1 MATR Reactor
4.6.1.1 Validity of the Model
To check the validity of the reformer model, the conditions for production of 

hydrogen required to operate a 10 kW fuel cell are used, the following conditions 

are used: feed temperature 773 K, reactor pressure 1 bar, CH^Oa ratio 1.5:1 and 

TfO: CH4 ratio 1.5:1
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Figure (4.2) shows the product distribution in the outlet stream tor autothermal 

process which includes both steam reforming and total oxidation reactions. It can be 

seen that H2O partial pressure decreased in the first 0.2 m because SRM take place in 

the first part of the reactor. In the second part of the reactor both the methane and 

oxygen partial pressure decrease rapidly, which means that methane oxidation takes 

place, because methane oxidation favours high temperature. As a result, significant 

amounts of H2 and CO are observed in the second part of the reactor with H2/CO 

ratio of 3.57 which is in agreement with de Smet et al. results.
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Figure (4.2): Product distribution of the outlet stream from the reactor.
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As shown in Figure (4.3), temperature initially decreases due to the endothermic 

reforming reaction. The temperature then reaches a minimum value at this position. 

When methane oxidation takes place the temperature increases to the equilibrium 

temperature (980 K) which is in agreement with de Smet et al. results.

Figure (4.4) presents the trends of both a and ft versus their respective equilibrium 

constants over the length of reactor. The parameters a and ft were calculated from the 

partial pressures of H2, CH4, CO, and C02 obtained by solving methane reforming 

reactor model under the corresponding conditions. As shown in Figure (4.4)a that 

a<K3c in the first 0.3 m which means that coke will be significant in this area. Figure 

(4.4)b shows that methane decomposition is significant over the first 0.1 m.
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Figure (4.4): « and ft versus their respective equilibrium constants 

4.6.1.2 Dry Reforming
For dry reforming we use the biogas composition that is produced from AD of grass 

silage in chapter 3 (Table (4.2)) as the feed stream for the reformer. Here we will 

assume that dry reforming is carried out in a furnace similar to steam reforming, in 

which there are many long, thin tubes packed with the catalyst. To model one ot 

these tubes the equations in section 4.3.2 are used.
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Table (4.2): Biogas composition

Component Mole fraction

methane 0.77

co2 0.21

02 and others 0.02

4.6.1.2.1 Effect of Operating Temperature and Pressure
Figure (4.5) shows the effect of operating temperature at atmospheric pressure on the 

methane conversion (Xcm), C02 conversion (XCo2) and H2/CO ratio. It can be seen 

that the CH4, C02 conversion and H2/CO ratio increased as temperature increased.

XCH4(%)

XC02(%)

H2/CO (mole ratio)

1100

Temperature (°C)

Figure (4.5): Methane conversion, C02 conversion and H2/CO ratio for 

reforming of biogas at atmospheric pressure.

It is clear from Figure (4.5) that there is no difference in methane conversion, C02 

conversion and II2/CO ratio when the temperature increased more than 800 °C. It can 

be seen also that the maximum conversion of methane and C02 achieved with H2/CO 

ratio close to 1 at high temperature because it is highly endothermic reaction and for 

this biogas composition, only 28% of the methane fed to the reformer reacted, which 

means that CH4/ C02 ratio should be adjusted to the optimum ratio.
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When considering an integrated process to the production of direct DME from biogas
~> ^

as a feedstock an optimum operating process should be applied. Moradi et al. 

studied the effect of operating conditions for direct DME synthesis from syngas. 

Based on their experimental results, they found that the optimum operating 

conditions are: T=240 °C, P=33.3 bar and H2/CO=1.5. For combination of 

production of DME from biogas in the same process at 33 bar, the increase of 

pressure in the reformer requires an increase of temperature to achieve the same 

conversion. Figure (4.6) shows the effect of temperature on methane conversion at 

atmospheric pressure and at 33 bar. It is clear from this figure that to achieve the 

same conversion at 33 bar of (800 °C and Ibar), the temperature should be increased 

to 1200 °C.

500 600 700 800 900 1000 1100 1200

Temperature (°C)

1500

Figure (4.6): Effect of pressure and temperature on methane conversion of 

biogas produced from grass silage.

One of the major problems in C02 reforming especially for high CH4/ C02 ratios and 

high temperature is carbon deposition on the surface of the catalyst. By the addition 

of small amount of water into the feed, the C/H ratio in the feed decreases and 

the C/O ratio decreases resulting in controlled carbon deposition, therefore a
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combination of dry reforming with methane combustion is one of the solutions to 

supply heat for the reaction as is the combination of the three reactions in one 

process . Lee et al. studied tri-reforming of methane over Ni/Ce-ZrC^ catalyst. 

They optimized the ratio of methane, steam, carbon dioxide and oxygen to obtain the 

desired H2/CO ratio, for dimethyl ether (DME) synthesis. They found that coke 

formation decreased rapidly by increasing the steam molar ratio.

4.6.1.2 Autothermal Reforming Of Methane (MATR)
Autothermal reforming of AD gas is the combination of reforming of biogas, water 

and O2 in one reactor using an adiabatic process. Different H2/CO ratios can be 

produced based on the feed composition to the reformer. As mentioned above the 

optimum H2/CO ratio for direct DME synthesis is 1.5.

The operating conditions used to study MATR are: P—1, 33 bar, H2O/CH4: 0.5-1, 

O2/CH4: 0.35-1.5 and constant CO2/CH4: 0.27 (produced from grass silage through 

AD). The process conditions used in the simulation of MAI R and the resulting 

H2/CO ratios of the exit gas from the reformer at 1 and 33 bar are listed in Table 

(4.3). It can be seen that the H2/CO ratio can be decreased and varied in a range of 

16-1.38 by changing the H2O/CH4, O2/CH4 ratios and reaction pressure.
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Figure (4.7) shows the temperature profiles for different feeds: feed 3, 5, 6, 7. It can be 

seen that the temperature for feed 3 and 5 initially decreases due to the endothermic 

reforming reactions. The temperature then reaches a minimum value and when methane 

oxidation takes place the temperature start increasing until it reaches 1300 °C for feed 3 

and 1100 °C for feed 5 at the end of the reactor. It can be also seen that for feed 6, the 

temperature initially decreases due to the endothermic reforming reactions. When 

methane oxidation takes place the temperature starts increasing until it reaches a 

maximum of 650 °C and then it start decreasing until it reaches 550 °C at the end of 

reactor. It is also clear that for the high pressure process the oxidation raises the 

temperature to 1170 °C at the entrance of the reactor which is followed by rapid 

reforming reaction which cause a sharp decrease in temperature to 400 °C at the end of

the reactor.
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Figure (4.7): Temperature profile for feed 3, 5, 6, 7.
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Figure (4.8) and Figure (4.9) show the product distribution for feed 3 and feed 5, 

respectively. It is noticed that complete conversion of methane is achieved after 0.02 

m of the reactor with Hi/CO ratio of 2.23 for feed 3 and after 0.035 m with FI2/CO 

ratio of 1.92 for feed 5. When the temperature starts increasing, the H2 and C02 

concentration start decreasing and the H2O and CO concentration start increasing 

which means that the reverse WGSR takes place, in which the Ffj/CO ratio decreased 

from 2.23 at the entrance of the reactor to 1.38 at the end of the reactor for feed 3 and 

from 1.92 to 1.58 for feed 5.

0.2 0.25 0.3
Length, ni

Figure (4.8): Product distribution for feed 3
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Figure (4.9): Product distribution for feed 5
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Figure (4.10): Product distribution for feed 6
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Figure (4.11): Product distribution for feed 7
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Figure (4.10) shows the product distribution for feed 6. It can be seen that the 

concentration of H2 and CO increased until it reaches maximum after 0.1 m of the 

reactor with H2/CO ratio of 2.5. When the temperature starts decreasing, the H2 and 

CO concentration start decreasing and the CFU, H20 and C02 concentration starts 

increasing which means that the reverse reforming reactions (methanation) take

place.

Product distribution for feed 7 is shown in Figure (4.11). It is clear that because ot 

highly exothermic oxidation of methane at high pressure at the entrance, the 

reforming rate is very rapid and equilibrium is achieved very near the reactor 

entrance with H2/CO ratio of 1.9. When the temperature deceased the reverse 
reforming reactions (methanation) are favoured which cause an increase in the CFLt, 

H20, and C02 concentration.

4.6.1.3.1 Effect of Pressure
Pressure had a substantial effect on the performance of the reactor. Because of the 

increase in the number of moles in the steam and dry reforming reaction, the 

reforming reactions are not favoured at high pressures. From Table (4.3), it is clear 

that C02 conversion is negative for feeds 1, 2, 7. This can be attributed to the lact 
that C02 reforming is favoured at low pressure and this is may be because of the 

kinetics used in this study are derived at 1 bar so are not accurate for high pressure. 
Similarly the assumption of ideal gas behaviour is not as relevant at these higher 

pressures. It can be also seen that for the same feed composition (feed 1 and 3) but at 
different operating pressure 33 and 1 bar, respectively, the overall C02 conversion 

increased from -279 to 51 % and overall H20 conversion increased from -250 to -84 

% when the pressure is decreased from 33 to 1 bar. This can be attributed to at high 

pressure the reverse reforming reaction (methanation reaction) takes place so the C02 

and H20 are products instead of reactants. This can prove that the steam and dry 

reforming favour low pressure.

4.6.1.3.2 Effect of H2O/CH4 Ratio
Feeds 1 and 2 are the same composition at 33 bar but yield a H20/CH4 of 0.5 and 1, 

respectively. It is clear from Table (4.3) that the H2/CO ratio increased from 3.07 to 

3.97 as the H20/CH4 ratio increased. The same result is noticed for feed 3 and 4 in
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which the H2/CO ratio increased from 1.38 to 1.55 when the H2O/CH4 ratio increased 

from 0.5 to 1, respectively. For high (H/C) ratios in the feed, the methane conversion 

in the steam reforming reaction increased which leads to an increase of the hydrogen 

to CO ratio.

4.6.1.3.3 Effect of O2/CH4 Ratio
The process exothermicity or endothermicity can be controlled by manipulating the 

process condition, particularly the reaction temperature and/or the relative 

concentration of O2 in the feed.

It is shown from Table (4.3) that as O2/CH4 ratio increased from 0.35 (in leed 6) to 

0.68 (in feed 5) the CO2 conversion increased from -80.5 to 39 % and the H2/CO 

decreased from 3.75 to 1.58, which means that dry retorming takes place. This can 

be attributed to the increase of the O/C ratio were the temperature produced from the 

complete combustion increased which increases the methane conversion by dry 

reforming and adjusts the H2/CO ratio to a lower value because the dry reforming 

reaction is favoured more and more at higher temperatures.

The table also showed that there are different feed alternatives (feed 3, 4 and 5) to 

produce the optimum H2/CO ratio for direct DME synthesis. Therefore, in terms oi 

economics, materials of construction for long life of the reformer and the catalyst 

stability the best feed is feed 5 with H2O/CH4: 0.67, O2/CH4: 0.68 and CO2/CH4: 

0.27 which can produce H2/CO ratio of 1.58 at 1 bar.

4.6.2 DME Reactor
4.6.2.1 Effect of H2/CO Ratio
In order to study the effect of H2/CO ratio on direct DME synthesis from synthesis 

gas and find the optimum value, two intrinsic kinetic models Ng and Lu models are 

used. We studied the effects of H2/CO ratio in the feed gas on the reactor 

performance by varying its value within the range 1-2.2. Figure (4.12) presents the 

effect of H2/CO ratio for the two models. For both models at low H2/CO ratio, the 

rate of C02 hydrogenation is low so the amount of water formed is not enough for 

the water gas shift reaction, thereby decreasing CO conversion. But by increasing H2/ 

CO ratio to 1.5, the CO conversion reached a maximum of 0.94 and 0.84 for Lu and
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Ng models, respectively and then after a further increase decreased the CO 

conversion. This decrease can be attributed to the fact that a high content of H2 in 

the feed (H2/CO molar ratio above 1.5) favours the formation of H20 by means of 

the water shift reaction and, consequently, the reaction of dehydration of methanol is 

displaced towards the reactants which lower the overall conversion. These predicted 

results are in agreement with Moradi et al. .
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Figure (4.12): Effect of H2/CO ratio on CO conversion

4.6.2.2 Case Study: Pilot-Scale Fixed Bed Reactor
For the simulation of direct DME synthesis, data from a DME pilot plant are used 

for simulation in Table (4.4) and lable (4.5) with H2/CO ratio ot 1.5 using CZA/y- 

Al203 catalyst.

Table (4.4): Properties of the Catalyst and the reactor of pilot-plant

Catalyst density (kg/m3) 1783.5

porosity (%) 45.53

pore tortuosity 1.69

mass (kg) 7.85

pellet diameter (m) 0.006

reactor tube diameter (m) 0.03

length (m) 1.6

tube number
_____________________

7
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Table (4.5): Experimental conditions

Variable Operating range

Feed temperature (°C) 220

Boiling water temperature (°C) 215

W(g) 0.075

yoco 0.391

yOH20 0.0157

y0CO2 0.002

yOH2 0.589

Figure (4.13) shows the simulated temperature profile of direct DME reactor under 

the pilot plant operating conditions. It is clear from the figure that the temperature 
increased along the reactor until it reaches 380 °C at the end of the reactor, which 

means that the cooling is not enough to decrease the temperature below 300 C, 
because operating at high temperature causes sintering of copper based catalyst. It is 

also noticed that the simulated temperature profile has the same trend of the 

measured temperature profile5. Although the simulated temperature profile has 

higher temperature at the outlet of the reactor of 70 C.
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Figure(4.13): Temperature profile for pilot plant conditions
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Figure (4.14) shows the simulated CO conversion profile of direct DME reactor 
under the pilot plant operating conditions. It can be seen that the CO conversion 

increased with reactor length until it reaches 39.9 % at the end of reactor, which is in 

good agreement with experimental results . Table (4.6) shows the comparison 

between experimental results and the simulation results. It is clear that at 50 bar the 

CO and H2 distribution in the product are in agreement with the experimental. 

Whereas H20, C02, MeOH and DME composition in the product are different. This 

can be explained by the difference between the experimental and simulated 

temperature. The simulated temperature has a value of 380 °C whereas the 

experimental value is 310 °C. From thermodynamics, the methanol dehydration 

reaction favours high temperature so all the methanol formed is converted to DME, 

which increases the DME yield from 50 % at 310 °C to 62 at 380 °C. It can be seen 

also that there is a slight decrease in DME yield when there is a decrease in the 

pressure from 50 bar to 33 bar. However in terms of economics it is more profitable 

to operate at low pressures.
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Figure (4.14): CO conversion along the reactor
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Table (4.6): Comparison of pilot plant and simulation results

Simulation Simulation Pilot plant

results results result

CO conversion 38 39.9 39.4

DME yield 61.72 62 50.02

P (MPa) 3.3 5 5

yom 56.34 55.94 54.74

yoco 29.70 29.38 29.8

yoco2 7.19 7.36 6.68

yomo 0.77 0.92 0.41

yMeOH ~ 1.4985x10 4 1.4578x10 4 4.78

y'DML 5.77 6.07 3.02

The differences between the simulated results and measured results can be attributed 

to the following reasons:
• the assumption of ideal gas of the process.
• we used the density of the hybrid catalyst to represent the density of 

methanol, WGS and DME reaction. The correct way is that the density of 

methanol and WGS catalyst is different from the density of methanol 

dehydration catalyst.
• the assumption of the external mass transfer resistance is negligible.

• the assumptions used to calculate the overall heat transfer coefficient.

4.7 Conclusion
-To study the feasibility of the combined process, a detailed kinetic study was 

performed for a wide range of conditions.
-It can be concluded that the MATR process is suitable for direct production of 

flexible H2/CO ratio synthesis gas.
- A detailed mathematical model for MATR and DME process was developed.

- For a given set of conditions for a pilot plant, it is feasible to predict the behaviour

of the plant.
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5.1 Introduction

5.1.1 Water Gas Shift Reaction (WGS)
The water gas shift reaction is a very important reaction in industrial processes in 

which CO and water in the vapour phase react to produce carbon dioxide and 

hydrogen as per the following equation:

CO - H.0(g) ~ C0; - H, t5-1)

AH.58 = -41.1 kj mol-1

This reaction is used to produce hydrogen for ammonia synthesis, to adjust the 

H2/CO molar ratio of synthesis gas for methanol synthesis and to detoxify gases 

(town gases, in ammonia synthesis). It also take place in many processes, where CO 
and H20 are present, such as methanol synthesis.2 Because the WGS reaction is 

moderately exothermic and hence its equilibrium constant decreases with 

temperature, high conversions are favoured by low temperatures. Under such 

conditions the reaction is controlled by the kinetics, so highly active and stable low- 
temperature WGS catalysts are needed.4 The type of catalyst to use depends on the 

applications and until recently the gas shift reactors in fuel cell systems at the 

kilowatt scale have utilized industrial iron- and copper-based catalysts. Fe-Cr 

formulations have the advantages of being cheap, stable, and are able to withstand 

gas phase impurities such as sulphur and chlorine compounds. However, they need 

temperatures above 350 °C to be active.

Currently, CuO/ZnO/Al203 (CZA) is used as the standard low temperature shift 

catalyst, but catalysts based on copper supported on Si02, MgO, and Cr203 also have 

been applied.6 Copper-based catalysts have shown good activity at relatively low 

temperatures, usually no higher than 300 °C as they are particularly susceptible to 
thermal Cu sintering that occurs above this temperature.7 Other disadvantages of Cu 

catalysts are the need of activation, before operation, by a slow and controlled 

reduction process. Besides, upon shutdown the catalyst must be purged with an inert 

gas to prevent condensation and reoxidation; otherwise its performance becomes 

significantly impaired. Repeated start-up/shutdown cycles, as associated with in-
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vehicle use, are likely to result in condensation of water and subsequent deactivation 

of the catalyst.4

More recently that it has been demonstrated that supported gold catalysts are 

promising low temperature WGS; Au/ZrC^8, Au/TiCh9'10, Au/CeCh and

Au/CeZr0416’17-18’19.

Gold-based catalysts containing nanoparticles can catalyse many reactions under 

conditions where bulk metallic gold is inactive. It is generally known that the 

addition of a metal to oxides (e.g. CeOj) can modify the intrinsic catalytic properties 

of the oxides, possibly increasing the activity, selectivity or stability of the obtained 

products.20 Catalysts based on cerium oxide are promising for many applications. 

Ceria supports are classified as an n-type semiconducting oxide with extremely high 

oxygen mobility where its electronic conductivity and oxygen vacancy can be easily 

altered by using different promoters and different testing conditions.21 However, for 

ceria supports, several factors such as ageing and sintering contribute to a decrease in 

the oxygen storage capacity (OSC).22 The OSC of CeCh can be improved by the 

addition of a second metal to the oxide support e.g. ceria-zirconia (CeC^-ZrCh).

Foncesca17 et al. showed that Au/CeZr04 catalysts prepared by deposition- 

precipitation method have higher activity for the water-gas shift reaction using a 

model reaction gas mixture than Au supported on CeCh, Ti02 or Zr02 prepared in a 

similar manner and Au/ FeO(OH) prepared by co-precipitation. They studied the 

stability of Au/CeZr04 catalyst both by extended temperature ramps under model 

WGS conditions and ex-situ steady state ageing with a realistic WGS feed. However, 

they found that both approaches resulted in deactivation of the catalyst.

Long term stability is the important issue when the catalysts are to be implemented in 

commercial WGS applications. An understanding of the deactivation mechanisms is thus 

critical when designing new catalysts/processes able to achieve clean hydrogen 

production via the WGS reaction for practical applications. However despite significant 

research in this area the physical origin and mechanism of the deactivation process is 

still controversial.18
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There have been a number of deactivation mechanisms proposed for ceria (Ce02) 
supported platinum (Pt) and palladium (Pd) catalysts during the WGS reaction. Goguet 

et al. studied on-stream deactivation of gold supported on a ceria-zirconia catalyst 

during the WGS reaction by a combination of in situ extended X-ray absorption fine 

structure (EXAFS) and X-ray absorption near-edge structure (XANES) with density 

functional theory (DFT).18 At the beginning of the reaction, the catalyst showed high 

reactivity but over time there was a significant loss in CO conversion. In this paper 

they found that the deactivation was related to the concentration of water in the gas 

phase. Furthermore, they also treated the catalyst at high temperature (>250 C) to 

investigate the effect of heat on the stability of the catalyst. Considering both the 

experimental and theoretical (DFT) calculations, they proposed a common 
deactivation mechanism for both water and temperature to be the detachment of the 

gold nanoparticles and agglomeration from the support surface. This related to a 

reduction of the interaction between the metal and support surface which is 

considered to be necessary for the high activity of the catalyst.

The WGS reaction is also considered as one of the three main reactions for dimethyl 

ether (DME) synthesis from syngas. Therefore to design a DME reactor and to 

optimize its operating conditions, knowledge of the kinetics is important.

5.1.2 Objectives
The objectives of this chapter are:

• to determine the best kinetic mechanism, reaction rate and orders lor the 

water gas shift reaction using fresh 1% Au/CeZr04 catalyst previously shown 

to be effective in this reaction;
« to examine the on stream deactivation during the WGS reaction over 

Au/CeZr04 catalyst;
® to determine a deactivation model for Au/CeZr04 from the process data,

• to compare the activity of gold catalyst with CZA methanol synthesis catalyst 

for WGS reaction;

• to study the aging of fresh gold catalyst
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5.2 Kinetic Study
The gold based catalyst used in the kinetic study was prepared by the method 

described in section (2.2). Testing was carried out at the experimental conditions 

summarized in Table (5.1). The details of the setup and catalytic testing were 

described in section (2.3)

Table (5.1): Experimental conditions

Variable Operating range

P(MPa) 0.1

T(°C) 180-225

W(g) 0.075

yoco 0.01-0.03

y0H2O 0.01-0.075

y0CO2 0-0.025

yOH2 0-0.081

5.3. Kinetic Modelling
The general approach to model a deactivating catalyst involves the simultaneous 

solution of two equations: (1) the rate equation for the main reaction; (2) the rate 

equation for deactivation. The effects of deactivation on the rate of a single reaction 

can be modelled by including an activity function in the rate equation for the main 

reaction:

—rA = k(D/(C)a (5.2)

where ~r\ is the rate of the main reaction; k(T') is the rate constant; ^/(C) is a function
• 23of concentration of reactant and product species and a is the activity function.

5.3.1 WGS Reaction Mechanism and Kinetic Equation
Among the numerous studies of WGS kinetics, there are two commonly proposed 

reaction mechanisms. One of these is the associative mechanism (Langmuir- 

Ilinshelwood mechanism) which is based on the interaction of adsorbed carbon 

monoxide and water to form an intermediate which subsequently breaks down to
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form products.24'25 The other mechanism is a surface regenerative or redox 

(oxidation-reduction cycle) mechanism, which is based on the dissociation of water 

on the catalyst surface to produce hydrogen and an oxidized surface, which in turn, is 

reduced by carbon monoxide to complete the cycle. ’ ’ ’ ' Recently, Burch 
proposed a universal mechanism for low temperature WGS reaction which is strongly 
dependent on the choice of experimental conditions.31

From the WGS reaction mechanisms, a variety of rate expressions (based on LH for 

a Langmuir-Hinselwood mechanism, and R for a redox type mechanism) can be 

derived. For the description of the zero time on stream kinetics, a total of 6 

mechanistic models, listed in Table (5.2), were initially proposed. Zero time 

represents the initial reaction i.e. before deactivation is considered important. 

Assuming different rate limiting step for each mechanism, five rate equations models
32are proposed.

Table (5.2): Proposed WGSR Mechanisms

Langmuir-
Hinselwood
(LH)

Proposed Mechanism Redox
(R)

Proposed Mechanism

LH1.1 CO + s t; COs Rl.l H20 + s 15 H2Os

LH1.2 H20 + s ±5 H2Os R1.2 H20 + s Hs + OHs
LH1.3 COs + H2Os C02s + H2s R1.3 OHs + s t5 Os +Hs
LH1.4 H2s ±5 H2 + s R1.4 2Hs H2 + 2s
LH1.5 CO2S CO2 s R1.5 CO + s COs

R1.6 COs + Os t; C02s + s
R1.7 C02s t;C02+s

LH2.1 CO + s t; COs R2.1 CO + s 15 COs
LH2.2 HiO + 2s 15 Hs + OHs R2.2 COs + 2Ce0215 C02+Ce203+s
LH2.3 COs + OHs 15 COOHs + s R2.3 H20 + Ce203H2+2Ce02
LH2.4 COOHs <5 C02 + Hs
LH2.5 2Hs l5H2 + 2s
LH3.1 CO + s 15 COs R3.1 H20 + s ±5 H2 + Os
LH3.2 H20 + s 15 H2Os R3.2 CO + OstjCOz + s
LH3.3 COs + H2Os 15 COOHs + Hs
LH3.4 COOHs *5 C02 + Hs
LH3.5 H2s ±5 H2 + s

In Froment and Bischoff,33 it is stated that for surface catalyzed reactions with a 

mechanism based on chemisorption and a single rate determining step, the reaction
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rate can always be written as a combination of three groups. Ihese are a kinetic 

group, a driving-force group, and an adsorption group. The rate is thus expressed as

('kinetic factor);driving force group) 
(adsorption group)0

where

k*(P.xt,Xcc,KP)

<p(p,y°,XC0>K^)
(5.3)

kinetic factor = k , the Arrhenius equation is used to describe the variation of the 

rate constant with temperature

k = kc, exp(-Ea/RT) (5.4)

driving force group =

Kp\ is the equilibrium constant for WGS reaction; 34

]0gKp ^- +0.5194 log 1 + 1.037 x 10-3r-2.331 x IQ-'r2 - 1.2777
T~

(5.5)

: adsorption group)

K,.: is the adsorption equilibrium constants defined by the van’t Hoff equation

Kj.a = A exp(-A/f“0/RT) (5-6)

A, = exp(A5;<)a / RT) (5-7)

From Langmuir-Hinshelwood (LH1) type, the following rate expression can be 

derived with a surface reaction of molecularly adsorbed reactants (LH1.3) as the rate 

determining step.

141



Chapter 5 kinetics of low temperature WGSR over 1% Au/CeZr04

Model 1:

4P c 0?a-o
Pco-P'- 'j

in 1
—rr~ =

(l h-coPco ^■h2oPhzo ^-co-PcOz -KhJhJ
(5.8)

This rate equation has been studied by several groups,32’3"’ for different type of 

catalysts and they suggested that this model could fit all of the experimental data. 

Similarly, another model can be derived from the LH3 mechanism assuming that the 

rate determining step was the intermediate formate formation from the surface 

reaction between molecularly adsorbed water and carbon monoxide (LH3.3).

Model 2:

~rco

Pco2PhA 
Kp J

11 4- KC0PCo T ^hzqPhzo 3“ ^co;o-Ph2 3- x

\5.9)

Leppelt et al." however proposed the LH2 mechanism for low temperature WGS 

reaction on Au/Ce02, they found that their data indicated that the reaction cannot be 

completely explained by formate decomposition with a constant rate constant as the 

rate-limiting step. The mechanism assumes that the rate determining step is the 

dissociation of H20 (LH2.2), the rate equation derived for this model can be 

represented as follows:

Model 3:
k{PH.O ~ Pco-M\

~rCO —

pc„ ___ _ ___ Ph:
1 + KC0PC0 + KHzo\ pth + Pco^\ +" Ku.

(5.10)

Wang et al.28 showed that ceria-supported precious metals catalysts can be explained
36by the following (R2 mechanism), the rate equation for this model:’
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Model 4:

(5.11)
[14- A’| Pr o) (. 1 + P 2 )

However Phatak et al.37 proposed a seven- step redox mechanism (R1 mechanism) 

over Pt catalysts supported on alumina and ceria. The sequence of elementary steps 

(Rl.l- R1.7) in Table (5.2) describe this redox mechanism. From this mechanism, 

the combination of elementary steps (R1.1-R1.4) gives surface oxidation, 

H2O + s $ H2 + Os. While a surface reduction, CO + Os $ CO2 + s can be obtained 

by combining steps (R1.5-R1.7). The sequence of these two steps is the surface 

redox mechanism (R3 mechanism).38 Ceria or ceria-zirconia support systems are 

known to be able to store and release oxygen and hydrogen from the surface and bulk 

vacancies.35 This fact is based on the higher mobility of the lattice oxygen facilitated 

by the distortion of the O2 sublattice in the mixed oxide. Assuming that the rate 

determining step was surface oxidation; H2O + s ^ H2 + Os, the rate equation can be 

represented as follows:

Model 5:

(5.12)rco —

While power law expressions are simple empirical expressions, which do not 

consider any mechanism, they are also useful for the design and optimization of an 

industrial reactor.

(5.13)

where a, b, c, and d are the apparent reaction orders for CO, H20, H2, and C02, 

respectively, and
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6 = ■ (5.14)
Pco Pp.-oK?

5.3.2 Thermodynamics Constraints
The parameters for the reaction kinetics have to satisfy certain thermodynamic

39criteria for the mechanisms to be physically meaningful,

fl) AS,*. < 0 or exp(AS“a//?) = A, < 1 (5.15)

(2) - AS°a < Sj^as (SA6')

For CO, H20, H2, and C02, the S^„ values at 298 K are 198.1, 188.9, 130.8. and 

213.9 J/(mol.K),32 respectively. Thus from Equation (5.15) & (5.16), the criterion 

becomes:

exp{AS*0a/fl) = Aco > 4.064 x lO'11 

exp(A5°i0>a/fl) - > 1.228 x lO'10

exp(A5^.a/7?) = .4W. > 1.385 x 10“ 

exp(A5*0:,a/i?) = -4co: > 6.014 x lO"12 

The third criterion is:40
(3) 41.8 < — A5*a < 51.04 - 0.0014 AHj*a (5.17)

5.4 Model Development 
5.4.1 Model Assumptions
The following assumptions were taken into consideration in order to develop the 

model:
• A pseudohomogeneous one dimensional model.

• Transport due to the internal diffusion or external diffusion do not play any 

role. The catalyst pellets are taken to be sufficiently small in order to avoid 

diffusion related effects.

• The chemical reaction is the rate limiting step.

• The pressure drop was negligible.
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• Isothermal temperature profile, integration of the energy equation was not 

necessary.

5.4.2 Integral Reactor
The kinetic data were obtained in an integral reactor where the CO conversions 

greater than 10% are produced. For an integral plug-flow reactor, the reaction rate is 

calculated as:

a a co
C0 dOV/F*0)

The integration of the rate equation over the reactor bed leads to:

W

(5.18)

33

f{XC0,k, Kj,...) (5.19)

Here the CO conversion for Equation (5.19) was performed by applying numerical 

integration using fourth order Runge Kutta method, the MATLAB subroutine 

function ODE15s.

5.4.3 Determination of Fresh Catalyst Parameters
The parameter estimation was based on minimization of the objective function using 

the sum of residual squares:

^Vco-Xco)* (5.20)
£ = 1

where n is the total number of experiments, A’ is the experimental carbon monoxide 

conversion of the fresh catalyst at time zero, and A' is the calculated carbon 

monoxide conversion of the fresh catalyst at time zero.

In order to solve the system of equations and to find the unknown parameters for the 

reaction, a MATLAB routine was developed containing three parts. The first part is 

the main function to carry out evaluation of ordinary differential equation using the 

reaction kinetic model. In this part, the reaction rate constants were expressed in the 

form k = exp Qnk0)exp(_—Ea/RT) where the unknown variables were
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e.xp(inkc.) = hr (pre-exponential factor of rate constant), T (reaction temperature) 

and E, (activation energy). Because rate constants can vary over many orders of 

magnitude, it often works better when using .v = lnk0 rather than Arc as the fitting 

variable. This also guarantees that the minimization procedure never gives a negative 

value of k, since kc. = exp(.v) is positive for all real values of x.

The second part is to call the first function by odel5s and calculate an error function 

by summing the squared difference between the observed and predicted values. 

Finally, the third part contains the data file where all the experimental data are stored 

and the starting initial guess for all unknown parameters are given, this part also call 

the error function. This error was minimized using a MATLAB function called 

“fminsearch”, which is an unconstrained non-linear optimization sub-routine, to find 

the minimum of a scalar function of several variables, starting at an initial estimate.

For the non-linear case, there may be multiple minima, and any solution found 

cannot be guaranteed to be the global minimum. If there are multiple solutions, then 

the particular solution that is found will depend on the initial guess that was 

provided. A given solution will have a ‘region of attraction' such that all initial 

guesses in that region of parameter space will converge to it. The best method is to 

try a large number of initial guesses for the parameters, then different solutions are 

obtained, and if so take the one that satisfy the constrains mentioned in section 

(5.3.2). With this approach, we can never guarantee that we have found the global 

minimum, but if we find one or more solutions that reproduce the experimental 

values to within the experimental error, then we cannot distinguish between those 

sets of rate parameters anyway.

5.5 Deactivation Kinetics
Investigations of catalyst deactivation phenomena are complicated by the fact that 

the loss of activity can arise from sintering, poisoning or fouling of the catalyst. For 

most processes operated at moderate temperatures, deactivation commonly arises
• 23from poisoning or fouling.
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5.5.1 Simple Power Law Model
A simple power-law equation (PLE) can often be applied to deactivation, i.e. the

i 41decrease in catalytic activity with time or deactivation rate, is given by:

— — = kd\P.IT)ad (5.2D
at

Where is the deactivation function; and d is the order of deactivation.

For a deactivation rate independent in species concentration, the kinetic parameters 

kd and d can be considered as constants, the integration of Equation (5.21) leads to

the following expressions:

For d=l 
a = exp(—fcjjt) (5.22)

For d=2

°'1-h (kdt)
(5.23)

For d^l
1

a ~ (1 + (d - L)kdty d~1
(5.24)

For a deactivation kinetic model of separable functions, the activity model takes into 

account the influence of composition (partial pressure) of carbon monoxide, Pco, 
water, Ph20, carbon dioxide, Pco2 and of hydrogen, Ph2:42

Therefore for d=l
a = exp'-'kdCOPCo + kdH2oPnzo + kdCO:Pco: + kdH;PH2Jt) 1 5.25,>

and for d=2
a =___________________ 1__________________________^ (5.26)

1 + (ffcdCQpCO + kdH2O^H:0 kdCOZ^COZ "h kdHZp.HZ -,)

5.5.2 Generalized Power-Law Equation
Fuentes43 explained that the use of simple power-law equations in deactivation 

studies is appropriate only when the activity decays to zero. To overcome the 

deficiencies of the simple model, he developed a generalized power-law equation
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(GPLE) which takes into account that final steady-state activity approaches a 

constant value at long time.

-^ = kJAj)(a-asy
at

(5.27)

The GPLE deactivation orders normally found were restricted to first or second 

order 23 As in simple law if we assume that the kinetic parameters and d are 

constants the resulting equations from the integration of Equation (5.27) are:

For d=l
a = 0* + (1 - as)expi—kdt)

For d=2

£3 = 0,+
(1 - Qj)

1 + (1 - as)kdt

(5.28)

(5.29)

A GPLE model with stream composition effect the Equation (5.27) will be as follow:

For d=l
£3 = o - + (.1 - q .)expi —(kdco^co +■ kinzoPnio + kdcoiPcoz "F kmiPnz)*) 1.5.30)

For d=2

a = cT 1 + (1 - fljXOCc;
(1 — C J

iT ^ -Jr.1
(5.31:

5.5.3 Deactivation Parameters Estimation
The kinetic parameters estimation was based on minimization of Levenberg- 

Marquardt nonlinear regression of the objective function:

"V(Xco't) ~Xco'tJ)' (5.32)
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where n is the total number of data, X(t) is the experimental carbon monoxide 

conversion at time t, and X(t) is the calculated carbon monoxide conversion at time t.

In order to find the unknown parameters for the deactivation model, we followed the 

same procedure described in section (5.4.3) but with using a MATLAB function 

called “nlinfit” to minimize the objective function. The same as for kinetic 

parameters because the system is non-linear, there may be multiple minima, so a 

large number of initial guesses for the parameters were proposed with different 

solutions are obtained.

5.6. Statistical Testing Of the Models and Parameters
The discrimination between the fitted models was achieved by applying the F test. It

33is based on the regression sum of squares and the residual sum of squares:

yn CO 
• —'1

F=------ -------P ,, ?$ F(p, n-p;l-a) (5.33)
yn (Aco ~ co)

-1 n —p

where: n is number of the experiments; p is number of parameters in the equation ol 

model; and 1 - a is the confidence level.

The calculated ratio F. is distributed like F(p, n - p), if the calculated F value is 

higher than the tabulated ones, the regression is statistically meaningful. The highest 

calculated F value corresponds to the model that best fits the experimental data.

f?' is a coefficient of determination, calculated by the flow formula:

Rz =
(A'cc - XCO,

=i*coJ
(5.34)

If R2 >0.9 and F >1 OFo.os, we can say that the model is reliable.
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5.7. Results and Discussion 

5.7.1 WGS Feed Stability
Figure (5.1) shows the stability of full feed (2 % CO, 7.5% H2O, 1% CO2, and 8.1% 

H2) with time on stream. It is clear from the figure that the feed is stable over the 

time which is an indication of the stability of product on stream and accuracy of 

results.
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Figure (5.1): Full feed (2 % CO, 7.5% H20,1% C02, and 8.1% H2) with time 

on stream

5.7.2 Stability testing of gold catalyst
Figure (5.2) shows CO conversion over gold based catalyst using feed (2 % CO, 

7.5% H20, 1% C02, and 8.1% FI2) at 225 CC, this figure shows the results of two

experiments using the same conditions with the same catalyst batch but experiment 2 

was carried out after two months of experiment 1. It is clear that the gold- based 

catalyst used for WGS reaction is unstable with time at the same conditions, which 

means that gold- based catalyst is sensitive to the surrounding conditions (i.e. ages 

with time).
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Figure (5.2): CO Conversion for 1% Au/CeZr04 using (2 % CO, 7.5% HzO, 1% 

C02, and 8.1% H2) at 225 °C

5.7.3 Reproducibility of the Results
Figure (5.3) shows CO conversion over gold based catalyst using full feed (2 % CO, 

7.5% H20, 2.5% C02, and 8.1% H2) at 200 ^C. The results of this figure are for two

experiments using the same conditions with the same catalyst batch but experiment 2 

was carried out after one day from experiment 1. While the catalyst ages with time as 

shown above (Figure (5.2)) it is reproducible and as shown in Figure (5.3), the 

system used for WGS reaction is stable for different runs under the same conditions.
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Figure (5.3): CO Conversion for 1% Au/CeZr04 using full feed at 200 "C
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Figure (5.4): The estimates with comparison intervals of CO Conversion for 

l%Au/CeZr04 using full feed at 200 CC for experiment 1 and experiment 2 in

Figure (5.3).
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The MATLAB function “anoval” and “multcompare” were used to compare the 

results of experiment 1 and experiment 2. As shown in Figure (5.4), the two sets of 

experiments have the same mean. The mean of experiment 1 minus the mean of 

experiment 2 is estimated to be (-0.0014), and a 95% confidence interval for the true 

mean is [-0.0136, 0.0108], which means that the difference would not be significant 

at the 0.05 level.

5.7.4 Catalytic Testing CuO/ZnO/AhOj vs. Au/CeZrC>4 Catalyst
The activity of the gold and CuO/ZnO/AhCb catalysts was compared using a full 

feed (2% CO, 2.5% C02, 7.5% H20 and 8.1% H2) and using a feed free from carbon 

dioxide and water (2% CO and 7.5% H20) for WGS reaction.

Figure (5.5) shows the effect of reaction products (C02 and H2) in the feed on the 

catalyst activity of Au/CeZr04 and Cu0/Zn0/Al203 catalysts at 200 °C. It can be 

seen that CO conversion is strongly affected by the presence of C02 and H2. For both 

catalysts, CO conversion is higher in case of feed free from carbon dioxide and 

hydrogen (only CO and H20) which is in agreement with Le Chatelier’s principle 

when the products are in the feed the reaction equilibrium shifts in the reverse 

direction toward reactant formation lead to decrease of CO conversion. Mendes et 

al. studied the effect of reaction products on different catalysts for low temperature 

water gas shift reaction and they found that the presence of reaction products in the 

feed (C02 and H2) with CO and H20 have significant effects on the catalytic 

performances which is in agreement with our results. It can be seen also that the gold 

based catalyst is more active than copper based catalyst regardless the feed 

composition. In the presence of reaction products in the feed (C02 and H2) with CO 

and F120, the CO conversion over copper based catalyst, reaching only 10%, 

compared with 40% over gold based catalyst.
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Figure (5.5): Effect of reaction products in the feed stream over CO conversion 
for Au/CeZr04 and CuO/ZnO/A^Os a) full feed (2% CO, 2.5% CO2, 7.5% H2O 
and 8.1% H2) and b) for feed free from C02and H2 (2% CO and 7.5% H20)

5.7.5 Kinetic model for fresh catalyst
5.7.5.1 Statistical testing of the models and parameters
The parameters obtained for the five models are listed in Fable (5.3). At the 

beginning model 2 is rejected because all the adsorption heat for all components are
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positive which didn’t reflect the physical meaning of adsorption heat which it should 

be negative. Comparison of F values of the above kinetic models identifies model 5 

as the best rate model, with a calculated four-parameter F value of 2.20 x 10- . As 

the tabulated F value for the 95% confidence level was 3.35, which is lower than the 

calculated values, the model can be considered as statistically meaningful. The 

second-best rate model is the 6- parameter model 4, with a calculated F value of 38.8 

and a tabulated F value of 2.996. Due to the nonlinear aspects of the models, the 

customary F test (comparing the sum of squares due to regression to the residual sum 

of squares, corrected for their respective degrees of freedom) is only indicative, but 

the obtained F value of 2.20 x 10: for model 5 is two orders of magnitude larger than 

the tabulated 95% value. The improvement of the calculated F value of model 5 with 

respect to model 4 is 5.79. As calculated with our data, the other models have a much 

lower F value than model 5 (2.20 x 10-) which permits us to reject the possibility of 

these models.

Table (5.3): Calculated model parameters

Parameter Model 1 Model 2 Model 3 Model 4 Model 5

*4c 1148 9.98xl07 509 9.38xl07 3.55

EJR(K) 1709 6433.65 4158.9 7221.55 2116.78

lnAC0 -2.1 -1.752 -6.196 -26.789 -9.0707

AHC0/R (K) -1519 1415 -1398 -11229 -3666.73

InAfj.o -7.077 -3.07 -7.3

AHu.qJR (K) -1826 1724.25 -1801

l n.4 u. -2.248 -3.37 -7.84 -21.78

2% R K) -2807.35 1724.25 -1843 -11299

in.4 c0. -2.951 -3.37 -5.13

AHco./R (K) -3091 1993 -2004

F 22.43 6.25 14 38.8 2.20 x 10-
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Measured CO Conversion

Figure (5.6): Comparison of measured and predicted CO Conversion for model 

5

The predictive efficiency of the model 5 in terms of CO conversion when compared 

with the experimental results gave an average absolute deviation (AAD%) of 

17.48%. The simulation and experimental results are given in the parity plot of 

Figure (5.6), which compares the experimental conversions of CO with those 

predicted by solving model eqs 12 and 19.

5.7.S.2 Thermodynamic Analysis of the Parameter Estimates
All parameters for the best fit model (model 5) are statistically significant and satisfy 

each of the physico-chemical criteria.39 A first criterion, which is perfectly satisfied 

in the current case, specifies that frequency factor for the CO adsorption constant has 

to be positive.

1 > = 6.618 x 10-3 > 4.064 x 10_11
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The second criterion is:40

41.3
R 5.02 lnAC0 = 9.07 < (51.04/4? - 0.0014 = 11.7

A third and final constrain is the sign of 5(7). It has to be negative for the adsorption 

constants, reflecting the heat of adsorption. ’3 In model 5, the CO adsorption constant 

satisfies this criterion. The exponential of the reaction rate constants on the other 

hand has to be positive; since it stands for Ea. Model 5 successfully passes this 

criterion therefore the kinetic model based on a surface redox type mechanism 

appears to explain the observed CO conversion and qualitatively predict the CO 

conversion.

5.7.5.3 Deactivation Kinetics
From previous the kinetic model for WGS reaction for fresh gold based catalyst can 

be represented by the surface redox mechanism:

!.(P _EcoJ%l\ 
h PcoK, )

rco — 5
1 + KC0 ~p~k

where

k = 3.553 exp(—2116.78/T)

Kq0 = 1.15 x 10“’exp(3666.73/r)

(5.12)

( 5.35) 

(5.36)

The deactivation studies for fresh gold catalyst were carried out at the conditions 

mentioned in Table (5.1). Figure (5.7) represents the relative CO conversion as a 

function of time on stream at different feed compositions and at different operating 

temperatures. It is clear that the deactivation of the catalyst is decreased with 

increasing the temperature for all feed compositions. Mendes et al.4 studied the 

catalytic performance for the low-temperature water-gas shift reaction of gold 

supported in different support catalysts, they found that the Au/Ce02 sample clearly 

showed two distinct behaviours: a progressive deactivation at lower temperatures and 

a good stability at higher ones.

157



<NX
■3E
S

a

i

(N
0(N u 00 fS N 0u X c X uoaj<■’T c

■ * • ► •

1 1 1 i r

03 w »

► *-*4 4M ■ 4 4

► •* < ► m • 44 4
■ 4 4

► # *M
■ >4 4 4

► ■4 4 4
► •» < ► ♦ ► ■4 4

► •• 4 ►■ 44 4
► # ■ 4 ► ■414 4

• 444

► 4 ► • ■•4 ► ■4 4
» 4» ► 444 ^

► •• 4 ■►4 4 4
► •• 4 ► • ■ 4 ►■4 4

► •*■• ◄ ► • 4 • ► 44 4 4
k • *4 ► 444

► ◄ ► ► 44 4
► • 4.* < ► • • 4 ■ 44 4

► • 4 • ►• 444 <

► 4 ► ► ■4*4 4
■44 N

H -4 ►■44 4 <
f 44 • 4

-4 ► 4* 4
► M ►■ 4 44 4

► 4 44 ♦ 444 4
► • • • ◄ ► 4 44 ► •• 4

>4 4M ■ 44* 4
► 4 ► 4 # ■ •144 44

► «44 •14 44 4

► M ►4 ■ «4 4
>4 * ►4 44 4

* ■ *♦ 4 14 4 ► 444 4 4
44*4 ■4*4 4

t* N • 44H ♦444
<*4 ■4*1

•44 * 444
4 ►— • 4 4x

c
vC
c c

X
d

VO
d

x
d

VO
d

(M tIVl.V UM > )< ) ) -V VI

Oo
Ov

O
O
X

ssr-

c©©

© £
©
in (/)

©
©

©

©
©<s

©
©

©

©

Fi
gu

re
 (5

.7
): C

O
 co

nv
er

sio
n f

or
 1%

 A
u/

C
eZ

r0
4 c

at
al

ys
t a

s a
 fu

nc
tio

n o
f t

im
e a

t, (
a)

 T
= 1

80
 °C

, (b
) T

=2
00

 °C
, a

nd
 (c

) T
=2

25
 °C



The selection of the best catalytic system is therefore clearly dependent upon the 

range of temperatures used and their conclusion is in agreement with our results.

The data in Figure (5.7) was tested against different deactivation models Equations. 

(5.22, 5.23, 5.25, and 5.30). Among these models, the activity model (Equation 

(5.25)) that takes into account the influence of composition with steady state activity 

approaches zero at long time gives the best fit. As shown in Table (5.4), the 

regression coefficients (R2) improved when the influence of composition is 

considered. As shown in Figure (5.8) the residual of error for model lis the best to 

follow the normal distribution.

Table (5.4): Deactivation rate constants calculated using Equations (5.22, 23, 25, 

and 30) for the data in Figure (5.7)

To check the goodness of fit, it can be also looked at a probability plot of the 

residuals. These are normalized so that when the model is a reasonable fit to the 

data, they have roughly a standard normal distribution. The residual plot in Figure 

(5.8) shows a good agreement with the normal distribution for the residuals between 

the observed CO conversion and predicted CO conversion from deactivation model 

in Eq. (5.25).
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Normal Probability Plot
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Figure (5.8): Normal distribution of the residuals of the fitted deactivation 
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(Equation (5.25))
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The predicted and experimental results are given in Figure (5.9), which compares the 

measured conversions of CO with those predicted by solving model Equations 5.35, 

5.36, 5.37, and 5.25.
As a result the kinetic constants of the best fitting equations are

kdCO = 2.68 x 1CT8 exp(4670/1) (5.37)

kdH_0 = 1.51 x 10-’ exp (2 685/T) (5.38)

kdHz = 2.47 x 10"' exp(1962.62/D (5.39)

kiC0Z = 1.22 x 10"7 exp(2384/r) (5.40)

It is clear from the above equations that the deactivation of fresh gold based catalyst 

is a function of the composition of the gas mixture (CO, II2O, CO2, and H2), but 

water has a major effect in which the pre exponential factor is three orders of 
magnitude larger than other components. Goguet et al.18 have proposed from 

combined experimental and DFT calculations that water is a major cause of 

deactivation of Au/CeZr04 catalyst in the low temperature WGS reaction. This 

conclusion is in agreement with the results found.

Denkwitz et al.17 investigated the influence of CO2 and H2 on the WGS reaction on 

Au/Ce02 catalysts in idealized and realistic reformate feeds. They reported 

significantly lower activity in the presence of H2 and more pronounced deactivation 

in CCh-rich gases which is supported by the results found. However, CO2 is still 

produced even in CO2 free feed as it is formed in the WGS reaction. This indicates 

that there is a small amount of CO2 interacting with the catalyst surface during the 

reaction which could cause the slight deactivation with time observed under the CO2 

free feed conditions (Figure (5.7)). It is well known that the Au catalyst can be 

deactivated even during storage again (aging with time Figure (5.2)). Therefore, this 
may be because the catalyst is reacting with the CO2 in the atmosphere.19

Also the above equations show that the sign of the deactivation energy is negative, 

this means that the deactivation decreased with increasing temperature. This 

conclusion is in agreement with Mendes et al.4 results.
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5.8 Conclusions
• It has been shown that the presence of reaction products in the feed (CO2 and 

H2) with CO and H20 has a significant effect on the catalytic performance of 

gold and copper based catalysts for WGSR.

• The superiority of gold based catalyst over copper based catalyst for low 

temperature WGSR indicated that gold based catalysts may work as promoter 

to enhance methanol synthesis from syngas as WGSR is considered one of 

the main reactions in the Methanol synthesis will be discussed in further 

chapters.

• At the given operating conditions, the best fit of the experimental data was 

obtained for surface redox kinetic model (model 5) with surface oxidation as 

rate limiting step.

• As calculated with our data, the other models have a much lower F value than 

model 5 (2.20 x 10:) which permits to reject the possibility of these models.

• The investigation of the deactivation of Au/CeZr04 catalyst during the WGS 

reaction showed that the deactivation on stream of the catalyst is decreased 

with increasing the temperature.

• The best fit deactivation kinetic model is the activity model which takes into 

account the influence of composition.

• Water is a major cause of deactivation of Au/CeZrtTt catalyst during the low 

temperature WGS reaction.
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6.1 Introduction
Due to its attractive properties and economic benefits DME has recently gained more 

industrial attention. As discussed previously (chapter 1) a one step DME synthesis 

reaction is one where all reactions take place in the same reactor. Direct one step 

DME synthesis from syngas (STD) over a hybrid catalyst containing two functions 

(metallic function and acid function) was proposed by Haldor Topsoe. Thus a 

bifunctional catalyst for conversion of synthesis gas to DME normally contains two 

types of active sites used for methanol formation and methanol dehydration. These 

catalysts therefore usually contain zinc, copper and aluminum oxides (for methanol 

formation) and Y-AI2O3, HZSM-5, HY or NaHZSM-5 (for methanol dehydration). 

Copper based catalysts are considered to be the standard for methanol synthesis 

(metal function). Various forms such as CuO/ZnO , CuO/ZrOi , Cu0/Zn0/Zr02 , 
CuO/ZnO/AhtV, CuO/MnO/ZnO8, and CuO/ZnO/AECb-M (M=Ga-La-Y-Zr)1' have 

been developed. Industrially a CuO/ZnO/A^Oa catalyst is commonly used as a 

metallic function for MeOH synthesis reaction. Because of the highly exothermic 

nature of the methanol synthesis process, the operating temperature has a significant 

effect on the process performance and CO conversion. To overcome this problem 

new low temperature catalysts are required. To address this problem various catalysts 

such as Cu/Ce02111 " 12, Cu/SiOz", Pd/Ce02" 13 and Pd/SKV have been 

developed. For example Shen et al. developed a Cu/Ce02 catalyst; the results 

showed that this catalyst has the same activity of the commercial catalyst at a lower 

reaction temperature by 60 °C, however this catalyst is unstable.

Co-precipitation of metal oxides from an aqueous solution has been applied for 

preparing different metal oxide catalyst formulations. It has been stated that co

precipitation results in more active and stable catalysts than impregnation methods, 

because of a more homogeneous distribution of the elements. For impregnation- 

deposition methods, the interaction between the different components depends on the 

surface area of the support material and the amount of material impregnated or 

deposited. The existence of separate phases at higher loadings is likely. 

Conventionally; the commercial CuO/ZnO/AbOa (CZA) catalyst for MeOH 

synthesis is therefore prepared using co-precipitation method.
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The currently used industrial CuO/ZnO/AhC^ catalysts are usually operated at 493- 

553 K. The reaction at lower temperature leads to the low reaction activity, while 

higher temperature results in the sintering of the catalysts. Thus, an ideal dehydration 

component must be operated within the temperature range of the CuO/ZnO/AhOa 

catalyst that is if it is used with CuO/ZnO/AhCb for the direct synthesis of DME. 

Therefore it must be highly active and stable in the temperature range from 493 to 

553 K.

The methanol dehydration reaction is catalyzed by on acid function. Traditionally, 

DME was produced via methanol dehydration catalyzed by concentrated sulphate 

acid. Because of the significant pollution due to waste concentrated sulphate acid, 

various solid acid catalysts such as y-AEOs , HZSM-5, HY and NaHZSM-5 were 

reported for this reaction. Commercially, y-AECE is used to a large extent tor 

such reactions. Though AEO3 is active, it tends to adsorb water on its surface and 

thereby loses its activity in the presence of water because of its hydrophilic nature. 

Also, y-AEOj is less active than zeolites such as ZSM-5 due to its weak acidity. 

Among the solid acids used for the dehydration of methanol to DME, H-ZSM-5 was 

reported by to be the best dehydration catalyst for DME synthesis from syngas. On 

the other hand; some researchers reported that hydrocarbons were formed at 270 °C 

or at higher temperatures when HZSM-5 zeolite was used as a methanol dehydration 

catalyst. These results are due to the strong acidity and the large amount of acidic 

sites of H-ZSM-5 that dehydrate methanol to hydrocarbons and then form coke on 

the surface of H-ZSM-5.

The preparation method of the bifunctional catalyst system for direct DME synthesis 

has big effect on the performance of the process. Generally, two different methods of 

combining methanol synthesis function and solid acid function can be summarized to 

produce the DME synthesis catalyst: (i) hybrid (Composite) catalyst, wherein 

methanol synthesis and methanol dehydration catalyst components exist together as a 

single entity. Such catalysts are generally prepared by coprecipitation or mixing of 

the freshly precipitated precursors. (ii) admixed catalyst, where each

function is prepared (synthesized) separately and then the powders of both functions 

are mechanically blended using agate mortar It is important that the contact 

between these functions does not cause blockage of active site tor each function.

169



Chapter 6 Dimethyl ether Synthesis

Contact between these functions depends on the preparation method of the 

bifunctional catalyst. In some cases the acidity of the bifunctional catalysts showed 

lower acidity than the dehydration component because of the partial blockage of acid 

sites by the methanol synthesis component. Kawabata et al. in the reforming of 

DME, demonstrated that the performance of a bifunctional catalyst made up of CuO- 

ZnO-AliCb and HZSM-5 zeolite is improved by preparing it by physically mixing 

and then pelletizing. Zhiliang et al. looked at the synergy effect of physically 

mixing methanol synthesis and dehydration catalysts. The results showed that the 

mixing of two functions enhanced the CO conversion through the chemical synergy 

between methanol synthesis and dehydration reaction.

Since the 1980s, the main focus of most published scientific literature in this area has 

been on catalyst development. Several groups studied the acid property of the 

catalyst for the STD process. Aguayo et al. Xu et al. , Jiang et al. , Roh et al. 

and Kim et al. proved that pure y-alumina exhibited much lower activity than the 

H-ZSM-5 and ZSM-5 catalysts modified with Na because water has a strong 

inhibiting effect on the activity of y -AI2O3. Joo et al. studied the effect of 

treatment of H-ZSM-5 and y-alumina with formaldehyde and sodium carbonate. 

They found that the modified catalysts showed better selectivity to DME, minimizing 
the reforming reaction to carbon dioxide. Kim et al. studied the effect of y-alumina 

as a binder on the catalytic performance of Na-modified ZSM-5 and they reported 

that the catalyst Na-H-ZSM-5 containing 70% of y-alumina as a binder is active and 

stable in the conversion of crude methanol to DME. Fei et al. studied synthesis of 

DME via methanol dehydration over HY zeolite and over Fe-, Co-, Ni-, Cr-, or Zr- 

modified HY zeolite, and via direct CO hydrogenation over modified HY zeolite- 

supported Cu-Mn-Zn catalysts. They found that Zr- and Ni-modified HY zeolite 

exhibited higher activity and stability for methanol dehydration, while Fe-, Co-, and 

Cr-modified HY zeolite deactivated quickly due to carbon deposition. They found 

that the amount of dehydration component had an important influence on the 

performance of the dual catalyst. Zr-HY supported Cu-Mn-Zn catalyst was more 

active and stable than Cu-Mn-Zn/HY in the STD process Mao et al. studied a 

series of y-A^Oa samples modified with various contents of sulfate (0-15 wt.%) and 

calcined at different temperatures, prepared by an impregnation method and 

physically admixed with CuO-ZnO-AbCf methanol synthesis catalyst to form
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hybrid catalysts. They found that the hybrid catalyst containing the SCVVy-A^Oa 

with 10 wt.% sulphate and calcined at 550 °C exhibited the highest selectivity and 

yield for the synthesis of DME.

On the other hand, some researchers studied the metallic function in the combined 

catalyst. Fei et al. studied the effect of copper content in the Cu-Mn-Zn/zeolite-Y 

catalyst and they reported that increasing copper content in Cu-Mn-Zn/zeolite-Y 

catalyst is conducive to enhancing its activity for direct synthesis of DME from CO 

hydrogenation. A catalyst with a Cu/(Cu+ Mn + Zn) ratio up to 0.6 exhibited the best 

perfonnance. Tan et al. studied the promotional effect of Mn on the activity and the 

stability of CZA catalyst for DME synthesis from syngas in the slurry phase. They 

found that Mn-modified CZA catalyst has high activity and good stability and the
i ->

proper content of Al and Zn can enhance the DME yield Lee et al studied effect of 

preparation method on the catalytic performance of CuO/ZnO based catalysts by 

varying the conditions of coprecipitation, promoters and nanoparticles. They found 

that the addition of GaiOs, MgO and Zr02 as promoters shows effectiveness of 

activity and life time. Fei et al. prepared a series of copper-based catalysts supported 

on zeolite-Y by a coprecipitation impregnation method. They found that the 

selectivity to DME on a Cu-Mn-Zn/zeolite-Y catalyst is ten times that of Cu/zeolite- 

Y, because of the good synergistic effect of the Cu-Mn-Zn/zeolite-Y catalyst.

Many researchers have studied the effect of preparation method on the bifunctional 

catalyst. Moradi et al. studied the effects of different preparation methods on 

catalytic properties and physical structure of CZA as a hybrid catalyst and the effect 

of various alumina contents at a fixed CuO/ZnO ratio on the performance of the 

hybrid catalyst STD conversion. Also, they developed a novel method of preparation 

namely sol-gel impregnation. They found that the optimum weight ratio for 

Cu0/Zn0/Al203 catalyst to be about 2:1:5, respectively. These catalysts were 

characterized by TPR, XRD, XRF, BET, TGA, N2O absorption. Moradi et al. 

looked at the catalyst activity of physically mixing CZA catalyst with different acid 

function (Y-AI2O3, HZSM-5 and H-Mordenite). The results showed that CZA 

/F1ZSM-5 catalyst has better performance and is the most effective catalyst. Lu et 

al. used CZA /HZSM-5 catalyst prepared by coprecipitation deposition method.
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They studied the activity of CZA/HZSM-5 at different temperatures. They found that 

the optimum ratio of the two components is about 5.0 for CZA/TIZSM-5 catalyst.

Moradi et al. prepared nine hybrid catalysts and found that physically mixing 

catalysts showed better performance. Ramos et al. ’ showed that the rate limiting 

step of DME direct synthesis is determined by the acid properties of the dehydrating 

catalyst, i.e., its acid strength and number of acid sites. On the contrary, Kim et al. 

and Sousa-Aguiar et al. reported that overall DME direct synthesis can be 

determined by methanol synthesis rate on the admixed catalyst with metal 

compositions higher than the optimized one and the overall rate can be controlled by 

the methanol dehydration rate on the admixed catalysts with metal composition 

lower than the optimized one.

The typical composition of syngas used in MeOH synthesis is FEiCO ratio of 2:1 

with 1 -4% CO2 in which with this percent of CO2 the methanol production rate and 

activity was found to be the maximum.

6.1.2 Objectives
The main objectives of this chapter are:

• to investigate different catalysts for MeOH synthesis reaction.

• to investigate the effect of addition of Au/CeZr04 catalyst to CZA catalyst.

• to investigate the effect of temperature and pressure on CZA catalyst.

• to investigate the deactivation behaviour of CZA catalyst with varied reaction 

temperature.

• to investigate the activity of the admixed catalyst made of CZA as methanol 

synthesis catalyst and various solid acids (NH4ZSM-5(80), HZSM-5 (80), 

NH4ZSM-5(23), Y-AI2O3 and 10% MgOZSM-5(80)) as the MeOH 

dehydration function. All the catalysts were prepared by physically mixing of 

the two components with metal to acid ratio is 2.

• to study the effect of acid fraction in the CZA/Y-AI2O3 and CZA/ HZSM- 

5(80) admixed catalyst.

• to investigate the stability (aging) of the admixed catalyst during the storage.

• to investigate long term time on stream stability of the admixed catalyst.
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• to investigate the nature of CZA Methanol catalyst by using BET, in- situ 

XRD, TPR characterization techniques.

• to study the acidity of solid acid function and CZA catalyst by using NH3- 

TPD.

• to investigate the nature of deactivation of the metallic and acidic functions of 

used admixed catalyst by using TPO.

6.2 Results and Discussion

Table (6.1): Catalyst labelled in this study as prepared in the methods described 

in section 2.2.

Catalyst name Details

CZA Cu0/Zn0/Al203 prepared using the method

described in section 2.2.3.5 and calcined at

500 °C for 6 hours

CZAJM CuO/ZnO/Al203 supplied by Johnson

Matthey Pic company.

PBlCuCe350 10 wt% Cu/Ce02 which prepared using the

method described in section 2.2.3.2 and

calcined at 350 °C for 12 hours

PB2CuCe350 10 wt% Cu/Ce02 which prepared using the

method described in section 2.2.3.3 and

calcined at 350 °C for 12 hours

DPCuCe400 10 wt% Cu/Ce02 which prepared using the

method described in section 2.2.3.4 and

calcined at 400 °C for 2 hours

Gold based catalyst 1% Au/CeZr04 which prepared using the

method described in section 2.2.2 and dried

under vacuum for 6 hours
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6.2.1 BET Surface Area Analysis
As seen in Table (6.2), surface area of each catalyst depends on the type of catalyst 

and on the method of preparation. It is difficult in this case to draw a definite 

conclusion from these results to relate the catalyst activity with the BET. The 

experimental detail was explained in section 2.7.

Table (6.2): BET surface area and pore volume

Catalyst BET (m2/g) Pore volume 
(cm3/g)

PBlCuCe350 118.4 0.184
PB2CuCe350 47.16 0.087
DPCuCe400 77.45 0.194
CZA 56.915 0.145
Au/CeZr04JM 90.54 0.199
Au/CeZr0425 34.81 0.03
Au/CeZrO470 65.67 0.09
NH4ZSM-5 (80) 420 0.27
NH4ZSM-5 (55) 387 0.23
NH4ZSM-5 (23) 364 0.2
HZSM-5 (80) 401 0.26
HZSM-5 (55) 371 0.22
HZSM-5 (23) 358 0.2
Y-AI2O3 117.02 0.11

6.2.2 Methanol Synthesis
The details of the set up and catalytic testing were described in section 2.4.

6.2.2.1 Screening the Catalysts for MeOH Synthesis
The various catalysts prepared by different preparation methods for MeOH synthesis 

were tested to investigate the activity. The preparation of MeOH synthesis catalysts 

was explained in section 2.2.3. Figure (6.1) shows the methanol synthesis for 

different catalysts (CuO/ZnO/A^Os, PBlCuCe350, PB2CuCe350, 1% Au/CeZr04, 

5% Pd/AbOs and DPCuCe400) at 250 °C and 50 bar, if this figure is zoomed to 

Figure (6.2) to see the conversion of low activity catalysts. It is seen from this figure 

that all copper based on ceria and Pd/Al203 catalysts for all preparation methods 

exhibit very low activity, in which the maximum % MeOH is around 0.45 % for 

DPCuCe400 catalyst. For gold based catalyst, maximum % MeOH reached is 1.8 % 

and then decreases very quickly.
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PB2CuCe350

■*- DPCuCe400

!%Au/CeZr04

5%Pd/A1203

»
1000

TOS (min)

Figure (6.1): MeOH % in the product stream using different metal catalyst @ 

250 °C and 50 bar

PB2CuCe350

DPCuCe400

-----PB !CuCe350

1% Au/CeZt04

-a-5% Pd/A 1203

TOS (min)

Figure (6.2): MeOH % in the product stream using different metal catalyst @ 

250 °C and 50 bar
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Such a decrease is related to fast deactivation of the catalyst which starts after 150 

minutes on stream. As shown in Figure (6.1) the activity of CZA is increased during 

exposure of the reduced catalyst to the syngas mixture until it reaches to steady state 

after 200 min, this phenomena was also observed by Vesborg et al.. They studied 

the effect of the pretreatment gas on the transient methanol activity and the dynamic 

morphology of CuO/ZnO based catalyst. They found that a pretreatment with 1:1 

ratio of H2:CO gives more active Cu nanoparticles than a pretreatment with either 

pure H2 or CO, suggesting a synergetic effect between the two gasses in the surface 

reduction of ZnO. It is clear from Figure (6.1) that for CZA catalyst the % MeOH is 

12 and then increased to 16, this can be attributed to at the beginning the lines are not 

heated enough to prevent the condensation of MeOH, when the lines heated to 

temperature above the dew point this prevent the condensation of MeOFI in the lines 

and increase the concentration of MeOH in the outlet stream to 16 %. Based on the 

results presented in Figure (6.1), it can be concluded that CZA is the best catalyst for 

methanol synthesis.

6.2.2.2 Effect of Addition of 1% Au/CeZr04 Catalyst to CZA Catalyst on the 

MeOH Production
In chapter 5, it was found that 1% Au/CeZr04 catalyst was more active and achieves 

higher conversion when the gas contains a mixture of (H2, CO, CO2, and H2O). The 

purpose for the of addition of Au/CeZr04 catalyst to CZA catalyst was to promote 

and enhance the water gas shift reaction step in MeOH synthesis and thus enhance 

the direct DME synthesis from syngas. Figure (6.3) shows the effect of addition of 

gold based catalyst to CZA catalyst on the MeOH production. A physical mixing of 

1% Au/CeZr04 and CZA catalyst with 1:1 ratio was used, it is seen from the figure 

that the addition of gold based catalyst has no effect on promotion the methanol 

synthesis process.
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MeOH from the bifunctional catalyst

Me OH of the sum of the two catalyst

Reduced in 5%??2/Hi 250 C
TOS (min)

Figure (6.3): % MeOH of admixed catalyst of 1% Au/CeZr04 and CZA @200 °C and 

20 bar

6.2.2.3 Reproducibility of the Data

Figure (6.4) shows MeOH % over CZA catalyst at 20 bar and 250 °C. The results of 

this figure are for two experiments using the same conditions with the same catalyst 

batch but test 2 was carried out after one month from test 1. It is clear that the 

catalyst is reproducible and the system used for MeOH synthesis is stable for 

different runs under the same conditions.
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MeOH @ 20 bar and 250C test 2

MeOH (2? 20 bar and 250C test

TOS(min)

Figure (6.4): Reproducibility of data

6.2.2.4 Thermal Effect on CZA Catalyst

MeOH (2 20 bar and 200C

MeOH @ 20 bar and 250C

MeOH (2 20 bar and cooling to 200(

decrease temperature from 250 °C to 200 “ C
increase temperature from 200 “C to 250 °C

TOS (min)

Figure (6.5): Effect of temperature changes on CZA catalyst

To study the effect of temperature changes on the stability of CZA catalyst, the 

catalyst was exposed to reaction conditions at 200 °C and then heated up with rate of 

5 °C/min to 250 °C. The temperature was brought back down to 200 °C again as 

shown in Figure (6.5). It is clear that the % MeOH produced is increased with
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increasing temperature from 200 °C to 250 °C from 4.6 to 7.7 % and then decreased 

to 3.9 % when the temperature decreased to 200 °C. As a result, the catalyst lost 15 

% of its initial activity (initial steady state) because of change of temperature 

(thermal effect on the catalyst).

6.2.2.5 Effect of Operating Conditions
Table (6.2) shows the effect of operating temperature and pressure on the activity of 

CZA and CZAJM catalysts. It can be seen that CZA catalyst prepared in CenTACat 

laboratory and the commercial catalyst CZAJM supplied by JM have nearly similar 

activities under the same operating conditions (@ 20 bar and 200 °C).

Table (6.3): Effect of operating conditions on CZA catalyst

CZA run P (bar) T (°C) % MeOH % MeOHe Xco (%) Xe (%)

1 50 200 6 53.3 17 83.2
250 16 25.3 40 53.9

2 30 208 7 35 19.8 69
3 20 200 4.6 30.3 12.8 60.8

250 7.7 7.7 20.5 21.3
CZAJM 1 20 200 4.8 30.3 14.12 60.8

250 8.5 7.7 23.44 21.3

From Table (6.3), it can be seen that for both catalysts the CO conversion and MeOH 

production decreased with decreasing pressure and increasing temperature, this is 

due to the nature of MeOH synthesis process which is highly exothermic. The 

conversion of syngas to MeOH is an exothermic reversible reaction; therefore low 

temperatures favour higher conversion but this must be balanced against the nature 

of the catalyst.
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■»-30bar

Temperature (°C)

Figure (6.6): Theoretical equilibrium conversion for MeOH Synthesis (ASPEN)

♦-Xe

«-XCOfor CZA

0 50 100 150 200 250 300
Temperature (°C)

Figure (6.7): Comparison of theoretical equilibrium conversion and 

experimental CO conversion for CuO/ZnO/AhOj @ 20 bar

Figure (6.6) shows the theoretical equilibrium CO conversion (Xe) at different 

pressures and temperatures. The CZA catalyst showed the highest activity among all 

the studied catalysts, but this catalyst is active at high temperatures in which the CO 

conversion (Xco=20.5%) reached the equilibrium conversion (Xe=21.3%) @ 250 °C
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and 20 bar but it is far away (Xco=6.2%) from the equilibrium conversion 

(Xe=60.8%) at 200 °C and 20 bar as shown in Figure (6.7).

6.2.2.6 MeOH Synthesis Catalysts Characterization

CZA
PB1 CuCe350 
5 % Pd/Al20t 

PB 1 CuCe350 
DPCuCe350 
DPCuCe400 
PB2CuCe400

PB2CuCe400

iPCuCe400

DPCuCe350

PB2CuCe350

5 % Pd/A 1.0

| i | i | i | i | i | i | i |

0 100 200 300 400 500 600 700

Temperature (°C)

Figure (6.8): TPR patterns of the MeOH synthesis catalysts.

The temperature program reduction (TPR) patterns of MeOH synthesis catalysts are 

shown in Figure (6.8). The experimental details are described in section (2.10). Many 

researchers have studied TPR for copper based catalysts on different supports, 

CuO/Zr02 , CUO/Y-AI2O3 , CuO/CeOT and CZA . As seen in the figure, a 

broad reduction profile with a shoulder peak is observed, which indicates a two-stage 

reduction. All of the catalysts show complete CuO reduction below 250 °C except 

for the CZA catalyst, where the reduction temperature shifted to higher temperature 

(the deactivation of the catalyst in Figure (6.5) is not because the temperature was 

raised to 250 °C, it is because the thermal effect increase and then decrease of 

temperature to the initial temperature 200 C). All the catalysts have low 

concentration (10 wt% Cu) which exhibits peaks between 150 °C and 250 °C, Zhou 

et al. concluded that the low reduction temperature peak are due to highly dispersed
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+2CuO and or Cu ions with an octahedral environment. For the CZA catalyst (47 wt%
+9Cu), the first reduction peak at 235 °C is due to reduction of Cu interacting with the 

alumina matrix and the high temperature peak at 300 °C has been attributed to the 

reduction of bulk CuO or to the stepwise reduction of copper oxide 

(Cu2+—>Cu+—>Cu0).9

C: CeO.
: CuO

A: ZnO
a: At O

DPCuCe350

0 20 40 60 80
2 Theta (°)

Figure (6.9): XRD Patterns of MeOH synthesis catalysts

The diffraction patterns of CeOa, PB2CuCe350, DPCuCe350, PB2CuCe400 and 

CZA are compared in Figure (6.9). The experimental details are described in section 

(2.8). A pure CeOi sample is composed of cubic Ce02 with the fluorite structure (20 

= 28.7°, 47.6° and 56.4°). All the copper based catalysts on ceria have the same 

reflection compared to the ceria pattern, this is could be attributed to the highly 

dispersed CuO on ceria, which is in agreement with TPR conclusion. For the CZA 

catalyst, there is a CuO phase (20 - 35.2, 38.5°) and very weak reflections due to the
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ZnO phase (20 = 31.8, 36.2°) and the CuO and ZnO peaks are not finely resolved. 

The broad reflections indicate that part of Cu may be dissolved in the Zn matrix or 

the CuO phase is in intimate contact with the ZnO phase. Reflections due to AI2O3 

could not be observed. This is due to the fact that the AI2O3 phase may be in the 

amorphous state.

Figure (6.10A & B) show the in situ XRD patterns of the CZA catalyst during 

reducing treatment by 5% FB/He for 6 hrs. The reflection of fresh CZA catalyst in 

Figure (6.10, a) is the same as illustrated in Figure (6.9) for CZA catalyst. Figures 

(6.10, b-g) illustrate the reflection of CZA catalyst at different reduction time. The 

CuO peaks in the fresh catalyst disappeared after (1) hr exposure to reduction 

mixture and metallic Cu became the main phase of copper and ZnO remains 

unchanged and ZnO peaks are resolved from CuO peaks (ZnO peaks are clear). 

However, diffraction lines due to ZnO in the used form are predominant and broad 

when compared to the fresh calcined samples, where poorly crystalline peaks are 

observed. The reflections attributed to Y-AI2O3 peaks in minor intensity could be seen 

over the reduced catalysts. The peaks at 43.4 and 50.3° of Figure (6.10, b-g) are 

attributed to metallic copper . It is also seen that there is no change of XRD patterns 

with time exposure of the catalyst to H2, which means that CZA catalyst is easy to 

reduce.
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reduced <3> 250°C for 6h
100000 reduced @ 250°C for 4h

— reduced @ 250°C for 1h

— oxide
80000

60000
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Figure (6.10A): in situ XRD patterns of CZA catalyst during reducing 

treatment by 5% Hj/He
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6.2.3 DME Synthesis

The details of the set up and catalytic activity were described in section 2.4.

6.2.3.1 Catalyst Activity

CZA/NH4(80)2:1

CZA/Nt 4(23)2:1

CZA/1 )%MgOZSM(80) 2:1

TOS (min)

Figure (6.11): % DME using different acid function catalysts

CZA/NH4(80)

CZA/H(80)

CZA/NH4(23)

-A- CZA/AI203 

♦ CZA/10% MgO/ZSM-5(8Q)

CZA/l0%MgOZSM(80) 2: l

CZA/y-Al203 2: l
T=260 °C

a—«T=200 °C

CZA/NH4(23)2:
CZA/NH4(80)2:1

CZA/H(80)2:1

0 200 400 600 800 1000 1200 1400
TOS (min)

Figure (6.12): % MeOH using different acid function catalysts
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Figure (6.11) and Figure (6.12) show the % of DME and MeOH for different admixed 

catalysts. All the catalysts in these figures were prepared by physically mixing of the 

CZA catalyst and solid acid catalyst; the metal to acid ratio is kept 2. As shown in 

Figure (6.11) and Table (6.4) that there is no big differences in DME production rate for 

the admixed catalysts containing acid function NH4ZSM-5(80), HZSM-5 (80) and 

NH4ZSM-5(23), which means that the MeOH dehydration reaction is controlled by the 

number of more acidic site and not by the strength of the acid function and there is no 

difference in number of acidic sites between acid function. As a consequence, the overall 

one step DME synthesis is not controlled by MeOH dehydration reaction and the rate 

limiting step is the MeOH synthesis reaction. The % of DME produced for the admixed 

catalyst containing acid function y-AEOs and 10% MgOZSM-5(80) is 5% and 1%, 

respectively. Such a decrease in the DME production is related to the mild acidity of y- 

AI2O3 and weak acidity of 10% MgOZSM-5(80). Therefore, for these acid functions, the 

overall one step DME synthesis is controlled by MeOH dehydration reaction and the rate 

limiting step is the MeOH dehydration reaction. As shown in Figure (6.12) the 

concentration of methanol increased as the acidity of the acid function decreased which 

confirms that the rate limiting step of weak acids is the MeOH dehydration reaction. 

Mao et al. studied the effect of modification of HZSM-5 zeolite with various contents 

of MgO (0-10 wt%) and then physically admixed with CZA methanol synthesis catalyst 

to form the admixed catalysts. They found that the hybrid catalyst containing the MgO 

with 10 wt% exhibited the lowest selectivity of DME and the highest selectivity of 

MeOH due to its low acidity, which is in agreement with our results.

Table (6.4) shows the effect of temperature (205 and 260 °C) on the activity for different 

admixed catalysts. All the catalysts in this table were prepared by physically mixing of 

the CZA catalyst and solid acid catalyst; the metal to acid ratio is kept 2. From Table 

(6.4), it can be seen that ethylene formation started when the temperature increased from 

200 to 260 °C, as DME dehydration occurs at high temperature. It can be seen also that 

the amount of by products (ethylene and others) for all admixed catalyst mentioned 

above is negligible therefore the CO conversion (Xco) is calculated assuming there are 

no byproducts. The synergetic effect of combining the metal and acid function can be
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seen by comparing the conversion of CO in MeOH synthesis catalyst alone with the 

admixed catalyst of DME synthesis which increased from 20.6 % to around 63 %.
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6.2.3.2 Effect of Acid Fraction in Admixed Catalyst
In one step DME synthesis to overcome the acidity properties and for ensuring that 

the rate limiting step is the MeOH synthesis reaction, with a rapid transformation of 

MeOH to DME, the appropriate ratio of metal to acid function should be chosen and 

this ratio depends on the strength of acid function. If the catalyst activity reached the 

maximum at the metal to acid ratio greater than 1, this means that hydrogenation rate 

is less than the dehydration rate and as a consequence the rate limiting step is the 

MeOH formation step. Many researchers studied the effect of acid fraction in the 

bifunctional catalyst. In order to the find the optimum ratio, two admixed

catalysts with different metallic to acid function ratio were studied.

6.2.3.2.1 CZA/Y-AI2O3

As shown in Figure (6.13) and Figure (6.14) all catalysts exhibited low activity 

regardless the metahacid ratio, this is could be caused by the low reaction 

temperature at 260 °C. Fu et al. and Jiang et al. studied the effect of temperature 

on the activity of Y-AI2O3 for dehydration of MeOH to DME. They found that y- 

AI2O3 exhibited low activity at temperatures below 300 °C, this temperature range 

(>300°C) is however not suitable for direct synthesis of DME from syngas, because 

above this temperature the CZA catalyst will start sintering. As shown for a 3:1 ratio, 

the DME concentration is low and MeOH concentration is high which means that the 

amount of acid is not enough to convert the MeOH formed to DME. In this case, 

MeOH dehydration reaction is the rate limiting step. For 1:1 and 2:1, the % DME 

formed at 260 °C is 5.5 and 4.8 %, respectively. Figure (6.15) and Table (6.5) show 

that as the acid fraction in the admixed catalyst increased the amount of methanol 

converted to DME is increased, and % MeOH and % DME is the maximum for 0.5 

acid fraction as Y-AI2O3 is a weak acid and increasing the amount of the acid 

promotes the overall CO conversion. It is clear that there is no big difference 

between 0.33 and 0.5 acid fraction, which means there are no benefits for increasing 

the acid fraction more than 0.5, particularly once the excess acid starts converting the 

DME to other byproducts.
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increase temperature from 200 °C to 260 °C

CZA/y-A1203 1:1

TOS(min)

Figure (6.13): Effect of CZA/y-AhOj ratio on % MeOH produced

CZA/y-A12033:1

increase temperature fipm 200 °C to 26p °C

TOS (min)

Figure (6.14): Effect of CZA/Y-AI2O3 ratio on % DME produced
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Table (6.5): Effect of acid fraction in CZA/y-AhOj catalyst on CO Conversion

Acid fraction Xco (assuming there are no 
other reactions)

Xc (@ T=260 °C and 20 
bar)

0.25 0.24 0.855
0.33 0.402 0.855
0.5 0.46 0.855

Effect of acid to Metal ratio of CuZnAI /Y-AI2O3

% MeOH

acid fraction

Figure (6.15): Effect of acid fraction in CZA/y-AhOj catalyst on the products 

6.2.3.2.2 CZA/HZSM-5(80)
Figure (6.16) and Figure (6.17) show the effect of HZSM-5 fraction in the admixed 

catalyst on % of MeOH and % of DME, respectively. It is clear that for all ratios the 

MeOH concentration is low, which means that almost all the MeOH formed 

converted to DME. In this case, MeOH synthesis reaction is the rate limiting step. 

As seen in Figure (6.17), at low temperature (200 °C) all the catalysts produced the 

same amount of DME, when the temperature increased to 260 °C, side reactions take 

place and some of DME starts converting to ethylene. The maximum DME 

production is 10.7 % at 3:1 ratio. The amount of ethylene formed at 260 °C for 0.25, 

0.33 and 0.5 acid fraction is 0.01%, 0.02% and 0.09%, respectively. It is clear that 

ethylene is increased as the acid fraction increased, because for 1:1 ratio (0.5 acid 

fraction), the amount of zeolite is more than the required amount to convert the
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MeOH to DME, so the excess amount of zeolite starts converting the DME to other 

by-products.

CZA/H(80)3:1
CZA/H(80)2:I

CZA/H(80) 1:1

increase temperature from 200 °C to

TOS(min)

Figure (6.16): Effect of CZA/HZSM-5(80) ratio on % MeOH produced

CZA/H(80)2:1

CZ A/H(80) 1:1

increase temperature l(om 200 C to 260 °C

TOS(min)

Figure (6.17): Effect of CZA/HZSM-5(80) ratio on % DME produced
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Figure (6.18) and Table (6.6) show the effect of acid fraction in the admixed catalyst 

for CZA/HZSM-5(80). It can be seen that the admixed catalyst with low fraction of 

zeolite showed better production of DME. It was reported that for one step DME 

synthesis the rate limiting step is methanol synthesis and as a consequence it is 

desirable to increase the fraction of methanol synthesis function. As reported by Kim 

et al. overall DME direct synthesis can be determined by methanol synthesis rate 

on the admixed catalyst with metal compositions higher than the optimized one and 

the overall rate can be controlled by the methanol dehydration rate on the admixed 

catalysts with metal composition lower than the optimized one. A relatively small 

amount of acid sites were sufficient to convert methanol into DME as the rate of 

dehydration due to HZSM-5 (80) is much faster than the MeOH formation rate (rapid 

transformation of MeOH to DME). Wang et al. used two kinds of HZSM-5 zeolite 

into the STD at different (SiOi/A^Oa) ratio with Cu0/Zn0/Al203. They found that 

the acidity of HZSM-5 played a critical role in the performance of STD catalyst, and 

an appropriate acidic amount was required to obtain the best activity of STD catalyst; 

more and less acidic amounts were both unfavourable for DME.

Effect of acid to Metal ratio of CZA/HZSM-5 (80)

% DME

% MeOH

0.3
acid fraction

Figure (6.18): Effect of acid fraction in CZA/HZSM-5(80) catalyst on the 
products
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Table (6.6): Effect of acid fraction in CZA/HZSM-5(80) catalyst on CO 
Conversion

Acid fraction Xco (assume there is no 
side reactions)

Xe (@ T=260 °C and 20 
bar)

0.25 0.67 0.855
0.33 0.611 0.855
0.5 0.55 0.855

6.2.3.3 Admixed Catalyst Stability

after 2 weeks

after 2 month:

increase the tempeijature from 200 °C to 260 °C
after 2 months

TOS (min)
Figure (6.19): Stability of CZA/NH4ZSM5 (80) catalyst with time

Figure (6.19), Figure (6.20) and Figure (6.21) show the effect of storing admixed 

catalyst for DME synthesis for different acid functions. As shown in these figures 

with time the % of DME is decreased but in different ratios and at the time % of 

MeOFI is increased. This means that the acid function is the part of the admixed 

catalyst that deactivated with time. As shown in these figures the % of DME is a 

function of acid used. It can be seen from Figure (6.19) that CZA/NH4ZSM5 (80) 

catalyst lost 23% of its initial activity (for fresh catalyst) after 2 weeks and 64% of its 

activity after 2 months.
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Figure (6.20): Stability of CZA/y-AhOj Catalyst with Time
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Figure (6.21): Stability of CZA/HZSM5 (80) catalyst with time
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From Figure (6.20), it is clear that CZA/y-AbOa catalyst lost 36% of its initial 

activity (for fresh catalyst) after one month. From Figure (6.21), it can be seen that 

CZA/ HZSM5 (80) catalyst lost 9.8% of its initial activity (for fresh catalyst) after 

one month which is within reproducible accuracy of these experiments. As a 

conclusion, from a study of the above three catalysts, it is clear that HZSM5 (80) is 

the more stable catalyst during the storage.

6.2.3.4 Catalyst Stability
In order to investigate the stability of the admixed catalyst for one step DME 

synthesis, the catalyst containing CZA as the MeOH catalyst physically mixed with 

HZSM5 (80) as the dehydration catalyst with metahacid ratio=3:l (for simplicity this 

catalyst is designated and referred as CZA/FIZSM5 (80)3) was evaluated over a 212 

h (~ 9 days) period, in which the reactor was operated continuously under the same 

reaction conditions. The changes of % DME, %MeOH and selectivity of the main 

products as function of time are represented in Figure (6.22) and Figure (6.23), 

respectively. It is clear that DME and MeOH follow the same trend, as shown in 

Figure (6.22). DME production and MeOH production at 260 °C decreased from 

10.5 % to 8.8 % and from 0.68 % to 0.58 %, respectively, which means that the 

admixed catalyst is deactivated and lost around 16.2 % of its initial activity in case of 

DME and 14.7 % of its initial activity in case of MeOH. The possible causes of 
deactivation are coke deposition on the active sites of the metallic and acid functions 

and sintering of the metallic function. Furthermore, water in the reaction medium 

may be responsible for the decrease in the activity of the acid sites; given that it is 

adsorbed on these sites and competes with the reactants. Further investigation to 

know what is the actual causes for deactivation will be performed by TPO for the 

used catalyst later in Figure (6.30).
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0.6 -

0.4 -

0.2 -

TOS (hr)

Figure (6.22): long term test of DME and MeOH production of the admixed 
catalyst CZA/HZSM5 (80) with time, metahacid ratio=3:l

T=260 C
T=200 C ■ C02

TOS (min)

Figure (6.23): long term test of the selectivity of the admixed catalyst 
CZA/HZSM5 (80) with time, metahacid ratio=3:l

As shown in Figure (6.23) the selectivity of DME and other products kept constant 

over a period of 212 hrs (~ 9 days), the selectivity for DME was 69 % based (on all 

products) and 99 % (in organic products).
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% DME % C02 % MeOH

Figure (6.24): Product distribution on CZA/HZSM5 (SiO2/A12O3=80) 3:1 ratio 
catalyst @20 bar

Figure (6.24) shows the product distribution of direct DME synthesis over 

CZA/HZSM5 (80)3 catalyst. It can be seen that the main products of this process are 

DME, MeOH and C02 with % of 53.5, 3.5 and 43 % @ 260 °C and 50.1, 4.5 and

45.5 @ 200 °C, respectively. It can be also seen that the ratio of DME/CO2 (~1.1- 

1.25), this means that under the conditions used in direct DME synthesis, the overall 

process follows:

3CO + 3H2 CH3OCH3 + C02

6.2.3.5 Admixed Catalyst Characterization 

6.2.3.5.1 Temperature Program Reduction (TPR)
Figure (6.25) shows the TPR for the admixed catalysts. The experimental details are 

described in section (2.10). It is clear that there is only one broad reduction peak 

appearing in the range of 150-350 °C. In general, a clear single reduction peak, 

without any shoulder, indicates that the CuO is well dispersed on the support 

surface. It can be seen that all the catalysts have the same peak intensity during the 

same period of time. Table (6.7) shows the effect of physical mixing of different 

solid acid functions on reductive properties of CZA. The actual amount of H2 

consumed by the catalyst is calculated from the area of the corresponding peak.
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-----CZA/NH4ZSM5(23), 2:1 ratio

—CZA/NH4ZSM5(80),2:1 ratio

—CZA/HZSM5(23), 2:1 ratio

-•-CZA/HZSM5(80), 2:1 ratio

—CZA/10%MgOZSM5(80), 2:1 ratio

CZA/10% MgOZSM5(8Q), 2:1 ratio

CZA/NH4ZSM5(80), 2:1 ratio

CZA/HZSM5123). 2:1 ratio

CZA/NH4ZSM5(23), 2:1 ratio

0 100 200 300 400 500 600 700 800

Temperature, °C

Figure (6.25): TPR patterns for the admixed catalyst

Assuming that all Cu content (47 %) in the CZA catalyst is present as CuO (as 

proved in XRD for CZA), the theoretical amount of H2 consumed for the complete 

reduction of CuO (Fh/CuO ~ 1) is (7.5 mmol Fh/g CZAcat or 15.7 mmol Ha/g Cu in 

CZA cat). It is seen from the table that the H2 consumption of all samples of admixed 

catalyst is the same (11.48 mmol/g Cu) which is equal to the amount consumed for 

reduction of CZA catalyst except NH4ZSM5 (80) catalyst (0.013 mmol/g cat), which 

means that the acid solid part in admixed catalysts is not reducible and didn’t affect 

the reducibility of the CZA catalyst. The actual amount of H2 consumed is less than 

the theoretical amount for complete reduction of CuO to Cu°. Therefore, not all of 

the CuO exists in Cu° phase.
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Table (6.7): TPR data for CZA and admixed catalysts

Catalyst H2 consumption

mmol H2/g catalyst

H2 consumption
mmol H2/g CZA

catalyst
(mmol H2/g Cu)

CZA 5.5 5.5 (11.48)

NH4ZSM5(80) zeolite 0.013 -

CZA/NH4ZSM5(23), 2:1 ratio 3.7 5.5 (11.48)

CZA/NH4ZSM5(80), 2:1 ratio 3.7 5.5 (11.48)

CZA/HZSM5(23), 2:1 ratio 3.7 5.5 (11.48)

CZA/HZSM5(80), 2:1 ratio 3.7 5.5 (11.48)

CZA/10% MgOZSM5(80), 2:1

ratio

3.7 5.5 (11.48)

6.23.5.2 NH3-Temperature Program Desorption (NH3-TPD)
Figure (6.26) shows the TPD profiles of NH3 desorption on the surface of the solid 

acid catalysts in fresh and reduced phase of solid acid catalysts. The experimental 

details are described in section (2.9). Each profile shows two distinct regions except 

Y-AI2O3. The peak at 250-350 °C corresponds to the weak acid sites whereas the peak 

at higher temperature around 450-550 °C was attributed to the strong acid sites. It 

is clear that the high temperature peak intensity increased as SiCVA^C^ decreased, 

at Si02/Al203=23. This was attributed to the increase in extra-framework aluminium 

content as well as the in the framework. It can be seen also that with the decrease of 

Si02/Al203 , the desorption temperature of NH3 from the strong acid sites shifted to 

higher temperature which strongly proves the existence of aluminum in extra- 

framework positions which is in agreement with Shirazi et al. . Xu et al. have 

proved that for low (SiCVAhOs) ratio in HZSM-5, the Bronsted (strong) and Lewis 

(weak) acid sites play role in the MeOH dehydration reaction and as the ratio 

increased, the solid acid exhibits only strong acid sites since there is no extra

framework aluminum. As shown in the figure the area below the TPD curves, which 

indicates the total number of acid sites on the surface of catalyst , decreases in the 

order of HZSM- 5(23) > HZSM-5(80) > Y-AI2O3. Figure (6.27) shows the TPD 

profiles of NH3 for the reduced and unreduced acid solid catalyst. It is clear that there
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is no difference between the reduced and unreduced phase for all acid solid catalysts 

which is in agreement with TPR. results.

Y-AI203 
02 pretreat

NH4ZSM5(23) 
02 pretreat

Figure (6.26):NH3-TPD profiles of the solid acid function

HZSM5(23) reduced 
gamma-AI203 reduced 
HZSM5(80) reduced 
HZSM5(23)

—gamma-AIZOS 
HZSM5 (80)

Temperature, C

Figure (6.27): Comparison of NH3-TPD profiles of reduced and unreduced solid 
acid catalysts
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Figure (6.28) shows the NH3-TPD profiles for admixed catalysts. An almost identical 

shape to that for acid catalyst, which means that the acidity of the admixed catalyst 

didn’t change during the mixing of the metal function and acid function, is observed.

CZA/NH4ZSM5(80) 2:1 
H2 pretreat

CZA/NH4ZSM5(80) 2:1 
02 pretreat

CZA/HZSM5(80) 2:1

CZA/HZSM5<23) 2:1 
02 pretreat

02 pretreat

Temperature (C)

Figure (6.28): NH3-TPI) profiles of various admixed catalysts

Figure (6.29): NH3-TPD profiles of CZA catalyst

Figure (6.29) shows the TPD profiles of NH3 desorption on the surface of the CZA 

catalysts in unreduced and reduced phase. It can be seen that for unreduced state the 

profile has 4 peaks, first peak from 200-250 °C, the second peak at mild temperature
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from 270-370 °C and the third and fourth peaks at very high temperature from 550- 

670 °C. It is clear that after reduction the peak at 200 °C the intensity of second peak 

decreased and a new peak for high temperature peak is appeared. One hypothesis is 

that the first and second peak is shifted to higher temperature with a decrease in 

intensity of second peak. It is however difficult in this case to draw a definite 

conclusion that explains this behaviour.

6.2.3.5.3 Temperature Program Oxidation (TPO)

20000

O 15000

'S 5000

Time (nin)
Figure (6.30): TPO curve of coke deposited on CZA/HZSM-5(80), 3:1 ratio

Figure (6.30) shows the TPO curve of coke deposited on CZA/HZSM-5(80) with 

metakacid ratio =3:1 after exposure to the same reaction conditions of Figure (6.22). 

It can be seen that there are 3 main peaks; the low temperature peak (predominant 

peak) was attributed to a homogeneous coke deposited on the sites of the metallic 

function. The combustion of this coke takes place at 159 °C, catalyzed by the
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metallic function itself. The combustion of part of the coke requires a higher 

temperature (peak at 447 °C), as it is deposited on the AI2O3 support of CZA and its 

combustion is not activated by the presence of metallic sites. The third peak at high 

temperature (at 818 °C) was attributed to a graphitic coke deposited on the support 

and whose combustion cannot be catalyzed by metallic sites. Many literature show 

that there are three different types of coke: (1) a peak at low temperature, 

corresponding to the coke deposited on the metallic sites; (2) a peak at intermediate 

temperature, corresponding to the coke deposited on the interface between the 

metallic sites and the support near the metal-support; and (3) high temperature peak 

corresponds to graphitic coke deposited on the support which cannot be catalyzed by 

metallic centers. The results in Figure (6.22) (long time study of CZA/HZSM5) 

and those in Figure (6.30) (TPO) could be explained by catalyst deactivation due to 

coke which hinders the route for methanol formation. Coke formation is attributed to 

the degradation of methoxy ions (to which the dehydrogenating capacity of the 

metallic function for activating condensation steps will contribute), 

dehydrocyclization, and aromatic condensation steps characteristic to coke 

formation.

6.3 Conclusion
Methanol synthesis was studied over a series of methanol catalysts (CZA, Cu/CeCh, 

CuO/MnO/ZnO, 1% Au/CeZrC^, 5% Pd/AbOs and physical mixing with ratio 1:1 of 

(1% Au/CeZr04 and CZA)) were prepared and tested for methanol synthesis at 

different operating conditions: T=200-260 °C, P=20-50 bar, Fb/CO molar ratio=2/l, 

GHSV=2640 mlg 'h'1. Based on the results, it was found that CZA showed the 

highest activity and it is the best catalyst for methanol synthesis. Moreover, it was 

found that the CZA catalyst is stable during the temperature change just 16% of its 

initial activity (initial steady state) was lost because of the change in temperature.

In-situ XRD of the CZA catalyst showed that CuO peaks in the fresh catalyst 

disappeared after (1) hr exposure to reduction mixture and metallic Cu became the 

main phase of copper. As a consequence, the CZA catalyst is easy to reduce.

The addition of 1% Au/CeZrCb to CZA catalyst has no effect on promotion the 

methanol synthesis process. Furthermore, 1% Au/CeZrCb catalyst showed fast
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deactivation in MeOH synthesis under MeOH reaction conditions which starts after 

150 minutes on stream. However, 1% Au/CeZr04 catalyst showed higher activity in 

WGSR when compared to a CZA catalyst.

Different acid solid catalysts were studied as a dehydration component in direct 

DME synthesis (NH4ZSM-5 (SiCVAhC^B, 80), HZSM-5 (SiCVAhC^SO) or y- 

AI2O3). It was found that the HZSM-5 catalyst has the most stable acid function 

during the storage. HZSM-5 catalyst also possessed high activity for the dehydration 

reaction at relatively low temperature compared with Y-AI2O3.

The effect of acid fraction in the admixed catalyst was studied. The suitable ratio 

between the metal and acid function is 1:1 for CZA/ Y-AI2O3 and 3:1 for CZA/ 

HZSM-5 admixed catalyst. Moreover, the stability of the CZA/ HZSM-5 with a ratio 

of 3:1 was studied over a period of 212 hr (~9 days) the results showed that the 

selectivity of DME keep constant over all the period.
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7.1 Conclusions

Recently, DME has attracted the attention of various companies and scientists due to 

its potential for use as a fuel. As DME can be produced from multiple feedstocks, 

the challenge is to find the best route to convert these feedstocks (such as biogas 

produced through anaerobic digestion) into bio-DME efficiently and cost effectively.

As a liquid fuel DME has the potential to be used as an energy storage medium. In 

view of developing an integrated system for direct DME synthesis from biogas 

conversion as small scale energy storage system, the objectives outlined in this thesis 

have allowed the following conclusions to be drawn.

• Through different flowsheet options proposed for DME as small scale energy 

storage system, it can be concluded that it is feasible to produce DME with 

integration with chemical heat pump system to increase the energy efficiency 

for the whole system.

• Biogas production from grass silage was investigated in a biochemical 

methane potential reactor to measure the ultimate (maximum) CH4 yield of 

this substrate over the experiment time. Biogas production from grass silage 

was also investigated under continuous operation using armfield digesters. 

Both processes were carried out under anaerobic mesophilic conditions and it 

was found that the biogas produced from grass silage is an enriched gas of 

CH4 with a concentration between 70-80% using either batch or continuous 

reactors. This indicated that grass silage has high affinity to produce methane.

• A mathematical model was developed to investigate the effect of operating 

conditions in reforming of biogas and to find the optimum ratio of Hi/CO for 

direct DME synthesis. As expected it was found that the H2/CO ratio during 

simultaneous CO2 reforming and steam reforming can be controlled by 

manipulating the CO2/H2O ratio in the feed. In the simultaneous CO2 

reforming and oxidation of methane, both the H2/CO product ratio and the 

process exothermicity or endothermicity can be controlled by manipulating 

the process condition, particularly the reaction temperature and/or the relative 

concentration of O2 in the feed as dry reforming reaction is favoured at higher 

temperatures. Therefore, the MATR process is suitable for direct production 

of flexible H2/CO ratio synthesis gas.
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• A mathematical model was developed for direct DME synthesis from syngas 

using shell-and-tube fixed-bed reactor and applied to a one dimensional 

heterogeneous model for a steady-state condition, this was able to predict the 

behaviour of a potential pilot plant. The simulation results were in good 

agreement with the experimental data but with a small deviation of 

temperature profile noted. Different kinetics models were used to find the 

optimum H2/CO ratio for direct DME synthesis. From the simulation results, 

the optimum ratio of H2/CO was 1.5.

• In the study of the water gas shift reaction, it has been shown that the 

presence of reaction products in the feed (CO2 and FE) with CO and H2O has 

a significant effect on the catalytic performance of gold and copper based 

catalysts for WGSR. Also it was found that the gold based catalysts are 

superior to the copper based catalysts for low temperature WGS.

• The kinetics of low temperature WGSR were studied over a fresh gold based 

catalyst. At the given operating conditions, the best fit of the experimental 

data was obtained for surface redox kinetic model with surface oxidation as 

rate limiting step with F value of (- -0 x 10*) which is much higher than 

other models which permits us to reject the possibility of these models. Also 

the kinetics of the deactivation of Au/CeZr04 catalyst during the WGS 

reaction was investigated, the results showed that the deactivation on stream 

of the catalyst decreased with increasing the temperature and water is a major 

cause of deactivation. The best fit deactivation kinetic model is the activity 

model which takes into account the influence of composition.

• Methanol synthesis was studied over a series of methanol catalysts which 

were prepared and tested at different operating conditions: T=200-260 °C, 

P=20-50 bar, H2/CO molar ratio=2/l, GHSV=2640 mlg'h’1. Based on the 

results, it was found that CuO/ZnO/AEOa (CZA) showed the highest activity 

and it is the best catalyst for methanol synthesis. Moreover, it was found that 

CZA catalyst is stable during the temperature change just 16% of its initial 

activity (initial steady state) was lost because of change of temperature.

• When gold based catalysts were added to CZA catalysts to study any 

promotion of gold on MeOH synthesis it was found that this didn’t enhance 

methanol formation. Furthermore, gold based catalysts showed faster
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deactivation in MeOH synthesis under high pressure reaction conditions. 

However, gold based catalysts showed higher activity in WGSR when 

compared to CZA catalyst.

• Different acid solid catalysts were studied for the dehydration component in 

direct DME synthesis. It was found that HZSM-5 has the most stable acid 

function during the storage. The HZSM-5 catalyst also possessed high 

activity for the dehydration reaction at relatively low temperature compared 

with Y-AI2O3.

• The effect of acid fraction in the admixed catalyst was also studied. The 

suitable ratio between the metal and acid function is 1:1 for CZA/ Y-AI2O3 

and 3:1 for CZA/ HZSM-5 admixed catalyst. Moreover, CZA/ HZSM-5 

bifunctional catalyst with 0.25 acid fraction showed high stability over a 

period of 212 hr.

7.2 Recommendations for Future Work
The following are recommendations for future research in this field:

• Due to time limitations this work did not investigate the dry reforming of 

biogas or the clean-up of the biogas feed. Therefore dry reforming of Biogas 

and optimisation of the process conditions for the production of the optimum 

syngas (H2/CO) ratio suitable for direct DME synthesis is considered 

necessary for the overall aim of producing DME.

• Direct DME synthesis from syngas using bifunctional catalyst of copper 

based catalyst as metal catalyst and HZSM5 as an acid function was chosen 

as the catalyst for test reaction in this study, for many reasons outlined 

previously. However, the findings reported here could be applied to a wide 

range of acid function. In this thesis, we started preliminary study to compare 

between the copper based catalyst for MeOH synthesis prepared at QUB and 

the commercial catalyst supplied from Johnson Matthey Company. It would 

be very interesting to investigate the MeOH synthesis commercial catalyst in 

details for direct DME synthesis.

• Testing of low temperature and pressure plasma reactor for direct conversion 

of biogas to DME. Because the production of DME from biogas requires high 

temperature for reforming of biogas to syngas and high pressure for
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converting syngas to DME. The catalytic dielectric barrier discharge (DBD) 

plasma reactor is aimed to enhance the methane and carbon dioxide activation 

at lower gas temperatures.

• Construction and testing of high pressure plasma reactor.

• Compare between the energy efficiency for catalytic and plasma/catalytic 

systems.
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Abbreviations

ABSOR1 Absorption column

Cl Compressor

CYCLOHEX Cyclohexane

dehydrogenation reactor

Di Distillation column

Fi Flash drum

STHEX Shell and tube heat exchanger

Hi, HEX, Heat exchanger

HEXi, B1

Mi Mix point

SPLITTER Splitter

R1 Dry Reforming reactor

R2 Methanol synthesis reactor

R3 Dimethyl ether reactor
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Option 1:
Reformer: at 1 bar and 850 °C

Outlet pressure from the compressor: is 33 bar
Two stage DME synthesis at 280 °C: Two separate reactors the first reactor for 

methanol synthesis and the second reactor for DME dehydration, in which the syngas 

produced from reformer is compressed and introduced to methanol reactor, then the 
methanol formed from the 1st reactor is introduced to 2nd reactor for methanol 

dehydration over acid catalyst (see Figure (A.l)).

Energy efficiency: 59%

Figure (A.l): Integration of syngas to DME with syngas generation

Table (A.l): Stream table for option 1

Mole Flow

kmol/hr S1 S9

a?O

1 0

C02 1 0

h2o 0 0.102184

CO 0 1.766283
h2 0 1.532566
MeOH 0 0.029353
DME 0 0.102184

unit kw

R1 71.1

Cl 33.84

R2 -3.67

R3 -0.6

HI -30.78

H2 -7.97
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Option 2:
Reformer: at 1 bar and 850 °C

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2

Outlet pressure from the compressor: is 33 bar

One stage DME synthesis at 280 °C: the syngas produced from reformer is 

compressed and introduced to DME reactor to form DME over bifunctional catalyst 

(see Figure (A.2)).

Energy efficiency: 31.45%

R1

>THEX

—B—>

Figure (A.2): Integration of syngas to DME with syngas generation

Table (A.2): Stream table for option 2
Mole Flow

kmol/hr S1 S9

ch4 1 0.039504
C02 1 0.506397
H20 0 0.008991
CO 0 0.483357

h2 0 0.446401
MeOH 0 0.018974
DME 0 0.475884

unit kw

R1 71.1

Cl 33.84

R3 -34.81

HI -30.78

H2 -6.34

221



Appendix A

Option 3:
Pressure; all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

Two stage DME synthesis at 280 °C: Two separate reactors the first reactor for 

methanol synthesis and the second reactor for DME dehydration, in which the syngas 

produced from reformer is compressed and introduced to methanol reactor, then the 

methanol formed from the 1st reactor is introduced to 2nd reactor for methanol 

dehydration over acid catalyst (see Figure (A.l)).

Energy efficiency: 88.67%

Figure (A.3): Integration of syngas to DME with syngas generation

Table (A.3): Stream table for option 3
Mole Flow

kmol/hr S1 S9

ch4 1 0
C02 1 0
H20 0 0.102183
CO 0 1.766283
h2 0 1.532566
MeOH 0 0.029352
DME 0 0.102183

unit kw

R1 71.1

R2 -3.67

R3 -0.6

HI -30.78

H2 -7.97

222



Appendix A

Option 4:
Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C: the syngas produced from 

reformer is introduced to DME reactor to form DME over bifunctional catalyst, use 

the product stream from DME reactor as it is without any separation of unreacted 

gases from products, i.e. without recycling the unreacted gases (CO and H2) to DME 

reactor and CO2 to reformer. Energy efficiency is 44.57 %

Figure (A.4): Integration of syngas to DME with syngas generation 

Table (A.4): Stream table for option 4

Mole Flow

kmol/hr SI S7

ch4 1 0.048098
C02 1 0.50907
H20 0 0.009037
CO 0 0.483911
h2 0 0.446935
MeOH 0 0.018903
DME 0 0.470009

unit kw

R1 69.9

R3 -34.81

HEX -7.86
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Option 5 (see Figure (A.5)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
The syngas produced from reformer is introduced to DME reactor to form DME over 

bi functional catalyst, separate the products from DME reactor from the unreacted 

gases using flash drum and recycle 40% of the unreacted gases (CO2, CO and H2) to 

DME reactor and the liquid products from the flash drum will send to other 

purification units for further treatment. Energy efficiency is 37 %.

Figure (A.5): Integration of syngas to DME with syngas generation

Table (A.5): Stream table for option 5
Mole Flow

kmol/hr SI S8 S16

ch4 1 0.000313 0.047785
C02 1 0.156086 0.377589
h2o 0 0.013131 1.24E-05
CO 0 0.00037 0.396509
h2 0 3.02E-05 0.346649
MeOH 0 0.023912 1.66E-06
DME 0 0.47084 0.027879

unit kw

R1 69.9

R3 -36.6

HI -6.88

H2 -9.6

FI -5.7
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Option 6 (see Figure (A.6Y):
Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr C02 are compressed and purified before fed

to the reformer, CO2/CH4 ratio, 1:1

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
The syngas produced from reformer is introduced to DME reactor to form DME over 

bifunctional catalyst, separate the products from DME reactor from the unreacted 

gases using flash drum and recycle 40% of the unreacted gases (CO2, CO and H2) to 

the reformer and the liquid products from the flash drum will send to other 

purification units for further treatment. Energy efficiency is 36.2 %.

MIXPOINT

Figure (A.6): Integration of syngas to DME with syngas generation

Table (A.6): Stream table for option 6

Mole Flow

kmol/hr SI S8 S16

ch4 1 4.96E-05 0.007934

C02 1 0.130364 0.389836

H20 0 0.013026 1.81E-05
CO 0 0.000361 0.396298
h2 0 3.12E-05 0.345962
MeOH 0 0.024597 2.90E-06
DME 0 0.486482 0.038789

unit kw

R1 75.18

R3

40.37

HI 6.29

H2 -9.6

FI -5.7
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Option 7 (see Figure (A.7)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:

The syngas stream from the reformer is mixed with the recovered gas stream from 

off-gas in the absorber, and then sent into the DME reactor to synthesize DME. The 

reaction resultants leave the reactor and enter the condenser to gain gas and liquid 

phase resultants. Gas phase resultants are introduced into the absorber and water is 

used as absorbent. The gas from the top of the absorber is subjected for recycle, and 

then followed by cryogenic separation of CO2 from DME. The product DME is 

subjected for further purification. Energy efficiency is 25.21 %.

ABSOR1

MK POINT

- 10--------

Figure (A.7): Integration of syngas to DME with syngas generation

Table (A.7): Stream table for option 7

Mole Flow

kmol/hr SI S16 S46 S47 S48

ch4 1 0.046569 8.67E-29 0.001529 4.42E-07

co2 1 0.184036 8.54E-24 0.34922 0.013322

H20 0 9.91E-05 0.948277 0.001885 0.060952

CO 0 0.362647 1.48E-34 0.001136 3.91E-09

h2 0 0.318993 4.56E-35 0.000201 1.36E-11
MeOH 0 2.60E-35 2.41 E-07 0.000201 0.021955
DME 0 0.011812 7.30E-21 0.119968 0.37791

unit kw

R1 69.9

R3

35.46

HEX1 4.14

B1

10.65

ABSOR1 -3.5

D1 41.3

D2 1.44
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Option 8 (see Figure (A.8)):
Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed

to the reformer, CO2/CH4 ratio, 1:1

Reformer: at 33 bar and 1200 °C

One stage DME synthesis: at 33 bar and 280 °C

Cyclohexane dehydrogenation reactor: at 270 °C

Cyclohexane flow rate: 1 kmol/hr

The syngas produced from reformer is introduced to DME reactor to form DME over 

bifunctional catalyst, then take the product stream from DME reactor as it is without 

any separation of unreacted gases from products, i.e. without recycling the unreacted 

gases (CO and El2) to DME reactor and CO2 to reformer. The endothermic 

cyclohexane dehydrogenation reactor absorbs all the heat produced from DME 

reactor. Energy efficiency is 76 %.

Figure (A.8): Integration of syngas to DME with syngas generation and with catalytic heat 

pump

Table (A.8): Stream table for option 8
Mole Flow

kmol/hr SI S41 S25

ch4 1 0 0.048098
C02 1 0 0.50907
H20 0 0 0.009037
CO 0 0 0.483911
h2 0 1.8 0.446935
MeOH 0 0 0.018903
DME 0 0 0.470009
Cyclohexane 0 0.4 0

Benzene 0 0.6 0

unit kw

R1 69.9

R3 -34.81

HEX1 -7.86

HEX 14.49

CYCLOHEX 34.39
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Option 9 (see Figure (A.9)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are mixed and subjected to ordinary phase separation by using cryogenic flash drum. 

The liquid resultant contains the products (DME, MeOH, cyclohexane and benzene) 

will send to other purification units for further treatment. Energy efficiency is 64 %.

Figure (A.9): Integration of syngas to DME with syngas generation and with 

catalytic heat pump

Table (A.9): Stream table for option 9
Mole Flow

kmol/hr SI S41 S25

ch4 1 0 0.048098
C02 1 0 0.50907
h2o 0 0 0.009037
CO 0 0 0.483911
h2 0 1.8 0.446935
MeOH 0 0 0.018903
DME 0 0 0.470009
Cyclohexane 0 0.4 0
Benzene 0 0.6 0

unit kw

R1 69.9

R3 -34.81

HEX1 -7.86

HEX 14.49

CYCLOHEX 34.39

FI -15

228



Appendix A

Option 10 (see Figure (A. 10)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are mixed and subjected to ordinary phase separation by using cryogenic flash drum. 

The liquid resultant contains the products (DME, MeOH, cyclohexane and benzene 

will send to other purification units for further treatment and the gas stream contains 

unreacted gases (CO2, CO and H2) is subjected to second stage separation to separate 

(CO2 and CO for recycle) from EE as a product. Energy efficiency is 49.3 %

R1

CYCLOHK

Figure (A.10): Integration of syngas to DME with syngas generation and with 

catalytic heat pump
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Table (A.10): Stream table for option 10

Mole Flow

kmol/hr SI S41 S25

ch4 1 0 0.048098

C02 1 0 0.50907

H20 0 0 0.009037
CO 0 0 0.483911
h2 0 1.8 0.446935
MeOH 0 0 0.018903
DME 0 0 0.470009
Cyclohexane 0 0.4 0
Benzene 0 0.6 0

unit kw

R1 69.9

R3

34.81

HEX1 -7.86

HEX 14.49

CYCLOHEX 34.39

FI -15

F2 -9.59

230



Appendix A

Option 11 (see Figure (A.l 1)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are mixed and subjected to ordinary phase separation by using cryogenic flash drum. 

The liquid resultant contains the products (DME, MeOH, cyclohexane and benzene) 

will send to other purification units for further treatment and the gas stream contains 

unreacted gases (CO2, CO and H2) is subjected to second stage separation to separate 

(C02 and CO for recycle) from H2. If the H2 is recycled to the process, the efficiency 
will be decreased from 49.3 to 25.3%.

MKPOINT

Figure (A.ll): Integration of syngas to DME with syngas generation and with 
catalytic heat pump
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Option 12 (see Figure (A. 12)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are subjected to separation by using several absorber and distillation columns. The 

liquid resultant for DME distiller contains the product (DME) and liquid stream from 

benzene separator contains cyclohexane and benzene. 45% of the heat produced from 

DME reactor is used in cyclohexane dehydrogenation reactor. Energy efficiency is 

38.58%.

. . . . . . HEX

CYCLOHEX

24

Figure (A.12): Integration of syngas to DME with syngas generation and with 
catalytic heat pump
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Table (A.12): Stream table for option 12

Mole Flow

kmol/hr SI S16 S21 S31 S46 S50

ch4 1 0.067 0 0 trace trace

C02 1 trace 0 0
<

0.001 0.017

h2o 0 trace 0 0 1.02 0.004
CO 0 0.725 0 0 trace trace

h2 0 0.697 0.18
<

0.001 trace trace

MeOH 0 trace 0 0 0.049
<

0.001
DME 0 trace 0 0 0.737 0.431
Cyclohexane 0 0 0.009 0.311 0 0
Benzene 0 0 0.013 0.468 0 0
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Option 13 (see Figure (A. 13)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 2 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are subjected to separation by using several absorber and distillation columns. The 

liquid resultant for DME distiller contains the product (DME) and liquid stream from 

benzene separator contains cyclohexane and benzene. All of the heat produced from 

DME reactor is used in cyclohexane dehydrogenation reactor. Energy efficiency is 
41.27%.

ABS0R1

CYCLOHEX

Figure (A.13): Integration of syngas to DME with syngas generation and with 
catalytic heat pump
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Table (A.13): Stream table for option 13

Mole Flow

kmol/hr SI S8 S9 S16 S50

ch4 1 0 trace 1.042 trace

co2 1 0
<

0.001 0.005 0.072

H20 0 0 0.027
<

0.001 0.004

CO 0 0 0 0.305 trace
h2 0 0.36 0 0.325 trace

MeOH 0 0 0.021 trace
<

0.001
DME 0 0 1.004 trace 0.447
Cyclohexane 0 0.64 0 0 0
Benzene 0 0.962 0 0 0
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Option 14 (see Figure (A. 14)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 0.5:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The syngas produced from reformer is introduced to DME reactor to form DME over 

bifunctional catalyst, then take the product stream from DME reactor as it is without 

any separation of unreacted gases from products, i.e. without recycling the unreacted 

gases (CO and H2) to DME reactor and CO2 to reformer. The endothermic 

cyclohexane dehydrogenation reactor absorbs all the heat produced from DME 

reactor. Energy efficiency is 60 %.

f igure (A.14): Integration of syngas to DIME with syngas generation and with catalytic heat 

pump

Table (A.14): Stream table for option 14

Mole Flow

kmol/hr SI S25 S41

ch4 1 0 0.500854
co2 0.5 0 0.222131
h2o 0 0 0.004027
CO 0 0 0.31769
h2 0 1.8 0.300918
MeOH 0 0 0.008718
DME 0 0 0.225304
Cyclohexane 0 0.4 0
Benzene 0 0.6 0
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Option 15 (see Figure (A. 15)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CFI4 ratio, 0.5:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are mixed and subjected to ordinary phase separation by using cryogenic flash drum. 

The liquid resultant contains the products (DME, MeOH, cyclohexane and benzene) 

will send to other purification units for further treatment. Energy efficiency is 46.8 

%.

R1

CYCLOHBt

Figure (A.15): Integration of syngas to DME with syngas generation and with catalytic 

heat pump

Table (A.15): Stream table for option 15

Mole Flow

kmol/hr SI S6 S7

ch4 1 0.498178 0.002675
C02 0.5 0.185701 0.03643
h2o 0 1.44E-06 0.004025
CO 0 0.31742 0.00027
H2 0 2.100788 0.000131
MeOH 0 2.07E-07 0.008718
DME 0 0.007425 0.217879
Cyclohexane 0 1.43E-05 0.399986
Benzene 0 1.75E-05 0.599983
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Option 16 (see Figure (A. 16)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 0.5:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

the product streams from DME reactor and cyclohexane dehydrogenation reactor are 

mixed and subjected to ordinary phase separation by using cryogenic flash drum. The 

liquid resultant contains the products (DME, MeOH, cyclohexane and benzene will 

send to other purification units for further treatment and the gas stream contains 

unreacted gases (CO2, CO and H2) is subjected to second stage separation to separate 

(CO2 and CO for recycle) from H2 as a product. Energy efficiency is 23.53 %
R1

MKPOINT
CYCLOHEX

Figure (A. 16): Integration of syngas to DIME with syngas generation and with catalytic heat 
pump

Table (A. 16): Stream table for option 16
Mole Flow

kmol/hr SI S7 S8

ch4 1 0.324618 0.17525
co2 0.5 0.186167 4.53E-08
H20 0 0.002927 0
CO 0 0.005746 0.422963
h2 0 0.000101 2.215949
MeOH 0 0.006804 0
DME 0 0.189229 0
Cyclohexane 0 0.4 0
Benzene 0 0.6 0
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Option 17 (see Figure (A. 17)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 0.333:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The syngas produced from reformer is introduced to DME reactor to form DME over 

bifunctional catalyst, then take the product stream from DME reactor as it is without 

any separation of unreacted gases from products, i.e. without recycling the unreacted 

gases (CO and H2) to DME reactor and CO2 to reformer. The endothermic 

cyclohexane dehydrogenation reactor absorbs all the heat produced from DME 

reactor. Energy efficiency is 63.3 %.

Figure (A.17): Integration of syngas to DIME with syngas generation and with catalytic heat 

pump

Table (A. 17): Stream table for option 17

Mole Flow

kmol/hr SI S25 S41

CII4 1 0 0.667198
co2 0.333 0 0.134707
H20 0 0 0.002469
CO 0 0 0.25182
h2 0 1.8 0.241564
MeOH 0 0 0.005318
DME 0 0 0.136978
Cyclohexane 0 0.4 0
Benzene 0 0.6 0
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Option 18 (see Figure (A. 18)):
Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 0.333:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are mixed and subjected to ordinary phase separation by using cryogenic flash drum. 

The liquid resultant contains the products (DME, MeOH, cyclohexane and benzene) 

will send to other purification units for further treatment. Energy efficiency is 43.9 

%.
R1

CYCLOHEX

Figure (A.18): Integration of syngas to DME with syngas generation and with catalytic heat 
pump

Table (A.18): Stream table for option 18
Mole Flow

kmol/hr SI S6 S7

ch4 1 0.63061 0.036588
co2 0.333 0.002851 0.131857
h2o 0 6.58E-12 0.002469
CO 0 0.250707 0.001113
h2 0 2.041469 9.46E-05
MeOH 0 0 0.005318
DME 0 7.61 E-07 0.136978
Cyclohexane 0 4.54E-11 0.4
Benzene 0 4.10E-11 0.6
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Option 19 (see Figure (A. 19)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 0.333:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are mixed and subjected to ordinary phase separation by using cryogenic flash drum. 

The liquid resultant contains the products (DME, MeOH, cyclohexane and benzene 

will send to other purification units for further treatment and the gas stream contains 

unreacted gases (CO2, CO and H2) is subjected to second stage separation to separate 

(CO2 and CO for recycle) from H2 as a product. Energy efficiency is 39.2 %

R1

MKPONT

Figure (A.19): Integration of syngas to DIME with syngas generation and with catalytic heat 

pump

Table (A.19): Stream table for option 19

Mole Flow

kmol/hr SI S6 S7

ch4 1 0.353865 0.312897

n p 0.333 0.102571 8.88E-08
h2o 0 0.001708 0
CO 0 0.004261 0.346604
h2 0 9.18E-05 2.143488
MeOH 0 0.00386 0
DME 0 0.104434 0
Cyclohexane 0 0.4 0
Benzene 0 0.6 0
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Option 20 (see Figure (A.20)):

Pressure: all the streams and units run at the same pressure (33 bar)

Feed: 1 kmol/hr methane and 1 kmol/ hr CO2 are compressed and purified before fed 

to the reformer, CO2/CH4 ratio, 1:1 

Reformer: at 33 bar and 1200 °C

One stage DME synthesis at 33 bar and 280 °C:
Cyclohexane dehydrogenation reactor: at 270 °C 

Cyclohexane flow rate: 1 kmol/hr

The product streams from DME reactor and cyclohexane dehydrogenation reactor 

are subjected to separation by using several absorber and distillation coulnms. The 

liquid resultant for DME distiller contains the product (DME) and liquid stream from 

benzene separator contains cyclohexane and benzene. The difference between this 

option and option 12 is that the unreacted gases are recycled to the reformer instead 

of DME reactor. Energy efficiency is 38.01%.

FLAS*

CYCLOHEX J

Figure (A.20): Integration of syngas to DME with syngas generation and with 

catalytic heat pump
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Table (A.20): Stream table for option 20

Mole Flow

kmol/hr
S1 S16 S21 S31 S46 S50

ch4 1 0.055 0 0 trace trace

O o K> 1 trace 0 0 <0.001 0.013

h2o 0 trace 0 0 1.02 0.004

CO 0 0.724 0 0 trace trace

h2 0 0.696 0.18 < 0.001 trace trace

MeOH 0 trace 0 0 0.049 < 0.001

DME 0 trace 0 0 0.74 0.435

Cyclohexane 0 0 0.009 0 311 0 0

Benzene 0 0 0.013 0.468 0 0
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